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Preface 

The Third International Acid Gas Injection Symposium (AGIS) was 
held in Banff, Canada in mid-2012. Papers covering many aspects of 
sour gas in general, and the injection of acid gas in particular, were 
presented. Sour gas, as described in the Introduction, is natural gas 
that contains significant amounts of hydrogen sulfide, whereas acid 
gas is a mixture of hydrogen sulfide and carbon dioxide. 

Closely related to the field of sour gas are carbon capture and 
storage and the use of carbon dioxide for enhanced oil recovery 
These are also topics discussed at AGIS. 

This new volume is a collection of the papers from the third AGIS 
covering the topics of sour gas and acid gas, including carbon diox-
ide. We are grateful to all of the authors whose papers appear in this 
volume. We would also like to thank all who participated in AGIS, 
as presenters, attendees, and sponsors. 

Ying (Alice) Wu 
John J. Carroll 

Calgary, Canada 



Introduction: Sour Gas 

Ying Wu1 and John J. Carroll2 

Sphere Technology Connection, Calgary, AB, Canada 
2Gas Liquids Engineering, Calgary, AB, Canada 

Sweet, easily accessible natural gas is becoming less plentiful, while 
the world's demand for energy continues to increase. This need 
will have to be filled with unconventional gas resources, including 
sour gas. 

In the natural gas business, sour gas refers to gas with high 
concentrations of sulfur compounds. The most common of these 
compounds is hydrogen sulfide. There are several other sulfur com-
pounds found in natural gas. These include mercaptans (also known 
as thiols), sulfides, disulfides, carbon disulfide (CS2), and carbonyl 
sulfide (COS). 

Another important sulfur compound is sulfur dioxide, S02. 
Although not found in natural gas, it is formed from the combus-
tion of sulfur compounds. 

Hydrogen sulfide is notorious for being poisonous at relatively 
low concentrations, and for its foul odor at even lower concentra-
tions. The mercaptans also have a fetid odor, which is detectable by 
the human olfactory at relatively low concentrations. Perhaps the 
most famous of these is the oil sprayed from a skunk, which has a 
horrible odor. 

The definition of sour gas varies from jurisdiction to jurisdiction, 
and from application to application. For example, what for raw gas 
to be considered sweet is very different from sales gas (the product 
delivered to the customer). For raw gas, the main interest is the 
emergency planning. Thus, gas that requires no emergency exclu-
sions zones would be considered sweet. 

According to the Energy Resources Conservation Board (RCB) in 
the province of Alberta, "sour gas is natural gas that contains mea-
surable amounts of hydrogen sulfide.//[1] Although not specified by 



INTRODUCTION: SOUR G A S XV 

the ERCB, in oilfield terms, "measurable" typically means about 
100 parts per million (ppm) or 0.01 mol%. 

With this in mind, we present the following simple definitions 
for raw gas: 

Sweet, Raw Gas less than 100 ppm H2S 
Low Sour Gas less than 1 % H2S, but greater than 100 ppm 
Moderate Sour Gas between 1 and 10% H2S 
High Sour between 10 and 25% H2S 
Ultra High Sour Gas greater than 25% 

Please note, humans and animals subjected to an environment of 
breathing air of 100 ppm H2S would be in a very dangerous situa-
tion. However, the raw gas containing 100 ppm would be diluted 
with air if released to the environment, and thus the concentration 
inhaled by those in the vicinity would be much less. Therefore, 
exclusion zones for the production of gas containing 100 ppm H2S 
would be limited to the immediate area around the well, pipeline, 
and processing facilities. 

Carbon dioxide is commonly associated with sour gas. However, 
strictly speaking, gas that contains C02 but is free of sulfur com-
pounds is not sour. Carbon dioxide has similar properties to H2S, 
and similar technologies are used to remove it from the raw natural 
gas. There is a paper in this volume that discusses the modeling of 
the processes for removing H2S and C02 from natural gas[21. 

The World 

There are many regions in the world with important sour and high 
C02 fields. These include: 

1. In the Canadian province of Alberta, there are several 
high sour fields. In the extreme is Bearberry, which is 
more than 90% H2S, but is currently not a commercial 
field. However, there is production from high sour 
fields (35% H2S) in Caroline and Zama, for example. 
According to the Canadian Association of Petroleum 
Producers (CAPP), approximately 1/3 of the produc-
tion in Alberta is sour[3]. 

2. In the United States, there are several fields that are 
both high-C02 and sour. For example, the LeBarge 
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Field in Wyoming is 5% H2S and 65% C02, and is cur-
rently produced commercially[4]. Much of the C0 2 
produced in Wyoming and New Mexico is used for 
enhanced oil recovery in Texas. 

3. Much of the associated gas produced in Kazakhstan 
is sour; much of this is produced offshore in the 
Caspian Sea. The raw gas contains more than 10% 
H2S and about 5% C02. One of the papers in this vol-
ume addresses the problems with the sour gas at a 
Kazakhstani field[5]. 

4. The North Field/South Pars shared by Qatar and 
Iran in the Gulf region in the Middle East is proba-
bly the largest gas field in the world, and it is sour. 
However, the H2S concentration is typically less than 
1% throughout the field. 

5. Many of the gas fields in Abu Dhabi are sour. One of 
these in the early stages of development is the Shah 
Field[6], which contains 25% H2S and 10% C02. 

6. The Sichuan Basin in southwest China has several sour 
fields[7]. SINOPECs Puguang Field, one of the largest 
gas fields in China, is about 15% H2S and 10% C02. 
The Luojiazhai field is about 10% H2S, and is infamous 
for a blowout in 2003, which killed approximately 250 
people: this is a reminder of the dangers of producing 
sour gas. A paper in this volume discusses the poten-
tial for acid gas injection in China[8]. 

7. The Gulf of Thailand - South China Sea region is 
famous for high-C02 gas fields. In the news recently 
was a report of a project to study the development 
of the K5 Field offshore near the Malaysian state of 
Sarawak[9]. This field is 70% C02. 

8. These are just a few examples, but they show that the 
occurrence of sour gas is widespread throughout the 
world. 

Acid Gas 

Acid gas, a mixture composed mostly of H2S and C02, is the by-
product of the processing of the raw gas. Handling this stream is 
one of the difficulties in the exploitation of these resources. Acid 
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gas injection has become a way to monetize some of these sour 
fields, particularly the small and remote ones. 

In addition to being more toxic than sweet gas, there are other 
problems associated with producing sour gas. In combination with 
water, H2S and C0 2 are corrosive, and require special material selec-
tion and corrosion inhibition programs. 

In Summary... 

The world's thirst for energy will continue to increase, and natural 
gas will probably plan an important role in quenching it. As reserves 
of sweet gas diminish, sour gas will play a more important role. 
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Equilibrium Water Content 
Measurements for Acid Gas 

at High Pressures and Temperatures 
Francis Bernard*, Robert A. Marriott+, and Binod R. Giri 

Alberta Sulphur Research Ltd., Calgary, AB, Canada 
tfbernard@ucalgary.ca 

frob.marriott@ucalgary.ca 

Abstract 
The design of safe and reliable acid gas compression, injection, and trans-
port facilities requires a good understanding of the phase behavior of acid 
gas and water. Although many data are available for natural gas systems 
in open literature, there are limited reported data on the H2S + H20 system 
at pressures relevant to injection schemes and target reservoir pressures. 

For the past ten years, Alberta Sulphur Research Ltd. (ASRL) has been 
developing techniques for the measurement of water carrying capacity 
of gases, liquids, and supercritical fluids. With the current experimental 
method, water carrying capacity measurements at pressures up to 100 
MPa and at temperatures up to 150°C are being carried out. Difficulties 
associated with this type of experiment will be discussed. 

Initial measurements have been completed for H2S + H20 at T = 50 and 
100°C, and from p = 3.8 to 70.5 MPa. These new measurements serve to 
add information at conditions which are not covered by the existing lit-
erature, including extending available experimental values above p = 30 
MPa. These new values, together with literature water content and H2S 
solubility and volumetric data, have been combined to calibrate a model 
for calculating equilibrium between H20 and H2S up to T = 200°C and 
p = 70 MPa. Model parameters have been reported, along with ASRUs 
future experimental and modeling plans in this area. 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
(3-20) © 2012 Scrivener Publishing LLC 
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4 SOUR GAS AND RELATED TECHNOLOGIES 

1.1 Introduction 
The need for the accurate calculation of the water carrying capacity 
in acid gas injectates has been discussed by several authors [1, 2]. 
For example the ability to estimate the saturation water content 
within multiple compression stages is used to determine the extent 
of dehydration before fluids are sent to injection [3]. A consider-
able amount of time and money can be saved if an acid gas can be 
injected without the condensation of free water or production of a 
hydrate phase, e.g., no free water upon compression discharge can 
alleviate the need for expensive corrosion resistant metallurgy in 
transport lines. 

In a previous paper [4], we illustrated how compression can 
be used to partially dehydrate an acid gas, Figure 1.1. Figure 1.1 
shows the estimated water dew points for a 50:50 H2S/C02 acid 
gas and a simplified four cycle compression scheme [5,6]. Note that 
the hydrate formation curve has not been included. For the scheme 
in Figure 1.1, within the second and third inter-stage cooling, the 
water content is reduced from 2.0 to 0.7 % H 2 0 and 0.7 to 0.3% H20. 
Upon cooling after the 4th stage compression cycle, the 0.3% fluid 

0 10 20 30 40 50 60 70 80 90 100 110 120 130 140 150 

77°C 

Figure 1.1 A simplified schematic for four stages of compression of a 50:50 
H2S/C02 acid gas mixture showing the estimated drop in dew point at each 
suction condition. The dry phase pockets have been calculated using VMGSim 
2.8.0 [5] and the water dew point phase pockets have been calculated using 
AQUAlibrium 3.0. [6]. 
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is under-saturated with water at the conditions labeled 'to injec-
tion7. While the final condition in Figure 1.1 represents a possible 
wellhead condition, the degree of subsaturation in the near well-
bore region also is of interest to reservoir modeling, because as the 
fluid arrives in the reservoir, it will have the capacity to take up 
additional reservoir water. Therefore, the range of interest in water 
and acid gas equilibria can extend up to 75 MPa or, in other words, 
beyond the compression discharge pressures. 

The calculated aqueous equilibria in Figure 1.1 are difficult to 
model, especially when they involve gaseous, liquid and supercriti-
cal acid gas phases. In general, calibration of these types of models 
are difficult because published experimental data for pure H2S and 
other components are sparse and the pressure range of interest is 
very large. For example, Figure 1.2 (also presented in the previous 
paper) [4] shows the conditions for published H2S water content 
data. [7-10] There are no data above ca. 30 MPa and experimental 
data in the liquid H2S region are primarily those of Gillespie and 
Wilson [8]. The scarcity of data is due, in large part, to the experi-
mental difficulties in obtaining representative samples of equili-
brated dense phase acid gases (liquids and supercritical fluids). 
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Figure 1.2 Conditions for H2S water content data reported in the literature. ♦, 
Chapoy et a\. [7]; · , Gillespie and Wilson [8]; 0, Carroll and Mather [9]; o, Selleck 
et al. [10]; , vapour pressure from the Lemmon and Span EOS [11]. Note that 
the conditions for the Wright and Maass [12] and Lee and Mather [13] data are 
missing from this figure. 
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The risks involved in working with high pressure hydrogen sulfide 
also explains why only a handful of laboratories around the world 
are equipped to perform these types of measurements. 

The need for more published data for the H2S-H20 system 
prompted our laboratory to pursue an experimental program 
specifically aimed at measuring the water carrying capacity of 
high-pressure hydrogen sulfide fluids. The experimental method 
consists of a custom automated sampling/injection system that 
allows us to take microliter size high-pressure samples and expand 
them directly onto a gas chromatography column. Although this 
paper does not to report all the data measured to date, it is used to 
share our experience with these difficult measurements and iden-
tify future improvements. 

Finally, using new water content data up to p = 70.4 MPa, we 
report a preliminary thermodynamic model which can be used 
to calculate the partitioning of H2S and H20 over a wide range of 
temperatures and pressures. In order to work in the liquid-liquid 
regime at very high pressures, this model utilizes high accuracy 
reduced Helmholtz energy equations of state for the pure compo-
nents. For example the equation of state for H20, is self consistent 
with the current steam tables [15] .The model limitations and esti-
mated error have been discussed by evaluating water content of 
H2S and H2S solubility in water. 

1.2 Experimental 

In the past, ASRL has used different techniques to measure water 
content data [4]. These techniques have evolved as we attempt to 
measure phase behaviours in T-p regions that were more trouble-
some. Our current technique consists of a high pressure equilib-
rium vessel sampled through a capillary dip-tube and into a gas 
Chromatograph (GC) (see Figure 1.3). The Chromatographie column 
is a CP-RT-U-PLOT and we are using a thermal conductivity detec-
tor (TCD). 

The most difficult issue for measuring water content in an acid gas 
sample is the transfer of the high-pressure sample to the low-pressure 
analytical GC. As the depressurizing fluid is flashed to the gaseous 
pressure region, there is a minimum in the water carrying capacity. 
If not properly considered, the water within the high-pressure equilib-
rium element will not continue with the other sampled components. 



EQUILIBRIUM WATER CONTENT 7 

Custom built GC 
sampling manifold 

Pressure transducer 

Gas chromatography system 

SS-316 or titanium 
equilibration vessel 

Figure 1.3 A schematic of the ASRL water content measurement technique. 

Heat must consequently be supplied to allow the water to stay in the 
gas phase and overcome the Joule-Thompson cooling effect and the 
latent heat lost due to re-evaporation. 

One option is to heat a liquid fluid sample 40 to 50°C above its 
equilibration temperature during sampling. The high sampling 
temperature can create problems with the temperature control of 
the equilibrium vessel itself. Our experience shows that some of 
the heat can be carried over to the sampling tip of the capillary 
tube and create an area of localized high temperature equilibrium. 
This in turn, causes the water content to be artificially high in the 
superheated zone. 

To avoid superheating of the sample, ASRL now injects the high 
pressure fluid directly onto the GC column. This allows us to keep 
the sample loop at the same temperature as the equilibration vessel. 
While some of the water contained in the sample may condense in the 
transfer line upon depressurization, the GC carrier gas re-evaporates 
and carries the water to the column within a few seconds and with-
out any sample loss. The transfer line to the GC is kept at ca. 100°C to 
ensure a complete and quick transfer to the GC. 

In order to perform high-pressure sampling, we had to build 
a custom sampling manifold (see Figure 1.4) with microliter size 
sample loops. It gives us the capability to inject variable amounts 
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Load position 

Caustic 

Inject position 

Caustic 

jjL 
Heated box 

50μΙ_ loop 
W< OW 

Helium QQ 
(0.2MPa) 

HP vessel (up to 75Mpa (~11,000psi)) HP vessel (up to 75Mpa (~11,000psi)) 

Figure 1.4 Schematics of the custom built GC injection valve used by ASRL. 

of pressurized sample and avoids perturbing the equilibrium in the 
vessel. We use a Hastelloy C-276 high pressure liquid chromatog-
raphy (HPLC) valve coupled with 2 sample loops, a 2pL loop that 
allows us to inject samples at up to p = 75 Mpa and a 50pL loop that 
can be used for calibration and for low density samples. All of the 
sampling components are kept at the same temperature as the sam-
pling vessel by using resistive heaters and PID temperature control. 
The helium carrier gas also is pre-heated for improved temperature 
control. 

Once the vessel is safely connected to the sampling manifold, 
valves are opened in order to place the sample in direct communi-
cation with the GC sampling valve. The fact that the vessel valve 
remains open allows us to perform automated injections over 
extended periods of time. Through small injection volumes we are 
able to keep the pressure drop to a minimum. Our current method 
involves injecting samples every 20 minutes and each equilib-
rium point normally is measured with ca. 10 samples. The HPLC 
valve was designed to be used with liquid samples as opposed to 
supercritical fluids. This makes it subject to blistering and leakage 
(see Figure 1.5) at high pressures when the temperature is higher 
than ca. 75°C. This is even more prominent with the use of high-
pressure C02. 

In each of the gravimetrically prepared calibration standards, we 
include some carbon dioxide to serve as an internal standard. This 
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Figure 1.5 Photograph of a severely blistered GC valve rotor as seen under a 
microscope. Blistering took place after sampling H2S and C02 for a few weeks at 
100°C 

makes it possible to calibrate the GC by varying injection pressure 
instead of concentration and allows us to use fewer calibration mix-
tures for a broad range of detector response. 

Calibration is a lengthy process that can take weeks, but due 
to the stability and linearity of the thermal conductivity detector, 
we can normally use the same calibration for several months, i.e., 
periodically checking the calibration is much less time-consuming 
than re-running a complete calibration package. Gravimetric water 
standards tend to change slowing over long time periods and for 
that reason, it is difficult to re-use the same calibration standard 
twice. So far, we have used standards made of water in gaseous 
C02. The mixtures are stored at ca. 120°C for the water to remain in 
the vapour phase. 

We recently have tested the use of water standards in dense 
phase C02. Due to the higher water carrying capacity of C0 2 at 
higher pressures, the standards don't need to be heated to remain 
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single-phase. This may provide more stability to the water stan-
dards, allowing us to check our calibration more frequently. 

1.3 Recent Results and Modelling 

Water content measurements for pure H2S have been completed for 
T = 50 and 100°C and p = 3.8 to 70.5 MPa. These new experimental 
data are shown in Figure 1.6 along with the calculated water con-
tent using three different models (i) AQUAlibrium 3.0 [6,9], (ii) the 
semi-empirical model of Alami et a\., [2] and (iii) the new model 
discussed within this study. As Figure 1.6 shows, the models show 
large differences in the high-pressure dense-phase region. Recall 
that the literature extends to less that p = 30 MPa; therefore, only the 
new model has been calibrated in the higher-pressure region. Often, 
the difficulty in this region arises from the use of cubic equations 
of state, which may not be robust at very high pressures. To over-
come this limitation our model relies on the reduced dimensionless 
Helmholtz energy equations compiled by the NIST [14]. The two 
equations used here are those of Wagner and Pruss [15] for H 2 0 
[T = 273.16-2000 K; p < 1000 MPa] and Lemmon and Span [11] 

100°C 

Figure 1.6 The experimental and calculated water content of H2S at Γ = 50 
and 100°C. o, this study (7 = 50.1 ± 0.2°C); 0, this study (T = 100.1 ± 0.3°C); Δ, 
Selleck et al [10]. (Γ = 104.4Ό; D, Gillespie and Wilson [8] (T = 100°C); —(grey), 
AQUAlibrium; — , this study, model; , Alami et al [2]. 
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for H2S [T = 187.7-760 K; p < 170 MPa]. For each minor compo-
nent in a phase, infinite dilution properties have been used to cal-
culate solution properties. The modeling approach is similar to 
AQUAlibrium [6, 9] and Suleimenov and Krupp [16]. Two primary 
differences include: (1) fugacity coefficients do not rely on the Peng 
and Robison equation of state [23] and (2) activity in the aqueous 
phase is calculated using Pitzer theory for low-dissociating solutes. 

To begin, the fugacities for H2S and H 2 0 must meet the following 
equality at equilibrium: 

f - = r (i.i) 

where ff is the fugacity of component i in phase b and fp is the 
fugacity of component / in the aqueous phase (/ = H 2 0 or H2S). Note 
that only the two phase system will be discussed here; therefore, 
phase b is the H2S rich phase or non-aqueous phase which can be 
gaseous, liquid or supercritical. All concentrations in the aqueous 
phase are denoted by x. (mole fraction) and concentrations in the 
non-aqueous phase are denoted by y.. 

1.3.1 Partitioning of Hydrogen Sulfide (H2S Solubility 
in Water) 

Using Equation (1.1), for H2S one can show that 

Vn^sV = VHsSXH2SKHev^p-p"*)/RT (1.2) 

where φΗ s is the fugacity coefficient for H2S in the non-aqueous 
phase, yH s is the mole fraction of H2S is the in the non-aqueous 
phase, p is the total pressure, γΗ s is the rational activity coefficient 
for aqueous H2S, xH s is the mole fraction of aqueous H2S, KH is 
the Henry's law constant for total H2S dissolution in water, vH s°° 
partial molar volume of aqueous H2S at infinite dilution, pHO° 
is the vapour pressure for pure water, R is the ideal gas constant 
(R = 8.314472 J K 1 mol"1) and Γ is the absolute temperature. 

As will be discussed with water, the fugacity coefficients for 
the non-aqueous phase are established at infinite dilution of H20; 
therefore, the fugacity coefficient of H2S in the non-aqueous phase 
is calculated under pure fluid conditions (standard state; <pH s = φΗ s° 
as yH 0—>0) using the Lemmon and Span equation of state [11]. 
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Following Suleimenov and Krupp [16] and Edwards et ah, [18] 
the activity coefficient for H2S is calculated using Pitzer theory for 
an H2S solute with negligible dissociation [17,18]: 

7H2S 
_ 2£a f lm„2 S (l + 0 .0180152mH S) (1.3) 

where ßaa is the molecular-molecular interaction parameter and 
raH s is the molality [mH s = 55.5087·χΗ s / (1 - xH s)]. Negligible dis-
sociation is a significant simplification for aqueous H2S (pKaH s « 7). 
In this respect, our model can be improved upon in future efforts, 
where changes in pH and ionic activity can influence the total solu-
bility of H2S. For simplicity in this model, the Henry's law solu-
bility relationship is able to empirically compensate for neglecting 
the ionic activity. Using this simplification Edwards et al [18]. have 
reported the temperature dependence of ßm for aqueous H2S: 

^ = - 0 . 2 1 0 6 + 
61.56 

(1.4) 

Again following Suleimenov and Krupp [16], we have used the 
Clark and Glew [19] method to correlate the Henry's Law constant. 
However, we have only used the first three terms in the Taylor 
series expansion of the heat capacity, whereas Suleimenov and 
Krupp [16] used four. The overall temperature dependant equation 
for the Henry's Law constant is then 

RlnKH=-
AG°T 
— ^ + Δ Η ^ 

dACi 

T T 
+ ACP,Tr 

T 
r 

T 
■1 + ln 

f T \ 

/ - I 

dT 
A 

T T 
Z T 

f j \ 
(1.5) 

12 

d2AC°p 

dT2 

ALV 

( j Λ2 
T T 

- 6 — + 3 + 2 - ^ + 61n 
T T 

ί j \ 

The reference temperature for Equation (1.5) is T = 298.15 K. All 
standard thermodynamic property changes were optimized to 
fit the available solubility data, with the exception of the change 
in the heat capacity which was measured by Barbero et al [20]. 
[ACp°Tr = -144.3 J K"1 mol·1]. 
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The vapour pressure for pure water is calculated using the equa-
tion of Wagner and Pruss [15] and the molar volume at infinite dilu-
tion is calculated using the density and compressibility correlation 
shown by O'Connell et al [21].: 

vH2s=- o 
PH7O 

+ P0H2oK°T,H2oRT[av+K(e9°i'"i° - l ) (1.6) 

For Equation (1.6), p°H 0 is the density of pure water (mol m~3) [15] 
and κτ°Η s is the isothermal compressibility of pure water (Pa-1) [15]. 
Parameters a and b were fit to the volumetric measurement data V V 

of Hnedkovsky et al [22]. and Barbero et ah, [20] which cover a large 
range of conditions (Γ = 10 to 431.85°C and p = 0.1 to 35 MPa). A cor-
relation plot for the fitting of Equation (1.6) is shown in Figure 1.7 
and the fitted parameters have been reported in Table 1.1. 

10000-r 

1000 

4 
100 4: 

10000 

VH2S (exp.) 

Figure 1.7 The calculated versus experimental partial molar volume of aqueous 
H2S at infinite dilution from Γ = 10 to 431.85°C and p = 0.1 to 35 MPa. Calculation 
uses Equation (1.6); o, Hnedkovsky et al [22]; · , Barbero et al [20]; vH s°° (exp.) = 
-2.4 ± 5.6 + 0.998 ± 0.015· u„ ς°° (calc). 2 
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Table 1.1 The parameters for Equations (5), (6), (11) and (12) used for 
calculating the high-pressure H2S + H20 equilibrium concentrations. 

Parameter 

av 1 (cm3 mol·2) 

bv 1 (cm3 mol2) 

AG°T 
1 (J mol·1 K-1) T r 

AH°T 1 (J mol"1) 

AC^/CJmol^K-1) 

T 
r 

2 

T 2 

r 

12 

UAC; λ 
dT 

V ß 

VAC; N 

dT2 

1 (J moH K-1) 
Γ 

/(JmoHK-1) 

| 104 x a12 / (m3 moH) 

| bu(m3Kmol4) 

| 109xö122(m6Kmol-2) 

| 106 x bm (m6 K mol-2) 

Value 

49.6 [lit. 47.9] [21] 

1.37[lit.l.7][21] | 

147.9208 ± 0.0402 

16539 ±157 

-144.3 [20] 

188.5 ± 20.8 

-71.7117.6 

1.110 ±0.279 

-0.1024 ± 0.0107 

1.88 ± 1.73 

2.619 ± 0.648 

Partial molar volumes for Equation (1.2) were calculated at the 
saturation vapour pressure of water at the temperature of interest, 
despite that Equation (1.6) is valid for a broad range of conditions. 
Note that Equation (1.6) was derived as a generalized Krichevskii 
parameter. Through fluctuation solution theory, a rearrangement 
of the Krichevskii parameter can be integrated to yield the fugacity 
coefficient at infinite dilution [21]. The correlation with density is 
similar to the infinite dilution virial equation correlation used here 
for the non-aqueous phase. In fact, we investigated the use of fluc-
tuation solution theory for both phases, which would simplify the 
model considerably. Perhaps if molar volumes of H 2 0 in high pres-
sure H2S become available, this will become a reasonable approach. 
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1.3.2 Partitioning of Water (Water Content in H2S) 

Up to this point our model is nearly identical to that of Suleimenov 
and Krupp [16] who, like Carroll and Mather [9], have used the 
Peng and Robinson equation of state [23] for the fugacities in the 
non-aqueous phase. For our model, the fugacity coefficients for 
the non-aqueous phase are established at infinite dilution of H20: 

<PH2OyH2oP = aH2ofH20 (1-7) 

where φΗ 0°° is the infinite dilution fugacity coefficient for H 2 0 in 
the H2S rich phase, /H 0° is the fugacity of pure water [15], and aH Q 
is the activity of H20. Through the Gibbs-Duhem relationship, the 
H 2 0 activity is calculated from the activity of H2S, i.e., using Pitzer 
theory, Equation (1.4) and H2S solubility from Equation (1.2): 

x2
HsS(l-55.50S7ßJ-xHsS 

a»n-—■ 5 — · (1-8) 
( l - x H s S ) 2 

The fugacities for water in the H2S rich phase are calculated using 
the volume explicit virial equation, 

i Z i j 

For the H2S + H 2 0 system at infinite dilution of H20, a truncated 
Equation (1.9) simplifies to 

3 
l n $ V ) = 2BIIPH2S +-^CI22PH2S " l n Z · (1-10) 

For Equation (1.10), pH s is the molar density of pure H2S [11] and 
Z is the compressibility factor for the pure H2S. Bn and CU2 are the 
second and third virial coefficients, respectively. These virial coef-
ficients are only temperature dependant and were found to be well 
represented by the temperature dependent functions of 

Βη=»η+γ ( M D 

and 

Cm =«122+%-· (1.12) 
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The fitted coefficients for Equation (1.11), Equation (1.12) and 
their respective 95% errors are reported in Table 1.1. 

1.3.3 Discussion of Results 

The optimization of coefficients required to solve Equations (1.2) 
and (1.7) was as follows: 

(i) the infinite dilution fugacity coefficient for water 
[Equation (1.7)] was fit by least squares regres-
sion to the water content literature data [7, 8, 10] 
and data from this study assuming an initial water 
activity of unity, aH 0 =1; 

(ii) the composition of H2S in the vapour phase 
was established for each experimental solubility 
using Equation (1.7) and used to calculate experi-
mental Henry's law constants for all literature data, 
[8,10,16,24,25-35] and then Equation (1.6) was fit 
by least square regression; 

(iii) the infinite dilution fugacity coefficient for water 
[Equation (1.7)] was fit by least squares regres-
sion to the water content literature data and 
data from this study using the calculated water 
activity; 

(iv) steps (ii) and (iii) were repeated until the coeffi-
cients converged [this required four iterations]. 

With the optimized coefficients, Equation (1.2) and (1.7) can be 
used by successive substitution to solve for both the H2S and H 2 0 
partitioning at equilibrium. 

Figure 1.8 shows the calculated versus the experimental H2S 
solubilities used to calibrate the model. Overall the calculated solu-
bility data show a small bias when compared to the experimental 
[xH2S(exp.) = -0.00037 ± 0.00040 + 1.055 ± 0.005*H#(calc.)]. However, 
this bias does not exist for data where xHS< 0.3. The average error 
was found to be bxR s/xH s = 3.7% for xHS< 0.3 and δχΗ s/xR s = 5.7% 
for xHS> 0.3. Note that at some conditions for T > 200°C, the equa-
tions do not converge. Both the instability at high-temperature and 
the bias at high concentration are likely due to the simplification of 
negligible dissociation in the activity coefficient and partial molar 
volume. A high temperature of T = 200°C is sufficient for most acid 
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Figure 1.8 The calculated versus experimental H2S solubilities in water from 
T = 0 to 266°C and p = 0.05 to 20.6 MPa. · , Gillespie and Wilson [8]; ■, Selleck 
et al. [10]; 0, Chapoy [24]; Δ, Davis et al. [25]; x, Suleimenov and Krupp [16]; 
* , Winkler [26]; +, Clarke and Glew [27]; o, Doabul and Riley [35]; D, various 
smaller studies [28-34]. 

gas injection reservoirs of interest. Future modeling effort should 
take into account dissociation and other species such as C0 2 and 
CH4. The equations proposed here would still apply to an acid gas 
or sour gas mixture, because accurate densities for acid gas mixtures 
can be calculated using the reduced Helmholtz energy equations of 
state. Finally, it should be noted that there is a high pressure solubil-
ity limit for the experimental data, p < 20.6 MPa; whereas, solubilities 
at higher target pressures could be explored in the future. 

Figure 1.9 is a correlation plot for the calculated water contents 
from Γ=25 to 260°C and p = 0.5 to 70.4 MPa. Unlike the H2S solubility 
calculation, the water content calculation is not significantly biased 
with respect to the experimental data [yH 0(exp.)=-0.00047 ± 0.00070 + 
1.02 ± 0.01· yH20(calc.)]. The averaged error is fyHl0/yHl0 = 8.3%, which 
compares favourably with Sj/H^/yH 0 = 10.8% for AQUIlibrium and 
the same data set. Again, at high-temperature conditions the model 
does not converge. This is a result of the solubility limitations dis-
cussed earlier. 
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Figure 1.9 The calculated versus experimental water content of H2S from T = 25 
to 260°C and p = 0.5 to 70.4 MPa. o, Gillespie and Wilson [8]; D, Seileck et al. [10]; 
0, Chapoy et al. [7]; · , this study. 

Figure 1.9 and Figure 1.6 both show that AQUAlibrium and this 
model tend to overestimate our new data at T = 50 and 100°C This 
suggests that our water contents are slightly below those reported 
by other authors in the high-pressure region. We note that these 
authors have used desiccants to trap and analyze water versus gas 
chromatography. Chapoy et al. [7] have used GC methods, but their 
measurements were at lower pressures (gas phase H2S) and there-
fore could not be directly compared to ours. 

A short note on current developments for our technique is 
related to measuring water contents for more complicated sour 
gases. Given the large peak sizes we have to deal with for some of 
our samples, it is very difficult to separate water from all hydrocar-
bons. While it is possible to separate them with increase split ratios 
to reduce peak sizes, it induces a much larger error in the water 
content results. With our current column and method, butane and 
water cannot be separated. To alleviate this problem, we recently 
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ordered a mass spectrometer (MS). By using a mass specific detec-
tor instead of a TCD, we should be able to quantify co-eluting 
chemicals, as long as there is no interference from other mass frag-
ments. For complex mixtures, the MS will be the detector used after 
the GC. In the case of simple mixtures, it may be possible to sample 
straight into the mass spectrometer, without using a GC to first sep-
arate the components. This would speed-up acquisition time con-
siderably and facilitate the publication of some much needed water 
content data in H2S. 

1.4 Conclusions 

The current methods use by ASRL to measure water + gas, liq-
uid or supercritical equilibria have been described. The custom 
high-pressure sampling system now injects the entire sample into 
a GC stream splitter, which resides just upstream of the GC col-
umn. This has allowed for better temperature control and access to 
a larger range of experimental conditions. Future directions were 
described, where ASRL is experimenting with dense-phase water 
content standards and installing a quadrupole MS detector which 
allows us to access more complex systems. 

Initial measurements for H2S and H20 up to p = 70 MPa have been 
added to existing literature data and used to calibrate a thermody-
namic model. The parameters for the model have been reported 
and the performance was evaluated for water content in H2S and 
H2S solubility in water. Water content for H2S up to p = 70 MPa was 
estimated with an average deviation of 6yH 0/yH 0 = 8.3%, whereas 
H2S solubility was estimated with an average deviation of δχΗ s / 
xH s = 3.7% for xHS< 0.3 and δχΗ s/xH s = 5.7% for xHS> 0.3. Future 
modeling improvement may include ionic activity, which allows 
for the inclusion of C02 and salt solutions. 
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Comparative Study on Gas Deviation 

Factor Calculating Models for C02 
Rich Gas Reservoirs 
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Chengdu 610500 China 

Abstract 
The application of traditional classical equations of state to calculate the 
physical property parameters of a sour gas mixture can result in signifi-
cant errors. Therefore, a study is performed to investigate the common 
methods for calculating the deviation factor for a gas reservoir rich in 
C02. The following methods are used: Dranchuk-Purvis-Robinson (DPR), 
Dranchuk-Abu Kassem (DAK), Hall-Yarborough (HY), Beggs and Brill 
(BB), Sarem, Papay, Zhang Guodong (ZGD), and Li Xiangfang (LXF). The 
following correction methods are also examined: Guo Xuqiang (GXQ), 
Wiehert-Aziz (WA), and Carr-Kobayashi-Burrows (CKB). 

The gas deviation coefficient has been calculated and compared with 
experimental values, and then the adaptability of the calculating model 
for gas deviation factor of sour gas reservoirs has been evaluated. Results 
show that: (1) with consideration of the influence on critical pressure and 
temperature of the mixture caused by sour components, the correction 
models have a higher calculation accuracy than the uncorrected ones; 
(2) compared with GXQ correction method, WA and CKB correction 
methods will result in more errors; and (3) using the DPR model or the 
DAK model, combined with the GXQ correction method, to calculate sour 
mixture deviation factor will produce relatively accurate results, and the 
HY and BB models come next. However, the models of Sarem, Papay, 
ZGD and LXF will cause relatively great errors, which are not suitable for 
calculating the deviation coefficient of sour gas. 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
(21-36) © 2012 Scrivener Publishing LLC 
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2.1 Introduction 
In recent years, many high C0 2 (5 to 90%) natural gas reservoirs have 
been found. Physical parameters of natural gas include gas devia-
tion factor (Z-factor), compressibility coefficient, volume factor, and 
viscosity, and all of these depend upon the amount of C0 2 in the 
gas. The gas deviation factor is the foundation of calculating high-
pressure physical properties of natural gas and an indispensable 
parameter for resource calculation and dynamic prediction of natural 
gas reservoirs. It is true that compressibility coefficient, volume factor 
and viscosity are all functions of deviation factor, so their accuracies 
in the solution process are all dependent on the gas deviation factor. 

Compared with conventional gas reservoirs, fluid phase behav-
ior characteristics of acid gas reservoir are particular and complex. 
Because of low content C02in conventional natural gas, the applica-
tion of chart method, state equation and empirical formulas to calcu-
late the deviation factor can meet the required precision in a certain 
range. However, natural gas reservoirs with rich C0 2 have been 
found successively in recent years. Due to differences of C0 2 and 
hydrocarbon gases, the increase of C0 2 content in the gas will affect 
computational accuracy of deviation factor. Therefore, many domes-
tic and foreign well-known scholars have made extensive research 
in this field [1-6]. According to gas compositions in literatures [7, 8], 
different deviation factors were calculated with DPR, DAK, HY, BB, 
Sarem, Papay, ZGD and LXF models, as well as the GXQ, WA and 
CKB correction methods respectively, and then adaptability of devi-
ation factor calculating models were evaluated through comparison 
between computational results and experimental results. 

2.2 Deviation Factor Correlations 

The gas deviation factor of compressibility factor is an important 
physical property for natural gas mixtures. It is defined as 

where: 
Z is the deviation factor 
p is the total pressure 
R is the gas constant 
T is the absolute temperature 
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For an ideal gas the deviation factor is exactly but for real gas 
mixtures the z-f actor can be less than or greater than one depending 
upon the pressure and temperature. 

The basis for the deviation factor calculations in the natural gas 
business is the chart of Standing and Katz, which was constructed 
in 1942. There have been many methods proposed over the years for 
calculating compressibility factors. Some of these are reviewed here. 

2.2.1 Empirical Formulas 

There are many empirical formula methods to calculate acid gas 
compressibility factor. Nowadays, more commonly used methods 
mainly include: DPR, DAK, HY, BB, Sarem, Papay, Li Xiangfang 
and Zhang Guodong methods. These methods are given in the sec-
tions that follow. 

2.2.1.1 Dranchuk-Purvis-Robinsion (DPR) Model 
Based on the Benedict-Webb-Rubin state equation, Dranchuk, 
Purvis and Robinsion [9] proposed a function of reduced pressure 
and reduced temperature for the deviation factor. The empirical 
formula has eight constants is expressed as follows: 

Z = l + 

+ 

. T 
V 

w J 
Pvr + V> 

A4 + V 
pr J 

P2pr + M5V 
V Vr ) 

-pr 
(2.2) 

^ ( l + iV^EXPhVj) 
-pr 

ρρ,=0.27ρπ/(ΖΤπ) (2.3) 
where: 

A are the various correlation coefficients 
1 

p r is the pseudo-reduced pressure 
T r is the pseudo-reduced temperature 
p ris the pseudo-reduced density 

Since this equation is implicit in the deviation factor, the Newton-
Raphson iteration method to solve this equation. 

This method is reasonable under certain conditions as follows: 

1.05 <T <3and0.2<p <30 
pr i pr 
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2.2.2.2 Dranchuk-Abu-Kassem (DAK) Model [10] 

The fundamentals of the Dranchuk, Abu Kassem empirical formula 
and Dranchuk-Purvis-Robinsion are basically the same. However, 
the DAK is slightly more complicated and has eleven parameters. 
The DAK equation is as follows: 

Z = l + Λ + 

A9 

Ar, Ar, AA AC 

—- + —Γ + -Τ- + - 4 
ππ ηηό "Τ'4 ηπϊ> 

pr pr pr pr J 

PPr + T T 
pr pr J 

F 

^ 7 , \ 

J T2 , p£+^/£(1+An/£)exp(i-Ai/£) 

(2.4) 

where: A. are the various correlation coefficients and are differ-
1 

ent from the previous method 
Again this equation is implicit in the deviation factor and must 

be solved using the Newton-Raphson method. 
This method is reasonably accurate for the following conditions: 

1.0<T <3;0.2<p <30or0.7<T <1.0;p <1.0 
vr ' rvr vr ' r vr pr pr ■ pr pr 

2.2.1.3 Hall-Yarborough (HY) Model [11] 
Based on Starling-Carnahan state equation, The Hall-Yarborough 
equation is based on the Starling-Carnahan state equation by fitting 
the Standing-Katz chart. The HY model is: 

Z = 0.06125 (ppr/ppJpr)exp[-l2(l-l/Tpr)2] (2.5) 

where: ppr is pseudo-reduced density, which can be derived from 
the following formula using Newton's iteration method. 

ppr+pl+pl-p4 
-pr pr rpr pr 

Ci-Pprr 
■ (14.76 / Tpr - 9.76 / Tp

2
r + 4.58 / Tp

3
r )p2

pr 

+(90.7/rpr-242.2/Tp
2

r+42.4/Tp
3

r)^'18+2'82/T-) 

-0.06152(pp r /Tp r)exp[-1.2(l-l /Tp r)2] = 0 

(2.6) 
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The HY method is stated to be accurate for the following conditions: 

1.2 <T < 3 a n d 0 . 1 < p <24.0 
pr ι pr 

22.1 A Beggs and Brill (BB) Model [12] 

This empirical formula method for calculating deviation fac-
tor made by Beggs and Brill can be expressed by the following 
formula: 

Z = A + ̂  + Cpr
D (2.7) 

where: A, B, C and D are functions of reduced pressure and the 
reduced temperature. 

2.2.2.5 Sarem Model [13] 

The Sarem model is basically a Legendre polynomial fit of the devia-
tion factor as a function of the reduced pressure and reduced tem-
perature. The empirical formula was obtained by using least square 
method to fit Standing-Katz chart, which can be expressed as follows: 

5 5 

Ζ=ΣΣΑΑ(*)Ρ„(Ϊ/) (2.8) 
m=0n=0 

where: 
Amn—given coefficient 
pjx)—pseudoreduced pressure 
pn(y)—pseudoreduced temperature Legeadre multinomial 

This method is reasonable under certain conditions as follows: 

1.05 <T < 2.95; 0.1 <p < 14.9 or 0.7 <T <1.0;p <1.0. 
pr ' i pr pr ' r pr 

2.2.1.6 Papay Model 
3.52ppr 0.274// 

^ L . 00.9813Tpr ^ . 00.8157TF ^ ' y } 

2.2.1.7 Li Xiangfang (LXF) Model [14] 

Most of previous empirical formula methods mainly are applica-
ble to calculate compressibility factor under normal pressure, and 
will bring about big errors under high pressure. To improve the 
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accuracy of calculated results under high pressure, Li derived the 
following formula through fitting Standing Katz chart. 

Z = XlPpr+X2 (2.10) 
where X1 and X2 can be calculated using different specific relation-
ships respectively when 1.05 < Tpr < 3.0; 8 < ppr < 15.0 and 1.5 < Tpr < 3.0; 
15<p <30.0. 

pr 

221.8 Zhang Guodong Model [15] 

This method is also suitable for calculating deviation factor under 
high pressure. When 1.05 < Tr< 3.0; 8 < p r< 15.0, the deviation 
factor is given by: 

Z = (-0.0031658687; +0.02255569347; -0.03292658397^ 2 

4 -0.0736585418TF +0.1972508148)pF + (0.1173881178T; 

-1.0108778348Ί 
+ 1.1482706381) 
-1.0108778348T; +2.963273024T; -3.0624663198TF 

(2.11) 

When 1.05 <T <3.0;15<p < 30 it is: 
pr ' rpr 

Z = (-0.021Tp
4
r + 0.19941077387^ - 0.6909469687^ 

-1.080656683TF + 0.6985828272)pF +(-0.33380681827^ 
r 

■8.296469697) 
+ 3.06597222227; -10.39839015167; +15.67676587317pr 

(2.12) 

2.2.2 Correction Methods 

As the presence of C02 can affect critical temperature and critical 
pressure of natural gas, which will cause increase of gas deviation 
factor and further result in errors of other calculations. Therefore, 
it is very necessary to correct critical parameters of C02 rich natu-
ral gas. At present, there are two main deviation factor correction 
methods for critical parameters of the acid gas as follows: 
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22.2.1 Guo Xuqiang Method [5] 
In order to improve the accuracy of deviation factor calculated 
values in acid gas reservoir, Guo suggests that critical parameters 
should be corrected, and the relationship can be expressed by the 
following formulas: 

Tc=Tm-Cwa (2.13) 

Pc =r c X(x / p d ) / [T e .+ j : 1 ( l -x 1 X^] (2.14) 

r m = i > f 7 ; . ) (2-15) 
z=l 

c = 
V - ' - 7 1 1 / 7 

1 
14.5038 

120xKx, +χ2Γ -Oq +x2rb +15U?·5 -:ci) (2.16) 

where: x2 is the H2S mole fraction in the system and x2 is the C02 
mole fraction in the system. 

2.2.2.2 Carr-Kobayshi-Burrows Correction Method 

This method not only considers corrections of C02 and H2S, but also 
takes the influence of N2 into account. The pseudoreduced critical 
parameters are given as: 

Γ ; = Tpc - MAyC02 + 722yh2S - 138.9y„2 (2.16) 

P'Pc - VVc +3-034yCO2 + 4 . 1 3 7 ^ - 1 . 1 7 2 ^ (2.17) 

where: yCOi, yhiS and yni are C02, H2S and N2 mole fraction in the 
system respectively. 

2.2.2.3 Wichert-Aziz Correction Method [16] 

In 1972, in order to make up defects of common computational 
methods, Wicher-Aziz introduced parameter ε mainly consider-
ing effects of some common polar molecules such as H2S, C02. 
The relationship of Parameter ε can be expressed by the following 
formula: 

ε =15(Μ~Μ2) + 4.167(Ν0 5-Ν2) (2.18) 
where: 

M—mole fraction sum of H2S and C02 in gas mixture 
N—mole fraction of H2S in gas mixture 
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According to Wiehert-Aziz's point of view, the critical temperature 
and critical pressure of each component should be related with the 
parameter ε, and their correction relationships are as follows: 

Tci=Tä-£ (2.19) 

Pa ~ Vci^d I Tci (2.20) 
where: 

7\—critical temperature of component i, K 
Pd—critical pressure of component i, kPa 
Td—corrected critical temperature of component i, K 
P'd—corrected critical pressure of component i, kPa 

Meanwhile, Wicher-Aziz proposed a practical range of pressure 
of correction equation, which is 0-17240 kPa. In addition, it is nec-
essary to correct temperature in the range of pressure application, 
whose relationship is as follows: 

r = T + 1 .94 (p /2760-2 .1x l0" 8 p 2 ) (2.21) 

2.3 Model Optimization 

According to gas compositions in literatures [7, 8], different devi-
ation factors were calculated with DPR, DAK, HY, BB, Cranmer, 
Sarem, Papay, ZGD and LXF models, as well as the GXQ, WA and 
CKB correction methods respectively, and then the comparison was 
made between computational results and experimental results. 
Fluid compositions and characteristic parameters in literatures are 
shown in Table 2.1. 

Critical temperature and critical pressure of heavy components 
in every composition are calculated by Lee-Kesler empirical for-
mula [17]. For critical temperature and critical pressure of mixture 
in each composition, which are obtained using simple mixing rule. 
Finally, comparison results of deviation factor by reach method are 
shown in Table 2.2, Table 2.3, Table 2.4 and Table 2.5. 

Absolute average error is defined as follows: 

ΑΑΌΨο = — Y 
N ^ 

7 - 7 

^ e x p 

x 100 (2.22) 

where: 
Z ,—ca 

cal 

Zex —experimental value of deviation factor 

Zcal—calculated value of deviation factor 

exp 
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Table 2.6 Comparison of deviation factor calculated by different 
methods (ADD%). 

Without 
correction 

WA 
correction 

CKB 
correction 

GXQ 
correction 

DPR 

2.93 

11.41 

6.61 

2.73 

DAK 

2.92 

11.40 

6.49 

2.71 

HY 

2.96 

11.45 

6.46 

2.76 

BB 

2.99 

11.78 

6.62 

2.77 

Sarem 

8.45 

14.84 

8.08 

9.33 

Papay 

9.61 

16.77 

7.83 

9.23 

ZGD 

10.26 

24.56 

12.86 

10.10 

LXF 

20.96 

17.08 

19.79 

21.18 

Jtfp-£xperimfinJal number 
AAD%—absolute average error 
Absolute average errors obtained from comparison between calcu-
lated values and experimental values are shown in Table 2.6. 

Some conclusions can be obtained from Table 2.6: For the accu-
racy of gas deviation factor, results obtained from correction 
methods are commonly more accurate and reliable than empirical 
formulas that are not corrected, which is mainly because the former 
have considered the impact of acid components of sour gas on criti-
cal pressure and critical temperature; In the three correction meth-
ods, it is clear that GXQ Correction method can more effectively 
enhance the precision of gas deviation factor in C0 2 rich nature gas 
reservoirs; Among all empirical formulas, DAK method is the most 
accurate in predicting the compressibility factor, with the absolute 
average error is 2.71%, followed by DPR, HY, and BB methods, 
while Sarem, Papay, ZGD and LXF methods all have larger errors 
and so they are not suitable for determining deviation factor in 
nature gas reservoirs with rich C02. 

2.4 Conclusions 

1. Calculated values of acid gas deviation factor by cor-
rected models are commonly more accurate compared 
with uncorrected models. 
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2. GXQ correction method can more effectively enhance 
the precision of deviation factor compared with WA 
and CBA Correction methods. 

3. DAK model combined with GXQ correction method 
is the best one to predict compressibility factor, fol-
lowed by DPR, HY, and BB methods, while Sarem, 
Papay, ZGD and LXF methods all have larger errors 
and so they are not suitable for determining the acid 
gas deviation factor. 
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Abstract 
New high-pressure and high-temperature viscosity and density val-
ues for pure H2S were measured using a Cambridge oscillating piston 
viscometer and an Anton Paar vibrating tube densimeter, respectively 
Viscosities and densities were measured for temperatures from T = 273 K 
to 423 K, and pressures up to p = 100 MPa covering the sub- and super-
critical region. Within the low density region, our values for densities 
match reasonably well with the existing literature data, and within our 
estimated error of ±1.2 kg m~3, whereas beyond supercritical density 
(pc= 347.28 kg m3), the data showed a larger deviation, of about ±10 kg nr3. 
However, the deviation of such magnitude also discussed in the reports 
by other groups with respect to the high density region. Our viscosity 
data also compared well with the existing experimental data that are lim-
ited to low pressure region. Though the performance of a recent reference 
viscosity model proposed by Schmidt et al. [1] was capable of estimating 
the viscosities of H2S within an A AD of about 5% in relation to our mea-
sured data for all conditions, it generally over-predicted our data, with a 
deviation as large as +15%. For this study, a simple empirical model that 
correlates viscosity with the density is proposed. This viscosity correla-
tion can estimate viscosities of pure H2S within an A AD below 5% for 
Γ = 220 - 483 K and p = 0.1 to 100 MPa. 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
(37-48) © 2012 Scrivener Publishing LLC 
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3.1 Introduction 

There is considerable interest in obtaining reliable physical prop-
erties for injectate gaseous, supercritical and low-viscosity liquid 
fluids over a broad range of conditions (273 < Γ/Κ < 423; 0.1 < pi 
MPa < 100). These conditions span a large range of process, com-
pression and reservoir conditions, e.g., gaseous fluids which are 
compressed and transported as liquid and supercritical injectates. 
Unfortunately, there are significant gaps in the available literature 
data for acid gas fluids, especially for the high-pressure and high-
temperature regions. Fit-for-purpose models suffer from this lack 
of available literature data and even the available data can be either 
inaccurate or studied at industrially irrelevant temperatures and 
pressures. Extrapolations of these models to extreme conditions of 
pressures and temperatures may inadvertently create large uncer-
tainties in estimated values. 

While density and viscosity properties for pure C0 2 and CH4 
appear to have well been established, they were used to assess the 
accuracy and reproducibility of our high pressure measurements. 
The results of these measurements have been reported previously [2]. 
Hydrogen sulfide is an industrial byproduct resulting from the 
sweetening of the natural gas. An option for both carbon and sul-
fur management is the injection of acid gas/mixtures into depleted 
reservoirs, where the design of the acid gas injection (AGI) schemes 
requires accurate knowledge of the thermo-physical properties for 
determining the feasibility of the operation and size of equipment. 
Densities of hydrogen sulfide covering a broad range of experimen-
tal conditions have been reported by several research groups [3-8]. 
In a recent study, Ihmels and Gmehling [8] measured the density of 
H2S using a computer controlled high-temperature high-pressure 
vibrating tube densimeter (DMA-HDT) covering a temperature 
range from T = 273 K to 623 K and a pressure up to p = 40 MPa. 
The accuracy of their density data, particularly at the higher end of 
their experimental conditions, was estimated to be ± 0.3 kg m3. This 
suggests that densities of hydrogen sulfide at sub- and supercritical 
regions seem to have been well established. The viscosity data for 
H2S at industrially relevant conditions are still sparse, particularly 
at elevated pressures. A notable exception, are Monteil et al. [9] who 
have reported some H2S viscosities at high-pressures and tempera-
tures (p = 10 to 50 MPa; Γ = 338 to 413 K) in the late 1960% after 
which no other studies appeared to have been carried out. It should 
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be noted here that the data set from Monteil et al. [9] was discarded 
by a recent reference H2S viscosity model of Schmidt et al. [1] due 
to inconsistency of their data with the rest of the literature data set. 
All the other data [10-17] which were considered to be reliable and 
included in their reference viscosity model, are confined in the low 
pressure region, i.e., either in the gas phase or the saturated liquid. 

The reference viscosity model developed by Schmidt et al. [1] 
was found to deliver superior results to reproduce the existing 
experimental data for H2S. However, due to lack of reliable experi-
mental data at the elevated pressures, their model has not been cali-
brated at high-pressure conditions relevant to acid gas injections 
(T = 273-423 K and p = 10-50 MPa). Therefore, Schmidt et al [1] 
identified regions where additional data for H2S would be required 
to resolve the discrepancies of existing data sets. This supports the 
importance of additional experimental studies for the determina-
tion of viscosities and densities for H2S and other acid gas mixtures 
at elevated temperatures and pressures to broaden the range of 
data and improve the accuracy of the reference models. 

This study intends to expand the literature data to fill the void 
regions by providing the reliable data for density and viscosity of 
H2S covering a wide range of conditions T = 273 - 423 K and p = 0.6 
- 100 MPa. The results are discussed and compared with the exist-
ing literature data. As for H2S viscosity, values at high-pressures are 
compared to the reference viscosity model by Schmidt et al. [1] In 
addition, we propose a viscosity correlation in order to estimate the 
viscosity of H2S over a wide range of thermodynamic conditions. 

3.2 Experimental 

A schematic of the experimental set up has been shown in 
Figure 3.1. The details of the measurement principles and calibra-
tion procedure can be found elsewhere [2]. Only a brief description 
of the instrumentation is given here. An Anton Paar DMA HPM 
vibrating tube densimeter (VTD) was employed to carry out the 
density measurements; whereas, viscosities were measured using 
an oscillating piston viscometer commercialized by Cambridge 
Viscosity Inc.; henceforth referred to as Cambridge viscometer. The 
densimeter has Hastelloy C-276 wetted parts, a working tempera-
ture range of T = 263 to 473 K and a pressure limit of p = 140 MPa. 
The Cambridge viscometer was designed for high-viscosity fluids; 
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Figure 3.1 A schematic of the anton paar vibrating tube densimeter (VTD) and 
an oscillating cylinder Cambridge viscometer system. Component details can be 
found in the text. 

however, by using a hollow cylinder with less tolerance between 
the cylinder and vessel wall, it has been possible to reduce mini-
mum measurable viscosity. The primary advantage of this viscom-
eter is its small internal volume and broad viscosity range, e.g., 
other pistons can be purchased to accommodate very viscous flu-
ids. No modifications other than the installation of high pressure 
0.5μ Supelco Inline Filter upstream of the both instruments were 
made. This small change reduced the need for frequent cleaning of 
the viscometer. 

Before the measurements were made, calibration parameters 
were checked in a regular interval of time using laser grade C0 2 
(PRAXAIR 99.9995%), CH4 (PRAXAIR 99.999%) and C5H12 (BDH 
> 99%). Pure C0 2 was charged using a liquid C0 2 pump (SFT-10, 
Supercritical Fluid Technology) and pure methane was delivered 
using an air operated diaphragm gas compressor (pmax = 75 MPa; 
Supperpressure Inc. 46-14025-1). H2S was charged at a desired 
pressure up to 70 MPa through a custom built SS-316 hydrau-
lic floating piston (ca. 250 cm3). At high-pressures up to 100 MPa, 
fine pressure tuning was achieved by adjusting the stem position 
of the high-pressure autoclave valves. Ethylene glycol hydrau-
lic fluid was delivered using a Waters High Performance Liquid 
Chromatography (HPLC) pump. 
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Pressure was measured via a Hastelloy Honeywell Sensotec TJE 
pressure transducer with a maximum calibrated pressure of p = 140 
MPa. All valves and tubing were SS-316 (pmax = 210 MPa). As shown 
in Figure 3.1, extra autoclave valves were installed for fine tuning 
of pressure, i.e., by displacement of the fluid by adjusting the valve 
stem position. All measurements were completed for static fluids 
after the delivery lines and instruments were flushed at least three 
times with the fluid to be measured. The temperature of the VTD 
unit was controlled using NESLAB RTE-740 circulating baths that 
controls to within ± 0.01 K from T = 233 to 473 K. Temperature was 
measured at the VTD using an internal platinum resistance ther-
mometer, PRT, and a second PRT (100 Ω, 3 wire) inserted into the 
face plate between the unit inlet and outlet. This second PRT was 
previously calibrated using the triple point of pure water and melt-
ing point of pure indium (99.9999%) according to ITS-90 (TtHO = 
273.16 K; TM/In = 429.7185 K) [18]. The calibrations for both PRTs 
were checked by slowly melting distilled water which had been 
frozen inside the VTD. The inflection in density/time period upon 
melting was within ± 0.02 K for both PRTs. The temperature of the 
viscometer was controlled using a Julabo-F12 bath that has a range 
of T = 253 to 463 K and a stability of ± 0.03 K. The viscometer tem-
perature was measured with a built-in resistant temperature detec-
tor (RTD) mounted to the base of the Inconel-718 measurement 
chamber. 

3·3 Results and Discussion 
As stated earlier, the performance of the instruments including the 
accuracy and reproducibility of the measurements previously have 
been assessed and discussed in detail [2]. Based on our earlier work 
with pure C0 2 and CH4, the Cambridge Viscometer was found to 
be accurate within an uncertainty of 2 to 6%, where as the VTD 
measurements were within 1.2 kg m 3 for the entire range of tem-
peratures and pressures covered in this study ( T = 273 to 423 K and 
p < 100 MPa). 

Figure (3.2) shows the density isotherms measured at T = 273, 
323, 373 and 423 K and at pressures up to p = 100 MPa. The figure 
also shows the calculated values derived from the reference equa-
tion of Lemmon and Span EoS [6]. An A AD of 0.9% was observed 
for the density of H2S. However, we note here that the uncertainty 
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Figure 3.2 Density isotherms for hydrogen sulfide. ( · ) , this work at T = 273 K; 
(♦), this work at T = 323 K; (A), this work at T = 373 K; (■) this work at T = 423 K; 
( ), calculated densities from Lemmon and Span Equation of State (EoS) [6]. 
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Figure 3.3 The relative difference between the experimental and calculated H2S 
densities. Calculated densities are from Lemmon and Span; [6] ( · ) , this work at 
Γ = 273 K; (♦), this work at T = 323 K; (A), this work at T = 373 K; (■) this work 
at T = 423 K; (), Reamer et d. [3]; (+), Lewis and Fredericks [4]; (x), Liu [5]; (*), 
Ihmels and Gmehling [8]; (O), Sakoda and Uematsu EoS [7]. 

of the values calculated from the reference equation of Lemmon and 
Span [6] is reported to be as large as 0.4% in the vapor phase and 
1% at or above supercritical temperature. Additionally, Figure (3.3) 
displays the comparison of our data with some of the available lit-
erature data in terms of density difference plot. As can be seen, our 
data below the supercritical density (pc = 347.28 kg m3) lie within 
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the expected uncertainty of 1.2 kg m3. However, the uncertainty 
was found to be as large as 10 kg m~3 at higher densities. In par-
ticular this deviation is more appartent at and beyond supercritical 
region (T. = 373.05 K and pc = 9.0 MPa). The literature data shows 
deviations of similar magnitude at high pressures. The densities 
calculated from using Säkoda and Uematsu EoS [7] also show large 
deviations from the one calculated from Lemmon and Span EoS 
[6] at and beyond the supercritical region. As for our data, a better 
accuracy of the results can be achieved by a larger averaging the 
oscillation time periods; whereas, the current work uses the time 
period averaged reported by the Anton Paar instrument to calcu-
late the density. As expected, larger deviations were observed near 
the critical point because of the strong pressure dependence on the 
densities in this region. A similar observation was made by Ihmels 
and Gmehling [8] during the calibration of their vibrating tube den-
simeter (DMA-HDT). They reported an error of about ± 2% in the 
region near the critical point. 

Figures (3.4) shows viscosity isotherms for H2S measured at T -
273, 323, 373 and 423 K and pressure up to p = 100 MPa. The solid 
lines show the results of simple empirical viscosity correlation dis-
cussed later in this section. Our data compare reasonably well to 
the limited data available in the literature within the quoted uncer-
tainties. As mentioned earlier, outside of the co-existence liquid 
and low pressure vapor regions, there are no other reliable H2S 
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Figure 3.4 Viscosity isotherms for hydrogen sulfide. ( · ) , this work at T = 273 K; 
("), this work at T = 323 K; (♦), this work at T = 373 K; (■) this work at T = 423 K; 
( ), calculated viscosities isotherms from the viscosity correlation based on 
equation (3.1) for T = 273, 298, 323, 348,373 and 423 K (from top to bottom). 
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viscosity data to compare with. Despite of the limited experimental 
data, Schmidt et al. [1] recently developed a reference model that 
can predict viscosities for H2S in a wide range of temperatures and 
pressures with a special focus on the industrially relevant operating 
conditions, e.g., for acid gas injection schemes (p = 0.1 to 75 MPa and 
Γ = 273 to 423 K). The author reported that their model can deliver a 
reasonable performance for pressures up to p = 10 MPa and further 
indicated that an extrapolation beyond this pressure may show a 
deviation as large as ± 20%. Despite their report for larger devia-
tions at higher pressures, we observed a close match between our 
experimental values and the predicted values from the reference 
viscosity model by Schmidt et al. [1] at all pressures within an AAD 
of 5.2%. However, we note here that the model of Schmidt et al. [1] 
under-predicted our experimental viscosities in general. 

To provide an updated estimation of H2S viscosity, a simple 
empirical viscosity model was optimized for all the experimental 
data available in the literature, including the entire data sets from 
the current work. As the viscosity of a fluid (η) is a strong func-
tion of the density (p) and reciprocal of temperature, we employed 
equation (3.1) for H2S viscosity correlation that is explicit in p, 

—— \ = a()+aA— exp a7+—-— + *__ · L 1_ 
[μΡαβ) ° \KJ F[V 0710 (T/Kf) [kgm* ) \ 

(3.1) 
where aQ through a4 (a0 = 5.448325, αλ = 0.022148, a2 = 0.002784, a3 = 
0.007225, a5 = 72.73416) are temperature and density independent 
fitting coefficients. The density, r, is calculated using of Lemmon 
and Span [6]. These tuned coefficients are valid for the conditions 
from T = 221 to 483 K and p = 0.1 to 100 MPa. The results of the 
model performance are shown in Figures (3.4) and (3.5). The vis-
cosity correlation estimated the viscosities of H2S reasonably well 
within the stated range of validity. The viscosity correlation agrees 
to all data set slightly better than that of the predicted values from 
the reference equation of Schmidt et al [1] with an average absolute 
deviation below 5%. In general, our data shows larger deviation 
for small viscosities (η < 20 μPa s), see Figure (3.5) for the viscosity 
deviation plot. 

The estimated error is found to increase at low viscosities as the 
cylinder travel time is very small at low density gas, thus increas-
ing the variance within averaged measurements. The performance 
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Figure 3.5 The relative deviations of the experimental viscosities from the one 
calculated using viscosity correlation (equation (3.1)) developed for H2S in this 
work. Closed symbols: the experimental data from this work for the conditions 
identified in Figure (3.4); (+), from ref. (10); (0), from ref. (11); (■), from ref. 
[12,13]; (x), from ref. [13,14]. 
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Figure 3.6 Viscosity plotted as a function of temperature for selected isobars to 
demonstrate the performance of the proposed viscosity correlation described 
in this work. ( ), isobaric curves for p = 0.1,1,10,15,20,50, 75 and 100 MPa 
(from bottom to top); ( ), equilibrium phase curves; ( · ) , this work at p = 100 
MPa; (■), this work at p = 75 MPa; (♦), this work at p = 50 MPa; (A), this work 
at p = 20 MPa; (O), this work at p = 10 MPa; (Δ), low pressure viscosity data from 
this work; (+), Rankin and Smith [10]; (0), Hennel and Krynicki [11]; (*), Pal and 
Barua [12]; (D), Pal and Bhattacharya [13]; (x), Bhattacharya et a\. [14,15]. 



46 SOUR GAS AND RELATED TECHNOLOGIES 

of the proposed viscosity correlation for H2S is further illustrated 
in Figure (3.6) with few selected isobaric curves, equilibrium phase 
curves along with the available experimental data. 

3.4 Conclusions and Outlook 

The thermo-physical properties of pure H2S, some acid gas mix-
tures and sour gas mixtures are of great importance for the design 
of high pressure acid gas injection schemes. Previous to this work, 
the literature data available for pure H2S were confined to the low 
pressure region and there remain no studies to be found for the 
mixture of acid and/or sour gas mixtures at industrially relevant 
conditions. Recently, a reference viscosity model was developed by 
Schmidt et ah [1] using the generalized friction theory to estimate 
the viscosity of H2S for a broad range of conditions. Their model 
was shown to accurately reproduce the available experimental 
viscosities for H2S within the stated uncertainties of the respective 
experiments; however, the reference model could not be tested at 
high pressures due to aforementioned reason. With the aim to fill 
the void regions, we have conducted experiments to deliver reliable 
results on viscosities and densities for H2S at elevated temperatures 
and pressures (Γ = 272 to 423 K and p = 0.6 to 100 MPa). Our val-
ues for density, particularly at low density region, compared very 
well with the available literature data. Our data showed a larger 
deviation (δρ = ± 5 kg m3) at and beyond the supercritical region. 
Similar observations were made by other studies beyond the super-
critical density of H2S. As for the viscosities of H2S, our values are 
in line with existing experimental viscosities and also with the 
estimates of Schmidt et ah [1] reference model as well. Though the 
match between our experiments and reference viscosity model of 
Schmidt et ah [1] for all pressures and temperatures is within the 
quoted uncertainty of both works, their values were found to over-
predict our experimental results at all conditions in general. For an 
estimation of H2S viscosity, a simple empirical viscosity model was 
developed and reported in this work which can be used to calculate 
viscosities for H2S within an average absolute deviation below 5% 
for conditions T = 221 to 483 K and p = 0.1 to 100 MPa. For future 
work, we have begun to measure the thermo-physical properties 
for acid gas mixtures at conditions that are applicable to the design 
of acid gas injection schemes. 
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Abstract 
The solubility of methane in propylene carbonate has been measured over 
a range of temperatures from 244 to 373 K. Pressures varied between 0.1 
and 11.2 MPa. The data were correlated using the Peng-Robinson equation 
of state, and values of the binary interaction parameters were obtained 
from the experimental data. Using the expressions relating the binary 
interaction parameters with the parameters of the Krichevsky-Ilinskaya 
equation, Henry's constant for the solute was obtained. The calculated 
Henry's constant obtained in this study is compared with previously 
reported Henry's constants. 

4.1 Introduction 
Over the years, a number of removal techniques have been pro-
posed to remove acid gas components (H2S and C02) from gas 
streams. One technique is to use propylene carbonate to strip these 
components from the gas stream. There is a large amount of pub-
lished solubility data for carbon dioxide and hydrogen sulfide in 
these solvents. This is, however, not the case for the solubility of the 
hydrocarbon components. 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
(49-56) © 2012 Scrivener Publishing LLC 
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The solubility of the light hydrocarbons in propylene carbonate 
is important, as the dissolved hydrocarbons constitute a loss to the 
process, and may result in hydrocarbon emissions to the atmo-
sphere. Despite this importance, there are only a limited number 
of experimental data sets dealing with the solubility of the hydro-
carbons in propylene carbonate. This work is a continuation of the 
experimental work performed by this laboratory on the solubility 
of light hydrocarbons (particularly methane) in acid gas removal 
and gas dehydration solvents [1-9]. 

The physical properties of propylene carbonate allow for the 
acid gas removal process to operate at low temperatures which has 
been proposed to enhance acid gas removal design considerations 
and operations. Lower operation temperatures can reach 245 K 
while stripping temperatures are usually limited to 365 K due to 
solvent and acid gas solute stability issues [10]. Limited solubility 
data are available in the literature for hydrocarbons in propylene 
carbonate. In the case of methane, the only available data have been 
measured in the limited temperature range of 283-323 K. Recently, 
this laboratory has expanded the solubility data set over the tem-
perature ranges found in acid gas removal processes using propyl-
ene carbonate [11]. 

There are four experimental data sets available in the open lit-
erature for the binary methane - propylene carbonate system. Rusz 
[12] and Shakhova and Zubchenko [13] experimentally determined 
the solubility of methane at elevated pressures while Lenoir et al. 
[14] and Parcher et al. [15] determined the Henry's constant by gas 
chromatography at a number of temperatures. 

4.2 Results and Discussion 

The apparatus and experimental technique that were used are simi-
lar to those described by Jou et al. [16]. The solubility of methane in 
propylene carbonate was measured at the temperatures of (244.26, 
248.15, 255.37, 266.48, 273.15, 298.15, 333.15 and 373.15) K and at 
pressures up to 11.2 MPa. The experimental data are shown in 
Figure 4.1. 

The equilibrium data were correlated in the manner described 
by Jou et al. [9]. The method requires that an equation of state valid 
for the solvent and dilute solutions of the solute in the solvent be 
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Figure 4.1 Experimental data for the Propylene Carbonate (1) + Methane (2) 
system compared with correlated values using the Peng-Robinson equation of 
state. 

available. The Peng-Robinson [17] equation of state was used in the 
calculations. The parameters a12 and b2 of methane were obtained 
from the critical constants presented in Rowley et al. [18]. 

The parameters an and b1 for propylene carbonate were obtained 
over the complete temperature range with the vapor pressure and 
liquid density equations and their associated parameters which 
were obtained from the compilation of Rowley et ah [18]. The iso-
thermal flash routine algorithm presented by Whitson and Brule 
[19] was used to calculate the solubility of methane at each tem-
perature and pressure of interest. The binary interaction parameter, 
fc12, which appears in the mixing rule of the equation of state: 

au=(ana22)V2(l-kl2) (4.1) 

was iteratively modified until the deviations between the calcu-
lated liquid mole fraction and the experimental value were less 
than the set tolerance. 
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Values of fc were found to have a slight dependence on temper-
ature and the model reproduces the experimental data quite well. 
The other two experimental data sets, Rusz [12] and Shakhova 
and Zubchenko [13], are plotted in Figure 4.2 with the results cal-
culated from the Peng-Robinson equation of state and the binary 
interaction parameter obtained in this investigation. As can be 
seen, the results obtained in this investigation match the data of 
Shakhova and Zubchenko [13] quite well with some deviations 
at higher pressures. The data of Rusz [12] are inconsistent with 
both the data obtained in this investigation and those of Shakhova 
and Zubchenko [13]. According to Clever and Young [20] there 
was not an exact procedure for calculating the solubility of this 
data set. The obtained binary interaction parameter calculates 
the solubility of methane in propylene carbonate determined by 
Shakhova and Zubchenko [13] to within a similar deviation as the 
new data set. 

Bender et al. [21] have shown the connection between the Peng-
Robinson equation of state, the binary interaction parameter and 
the three parameters in the Krichevsky-Ilinskaya equation. This 
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Figure 4.2 Experimental data for the Propylene Carbonate (1) + Methane (2) 
system of Rusz [12] and Shakhova and Zubchenko [13] compared with correlated 
values using the Peng-Robinson equation of state. 
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equation is discussed in the book by Prausnitz et al. [22] and is 
given by: 

In \f2/x2 = lnff21 + 
vr(P-Rs) . A 

RT - + -RT 
{x\-D (4.2) 

The three parameters are the Henry's constant, H21, the partial 
molar volume at infinite dilution, and the Margules parameter, 
A. Schmidt [23] has corrected the equations which relate these 
parameters to the binary interaction parameter in the Peng-
Robinson equation of state. The obtained Henry's constant for 
methane in propylene carbonate is plotted in Figure 4.3 for com-
parison with those obtained by Lenoir et al. [14] and Parcher et al. 
[15]. The calculated Henry's constants are closer to those obtained 
by Parcher et al. [15] than to those obtained by Lenoir et al. [14]. 

The Henry's constant for methane has a maximum, indicating 
that the solubility of methane has a minimum at around 333 K. At 
lower pressures (P < 7 MPa) the solubility of methane in propylene 
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54 SOUR GAS AND RELATED TECHNOLOGIES 

carbonate can almost be considered independent of temperature. 
The effect of temperature increases at higher pressures. 

4.3 Nomenclature 

a parameter in the Peng-Robinson equation, 
Pa-m6/mol2 

A Margules parameter, J/mol 
b parameter in the Peng-Robinson equation, cm3/mol 
\ fugacity of componen t i in a mixture , MPa 
H21 H e n r y ' s constant of solute 2 in solvent 1 at V[, M P a 
k12 b inary interaction pa ramete r in the Peng-Robinson 

equation 
if pressure of component i, MPa 
P pressure, MPa 
R gas constant, J/mol-K 
T absolute temperature, K 
z;~ partial molar volume at infinite dilution, cm3/mol 
x. mole fraction of component i in the liquid phase 
y. mole fraction of component i in the vapor phase 
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Abstract 
Next to native intelligence and critical thinking, perhaps the most power-
ful tool an engineer can bring to bear on a gas treating problem is a reli-
able, proven, fundamentals-based process simulator. Troubleshooting gas 
treating plants can be challenging. Failure to treat products to specifica-
tion can be triggered by multiple layers of problems. Besides the equip-
ment disappearing due to corrosion, there are also problems with fouling, 
plugging, carryover, and foaming. In addition, amine units have chemical 
reactions that need to be well understood before some difficulties yield 
to analysis. Indeed, the tough-to-solve problems in gas treating are often 
rooted in either process chemistry or surface chemistry. 

This paper deals first with a real process operations troubleshooting 
case study, in which the root causes of malperformance were really quite 
simple, but evaded detection for quite some time. The second focal point 
is an understanding of how MEA and piperazine-promoted MDEA per-
form in C02 removal in an NGL plant, an ammonia plant, and a C02 
capture facility. To uncover the fundamental behaviors in these cases, the 
treating unit had to be analyzed from a holistic perspective, considering 
all of the equipment in the plant and all of the factors influencing tower 
performance, as well as the condition of the solvent. When interpreted 
from this vantage, the important factors become glaringly obvious. In 
particular, it is shown how utilizing a model that can account for the 
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real chemistry of contamination (dirty solvents) and actual mass transfer 
hardware removes significant guesswork from both troubleshooting and 
unit design. 

The interpretation of column temperature and composition profiles is 
shown to be an effective tool in analyzing gas treating plants. Accounting 
for the real column internals as they actually exist in the plant eliminates an 
opaque shroud of uncertainty simply because "guessing" overall tray effi-
ciencies, Murphree vapour efficiencies, numbers of ideal stages, residence 
times per theoretical stage, and stage thermal efficiencies do not form part 
of a genuinely mass-transfer rate based simulation model. Several aspects 
will be explored that are quite revealing. Learning whether a treating 
plant is lean-end pinched, rich-pinched, or bulge-pinched can often point 
the way to solutions to problems, in addition to providing a significantly 
improved understanding of performance. 

5.1 Introduction 

Developing a good understanding of the behaviour and perfor-
mance of any gas treating plant depends on being able to look at 
the plant in its entirety as opposed to focusing too soon on some 
specific detail or set of details. This is especially the case in trou-
bleshooting, but it applies equally well even to grass roots plant 
design. The foundational footing for this discussion is the kind of 
mass transfer rate simulation that creates a virtual plant on a com-
puter. This virtual plant is a digital image of the real plant on a 
scale and to a level of detail that permits performance and behav-
iour to be examined as under a microscope. As will be seen, what 
such a model is capable of revealing can be quite intricate and 
detailed, and very satisfying from an engineering science perspec-
tive. Perhaps of more pragmatic importance, it can lead inexorably 
to the solution of a difficult troubleshooting exercise, on the one 
hand, or to the selection of correct operating conditions for a new 
plant on the other. The discussion centres around two case stud-
ies. The first is a refinery fuel gas unit in which the heat stable salt 
(HSS) levels revealed by solvent analysis had a profound effect on 
the H2S content of the treated fuel gas. Here, chemistry played a 
key role. The second set of cases was concerned with CÖ2 removal 
in an LNG plant, an ammonia plant, and a C0 2 capture plant, all 
inextricably linked by the commonality of a fairly reactive solvent, 
namely, piperazine-promoted MDEA or generic MEA. 
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5-2 Clean Versus Dirty Solvents: Heat 
Stable Salts 

A refinery MDEA fuel gas treater was experiencing a steady decline 
in treating performance. Prior to February 2005, the amine contac-
tor was consistently treating H2S down to levels of 1-3 ppmv in the 
vent gas. From February to May of 2005, the H2S gradually increased 
to around 17 ppmv in the treated gas. After ruling out foaming and 
lean/rich exchanger leaks as potential causes, the plant contacted 
their corporate Treating/Sulfur Processing Network for trouble-
shooting and simulation assistance. 

Table 5.1 presents a summary of the absorber feeds and opera-
tional data. To facilitate the troubleshooting effort, a feed gas sam-
ple was analyzed by gas chromatography. Lean and rich amine 
samples were taken concurrently for strength and loading analysis. 
Table 5.2 provides further analytical breakdown of the lean amine 
solution over time from ion chromatography analysis. In looking at 
just the data in Tables 5.1 and 5.2, a number of explanations could 
be formulated to explain the deterioration in performance, among 
them: 

1. The Absorber was overloaded and rich-amine-loading 
pinched, 

2. Lean amine feed temperature increased as ambient 
temperature climbed from February to May, 

3. Regenerator performance declined as indicated by the 
lean loading increase. This could have been caused 
by a host of potential causes, among them: tray dam-
age, exchanger fouling, lower reboiler heat input, or 
decreased heat stable salts. 

The picture was further complicated by the results of initial 
material balance screening calculations around the absorber which 
showed a nominal 30% inconsistency between the measured rich 
amine loading and the rich amine loading that would result from 
a material balance using the inlet gas composition and the metered 
feed gas and rich amine flows. Consequently, two sets of simulations 
were developed for the system based upon the assumptions that 
either flow and GC data, or lean and rich amine lab loadings, were 
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Table 5.1 Absorber feed and treating performance summary. 

Parameter 

Temperature (°F) 
Pressure (psig) 
Flowrate 

(MMscfd) 
Composition 
(Dry Mole %) 

H2S 
co2 
H2 
N2 
CH4 

C2H4 

C2H6 

C3H6 

C3H8 

Lean Amine 
Flowrate (gpm) 
Lean Loading 

(mole/mole) 
H2S 
co2 
Total 

| Temperature (°F) 

May 2005 operations 
Absorber 
feed gas 

100.5 
174.3 
54.5 

LabGC 

17.04 
1.21 

11.04 
3.65 

39.28 

3.43 
15.02 

1.98 
3.18 
2.47 

Absorber 
treated gas 

115.3 
172.4 
Not 

Available 
Online GC 

17 ppmv 
0.104 

17.7 
3.25 

49.3 

4.1 
17.0 
2.37 
3.94 
2.18 

847-853 

0.0046 
0.0009 
0.0055 

115 

February 2005 operations | 
Absorber 
feed gas 
99-100 

176 
53.5-55.5 

LabGC 

Not 
Available 

Absorber 
treated gas | 

108-110 
178 
Not 

Available | 
Online GC 1 

1-3 ppmv 
0.11-0.12 

20.4-20.8 
2.5-2.7 

46.5-46.9 

4.8-5.0 
16.8-17.0 
2.8-2.9 
2.8-3.0 
2.4-2.5 

766-772 

0.0007-0.0010 
Not Available 
Not Available 

108.6-110.0 

correct. Table 5.3 presents further operating data around the absorber 
and principle regenerator on the circuit under these two assumptions 
outlined above together with a number of simulation results. 

Figure 5.1 provides an overview of the amine system together 
with some data pertinent to the May, 2005 operation (see Table 5.3). 
It was fortuitous that this particular unit was well instrumented. 
A number of the absorber trays had thermocouples located in the 
liquid flow path to establish an internal temperature profile (see 
Table 5.3). The rich amine temperature was also known allowing 
the absorber energy balance to be used to reconcile the plant data. 
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Table 5.2 Lean amine analyses by ion chromatography 
Date of sample 

Component 
Free amine (wt%) 
Bound amine (wt%) 
Total amine (wt%) 

Ions, ppmw 
Sodium (Na+) 
Formate (HCOO) 
Acetate (CH3COO") 
Chloride (Cl") 
Sulfate (S04") 
Thiosulfate (S203=) 
Thiocyanate (SCN") 
Total Anions 
Cation Equiv. 

(meq/g) 
Anion Equiv. 

| (meq/g) 

1DEA (% of total 
amine) 

11/10/04 

40.7 
2 

42.70 

1,573 
7,768 

885 
46 

0 
38 

4,184 
12,921 
0.2365 

0.2617 

0.9 

12/8/04 

42.5 
1.8 

44.30 

1,044 
7,935 

672 
87 
0 

27 
1,844 

10,566 
0.1966 

0.2225 

1.3 

1/12/05 

37.5 
1.4 

38.90 

1,336 
7,263 

605 
72 
0 

60 
755 

8,754 
0.1757 

0.1878 

1.2 

2/9/05 

40 
1.1 

41.10 

1,401 
6,406 

591 
54 

0 
0 

638 
7,689 

0.1533 

0.1649 

1.2 

3/9/05 

44.1 
1.3 

45.40 

1,461 
6,159 

370 
57 

0 
43 

665 
7,293 

0.1728 

0.1570 

0.9 

4/13/05 | 

42.3 
0.9 

43.20 

1,212 
4,864 

463 
42 

0 
198 
378 

5,945 
0.1283 

0.1272 

1.2 

The amine loading change across the regenerator could also be 
found from the rich amine flow to the regenerator and metered acid 
gas rate. 

Simulations (Table 5.3) of May operations were run for two sets 
of conditions using a number of tools to evaluate the operating 
data. For the sake of brevity, only the results from the ProTreat® 
simulator are shown. ProTreat is the name of a commercial mass 
and heat transfer rate based amine simulator capable of account-
ing for the effect of specific HSSs and other ions on treating. It uses 
rigorous mass-transfer-rate calculations to evaluate absorber and 
regenerator performance on an actual tray basis. 

It was immediately clear from running ProTreat that the metered 
gas flow rate was in error. Referring to Table 5.3, the metered feed 
gas flow led to an unrealistic temperature profile as well as C0 2 and 
H2S slip. It was also found as noted in Table 5.3 that the Regenerator 

®ProTreat is a registered trade name of Optimized Gas Treating, Inc. 
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Table 5.3 Simulation comparison to may 2005 plant data. 

Parameter 

Absorber tray No. 

30 (Top) 
25 
20 
11 
7 
3 
1 (Bottom) 

H2S leak (ppmv) 
C0 2 slip (%) 

Lean mole loading 
H2S 
co2 
Total 

Rich mole loading 
H2S 
co2 
Total 
Total per Reg MB1 

Simulations per GC 
and metered gas 

feed 

May/05 
Data 

Protreat® 

Tray temperatures (°F) 

115.3 
115.4 
116.5 
117.2 
121.2 
142.7 
144.9 

17 
6.9-7.6*/33.0 

Lab 
0.0046 
0.0009 
0.0055 

Lab 
0.446 
0.022 
0.468 

0.46-0.47 

119.1 
153.2 
175.2 
177.2 
177.2 
174.0 
159.3 

5,610 
69.6 

0.0022 
0.0003 
0.0025 

0.638 
0.015 
0.653 

Simulations per 
lab H2S loads and 
material-balanced 

gas feeds 

Protreat ProTreat 
w/oHSS& 

Na 

Tray temperatures (°F) 

115.2 
115.5 
115.9 
116.9 
118.5 
138.6 
147.6 

15 
32.6 

0.0023 
0.0005 
0.0028 

0.446 
0.022 
0.468 

115.2 
115.5 
116.0 
116.9 
118.4 
138.3 
147.6 

23 
32.3 

0.0079 
0.0010 
0.0089 

0.453 
0.022 
0.475 

*per GC analysis; C02 slip is 33% per loading measurements. 
^Indicates total loading obtained via a material balance around the regenerator. 

acid gas balance was in agreement with a lower Absorber feed 
flowrate. The evidence was fairly convincing that the feed gas flow 
meter was reading some 30% high. However, we still have not 
explained why the treating performance deteriorated. 

To answer this question, a sensitivity analysis was conducted 
using ProTreat. The following variables were changed in cumula-
tive succession from the May, 2005 calibration model to conditions 
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6-ft Pump around condenser with 
Lean amine from paralled regenerator 10-ft 2"Pall rings plus 2 

Figure 5.1 PFD of fuel gas circuit. 

corresponding to February, 2005 operations, and the results are pre-
sented in Table 5.4: 

1. Lean amine temperature and to a lesser extent, feed 
gas temperature were dropped, 

2. Amine strength was raised, 
3. Regenerator reboiler steam was increased nominally 

by 10%, 
4. Heat stable salt and sodium ion concentrations were 

increased. 

The results suggested that the lean amine temperature increase 
from February to May played at most a very slight role in hinder-
ing treating performance. The higher amine strength in February 
would have worked marginally in the wrong direction, increasing 
both the lean loading and the H2S leak from the absorber; whereas, 
both were actually lower in February than in May. This suggested 
that the contactor's treating performance was not limited by a rich 
end loading pinch. However, in practice the rich loading must be 
limited to minimize corrosion in the carbon steel equipment. The 
reboiler steam rate was higher in February than in May, and ProTreat 
predicted that this would have quite a positive effect on the H2S leak 
and the lean loading of H2S. However, even the increased reboiler 
duty was insufficient to reduce the H2S leak to match the measured 
February performance. Furthermore, tower hydraulic rating indi-
cated that the regenerator already operated close to jet flood in both 
February and May (-80% at 0.65 system factor), which constrains 
the increased steam flow that could be used to reduce emissions. 
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However, when the HSSs and sodium contaminants per the detailed 
solution analysis were included in the solvent description, Table 
5.4 shows that ProTreat predicted very nearly the exact performance 
observed in February. The observed H2S leak was 1-3 ppmv versus 
a predicted leak of 4.6 ppmv; predicted 31.5% C0 2 slip versus 33% 
measured; predicted 0.0006 H2S lean mole load versus 0.0007-0.001 
observed lean load. The high HSS level in February, combined with 
a higher reboiler steam flow, allowed the plant to produce 3 ppmv 
H2S gas. The drop in HSS level hurt plant performance^. Another simula-
tion tool (without HSS and Na chemistry capabilities) missed both 
the reboiler steam benefit and the HSS effect. It also predicted a C0 2 
slip significantly greater than observed. 

Lessons Learned 
1. A simulation can only be as accurate as the data on 

which it is built. In this particular case study, the sim-
ulation itself (through the temperature profile), pro-
vided a measure of verification. 

2. Complete solution ion chemistry must be taken into 
account for accurate modeling of treating down to low 
H2S levels at low lean loadings. If the solvent contains 
contaminants, the simulation must account for the 
actual contaminants. 

3. It is insufficient just to have an accurate absorber 
model. Rigorous mass transfer rate simulation for 
the regenerator is absolutely critical to predict plant 
performance accurately. Thus, a holistic approach is 
necessary. 

5.2.1 C 0 2 Removal Using MEA, and MDEA 
Promoted With Piperazine 

MDEA does not react with C02, so as the sole amine constituent of 
a solvent, it has very limited ability to remove C02. At best, MDEA 
might be said to catalyse C0 2 hydrolysis by providing a more alka-
line environment than water, i.e., a higher hydroxyl ion concentra-
tion to hydrolyse C02, but real lack of reactivity makes it incapable of 
removing C0 2 quickly. For this reason it simply cannot reduce C0 2 to 
low concentrations. This makes it an excellent choice for slipping C0 2 
but a bad choice even for moderately deep C0 2 removal. Piperazine, 
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on the other hand, reacts extremely rapidly with C0 2 (some 10 times 
faster than MEA) which makes it an excellent promoter when used 
in relatively small concentrations with MDEA. Thus, piperazine pro-
moted MDEA is a very commonly used solvent in LNG, and syngas 
(hydrogen and ammonia plant) applications. It is offered by all the 
major solvent vendors under a variety of trade or brand names. 

5.2.2 Piperazine-promoted MDEA in an 
Ammonia Plant 

It has already been established12 that there is a boundary limiting the 
stable operating region in the sense that there is an operational cliff 
when using piperazine-MDE A blends too close to this boundary. For 
example, in the ammonia-plant two-stage syngas absorber shown in 
Figure 5.2, operating the unit at higher and higher serai-lean tempera-
tures leads to the performance curve shown in Figure 5.3. 

As long as the semi-lean temperature is kept below about 78°C, 
the treated gas will more than meet a 500 ppmv C0 2 treating spec-
ification, and by a wide margin. But it is not possible to operate 
this unit with a semi-lean feed much above 78°C stably because the 
Lean Absorber goes immediately from being lean-end to rich-end 
pinched. This can be seen in the two temperature profiles shown 
in Figure 5.4 where the semi-lean temperatures are separated by 
only 0.25°C. When the semi-lean temperature is slightly too high, 
the bulk absorber cannot adequately handle the C0 2 load and the 
excess C0 2 spills over into the Lean absorber, immediately over-
whelming it into a rich-end pinch condition and sending the C0 2 
in the final treated gas from 10 ppmv to some 700 ppmv. Operation 
with a semi-lean temperature of 78°C is completely unstable in the 
sense that even the slightest variation of inlet C0 2 content, solvent 
rate, gas rate, or temperature in the wrong direction would cause 
the outlet gas to go completely off specification. 

As shown in References 1 and 2, this can also occur in LNG appli-
cations using piperazine promoted MDEA where a slight reduction 
in solvent flow too close to the stable operating limit can send the 
treated gas from a few ppmv C0 2 to well over 1,000 ppmv. This 

1 Weiland, R.H. and Hatcher, N.A., Foundations of Failure, Hydrocarbon Engineering, 
December (2011). 
2 Weiland, R.H. and Hatcher, N.A., Stable Operating Limits in Amine Treating Units, 
Proceedings of the Lawrence Reid Gas Conditioning Conference, Norman, Oklahoma, 
February, 2011. 
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Figure 5.2 Two-Stage absorber for C02 removal in an ammonia syngas plant. 
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Figure 5.3 Effect of semi-lean temperature on performance of the two-stage 
absorber shown in figure 5.2. 
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Figure 5.4 Transition from (a) Lean-end to (b) Rich-end Pinch Conditions in an 
Ammonia Syngas Lean Absorber. 

kind of behaviour is apparently well-known, at least to the more 
astute solvent vendors and process licensors, but despite engineer-
ing contractors being repeatedly warned and encouraged not to 
provide designs that are too tight, winning a bid often takes prece-
dence, with the result that plants are still being designed with built-
in instabilities. But this is not the only kind of plant performance 
behaviour that can be found with piperazine activation. 

5.2.3 Post-combustion C 0 2 Capture 

Figure 5.5 shows the processing scheme. The plan is to remove 
90% of the C0 2 from the entering flue gas and the engineers were 
interested in exploring the extent to which reboiler duty (regenera-
tion energy) depends on solvent circulation rate. The absorber con-
tained 10 m of structured packing with specific surface area roughly 
250 m2/m3. The cross exchanger was to operate with a 10°F temper-
ature approach. When a series of simulations was run over the sol-
vent flow range from 1,800 to 6,000 gpm and the reboiler duty was 
adjusted on each one to achieve 90% removal, the rather unusual 
looking curve shown in Figure 5.6 was obtained. There are two 
minima, a maximum, and two asymptotes at the far left and right 
hand sides. The engineers conducting the study initially believed 
that the ProTreat® simulator predictions were in gross error. They 
expected to see a single minimum in the reboiler duty followed by 
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Figure 5.5 C02 capture pilot plant. 
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Figure 5.6 How reboiler duty and solvent flow rate interact to achieve 90% C02 
removal in carbon-capture Pilot Plant. 

a steady increase in reboiler energy input based upon results from 
an equilibrium stage, efficiency based simulator. 

The reason for this seemingly strange behaviour is that the 
absorber moves from a rich-end pinch condition at the far left of 
Figure 5.6, which is the desired mode of operation for carbon cap-
ture, to a lean end pinch at the right. At the right hand side, far 
too much solvent is being used for only 90% C0 2 removal: this is 
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more typical of a conventional MEA column used to treat to low 
C0 2 levels, except that here the reboiler duty is much reduced so 
that the equilibrium partial pressure of C0 2 over the lean solvent is 
close to what is needed to remove only 90% of the C02. The regions 
marked A, B, and C in the figure signify regions where it might 
be worthwhile to look at temperature profiles for clues.3 That the 
combination of low reboiler duty and low solvent rate is an effi-
cient way to remove 90% of the C0 2 is no surprise—the rich end 
pinch produced by low solvent flow is used to limit C0 2 absorp-
tion. However, why does a higher solvent flow eventually require 
more reboiler energy to be expended? The answer is, that as solvent 
flow increases, the temperature bulge spreads to much of the inte-
rior of the column making the centre region so hot it can do less 
absorbing, thereby leaving more C0 2 in the gas, unless, that is, the 
solvent gets stripped cleaner by more reboiler steam. At point B the 
bulge temperature is nearly 170°F and only the ends of the column 
are effective in removing C02. As the solvent rate goes still higher, 
beyond the peak at 4,000 gpm, the bulge continues to move down 
the column and treating becomes increasingly lean-end pinched. 
Under lean-end pinch conditions, solvent lean loading controls the 
outlet C0 2 concentration and higher and higher lean loadings are 
adequate for treating to 90% C0 2 removal. Despite the fact that the 
solvent flow is higher so more reboiler energy will go into heating 
the rich fed to its bubble point on the strippers feed tray, less strip-
ping still requires less energy and the curve falls through another 
minimum. It should be apparent that to the left of the first minimum 
a further decrease in solvent rate will require a substantial decrease in 
lean loading, hence higher reboiler duty, and to the right of the sec-
ond minimum a higher solvent flow will require a gradually increas-
ing reboiler duty to heat the solvent to the feed tray temperature, 
the solvent lean loading being fairly constant beyond 6,000 gpm. 

Maxima and minima are always caused by there being (at least) 
two factors opposing each other. The factors at play here are lean-
end versus rich-end pinch, and solvent net loading capacity versus 
the solvent flowrate. So there are two pairs of factors. The situa-
tion is obviously complex and in part the complexity is related to 

3 It's amazing just how much information can be gleaned from a seemingly simple, tem-
perature profile. Accurate temperature (and composition) profiles are the purview solely 
of a genuine mass transfer rate model, and they indicate quite accurately just how a give 
column is operating and where improvements, including what other treating strategies such 
as solvent additives, might be worthwhile. 
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Figure 5.7 Temperature profiles in the three regions marked in figure 5.6. 

whether one wants to do carbon capture (left hand side) or higher 
purity treating (right hand side). But if these two regions are consid-
ered separately from each other, a lot of the complexity goes away. 

The performance curve shown in Figure 5.6 is for 30% MEA 
which is a fairly reactive solvent. There is no operational cliff. 
The fact of at least two regions of lowest energy treating is sim-
ply a result of lean-end versus rich-end pinching in the absorber. 
But to appreciate this, one must be able to look not just at the 
absorber, but at the whole treating plant, including the regen-
erator which plays just as important a part in determining the 
operating curve as the absorber does. Coming to terms with a 
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seemingly strangely shaped operating curve required a close 
look at how temperature profiles responded to changing solvent 
rates and reboiler duties. 

5.2.4 LNG Absorber 

This case focuses on an absorber in an LNG plant treating essen-
tially methane (84%), ethane (10%), and propane (4%) containing 
2% C0 2 on a dry basis to a specification of <50ppmv C02. The tower 
contained 60 feet of IMTP-50 random packing and it was sized in 
each simulation for 80% of flood. Three sets of simulations were run 
at a series of solvent rates, but with each set having a constant value 
of C0 2 lean loading, as shown by the legend in Figure 5.8. At each 
lean loading, the absorber failed to treat adequately if the solvent 
rate was too low. This is as one should expect, because at too low 
solvent flows the solvent has inadequate capacity and, more impor-
tantly, the column is rich-end pinched. The temperature profile at 
500 gpm is shown in Figure 5.9. As solvent flow was increased, 
treating improved, and if the lean loading was low enough there 
was adequate capacity to achieve <50 ppmv C02. But as solvent 
flow was increased further, the temperature profile deformed into 
the shape in Figure 5.9 for 800 gpm. At this flow rate, the absorber 
was bulge pinched in that the temperature in the central part of the 
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Figure 5.9 Temperature profiles corresponding to solvent flows in figure 5.8. 

column was so high, only the ends were effect in removing C02, 
the centre part of the column did nothing, and the column behaved 
as though it had perhaps 30 or 40 feet of packing, not the 60 feet 
that was really there. As the solvent rate was increased further, the 
temperature bulge got pushed further down the column, and the 
absorber became lean-end pinched, where treating was determined 
primarily by the solvent's lean loading. 

In this particular case, the treated gas was 40-45 ppmv C0 2 over 
the flow range from 600 to 700 gpm but the way to respond to the 
gas going off-specification may not be to increase solvent rate, but 
rather maybe to decrease it, or perhaps to increase reboiler steam 
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Figure 5.10 Performance of a t rayed LNG absorber wi th 0.015 lean loading. 

or hot oil flow. Without a detailed operating diagram such as the 
one in Figure 5.8, operations could probably not do much more 
than just guess at the correct response and hope for the best. And 
if the engineering contractor uses an equilibrium stage simulator 
of whatever ilk (ideal stages with Murphree efficiencies, or ideal 
stages with kinetic corrections and user-estimates of ideal stage res-
idence times4 and stage thermal efficiencies), none of this would be 
apparent at all and the design would have an unwelcome element 
of uncertainty and surprise. 

The behaviour of packed columns is a little different from trays. 
With packing, as the solvent flow is increased, the wetted, interfa-
cial area rises as well, and the mass rate therefore increases with 
solvent flow for this reason. With trays, gas-liquid interfacial area 
for mass transfer is only a relatively weak function of liquid rate 
and the performance curve typically looks like Figure 5.10. Note 
the logarithmic scale. There is no maximum because the liquid-
rate dependence of area is insufficient to drive higher absorption 
rates and exacerbate the central, flat region into becoming a peak. 
Nevertheless, there are still lean-end, bulge, and rich-end pinch 
conditions at the low, medium and high solvent rates shown in 
Figure 5.10. Under the conditions of the simulation results shown in 
Figure 5.10, none of this really matters; however, if the lean loading 

4 The residence time of an ideal stage is quite elusive. Although the liquid flow rate may be 
stated, there is no known way to determine the volume of an ideal stage. The volume is an 
essential part of the definition of residence time. Indeed, the volume of a theoretical stage is 
just as meaningless as its residence time. 
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were to become too high, one might have to operate at nearly twice 
the flow of very lean solvent to achieve the <50 ppmv specification. 

The difference between packing and trays and, indeed the effect 
of packing type and size can be very important in the design of an 
LNG facility. If your simulator is not genuinely mass transfer rate-
based, all of this will be missed, all trays and packings will all be 
treated as ideal stages, the differences will not be apparent, the 
design will be subject to considerable uncertainty and the plant may 
not work at all. 

5.3 Summary 

Plant simulation and analysis are holistic when the entire treating 
plant is examined all at once, or at least the isolated equipment item 
is examined and analysed using a simulation tool that is based on 
considering all the factors that affect performance, without ideal-
izations or unwarranted approximations. Using ideal stages or any 
approach that refers to ideal stages immediately leaves the simu-
lation analysis open to debate because guesswork was inherently 
involved, either in assumed or calculated efficiencies or through the 
number of ideal stages assumed or even sometimes insofar as intro-
ducing a phony residence time per hypothetical stage. Regardless 
of the exact approach, when ideal stages underlie a model, at least 
two assumptions have to be made, and there is no way to prove an 
assumption was valid unless the answer is already known. This 
immediately disqualifies the resulting analysis as nothing more 
than a gross approximation to the truth, and frequently a com-
pletely faulty one. 

Using an ideal stage model with Murphree efficiencies begs the 
question, 'Where do the efficiencies come from?' Neither tables of 
efficiencies nor reliable correlations of such efficiencies exist, so 
they can come only from what is termed 'experience'. Efficiencies 
vary widely from tray to tray, from component to component and 
with specific operating conditions of temperature, pressure and 
flow rates as well as the tower internals details (tray design, pack-
ing type and size). Experience will not necessarily come in handy 
to solve new problems or problems when the answer is not already 
known. Therefore simulation based on necessarily overall or com-
ponent efficiencies will yield results that can leave an unsettled 
feeling when the analysis is completed. 



78 SOUR GAS AND RELATED TECHNOLOGIES 

There is no longer any need to use such antiquated and unre-
liable models. Modern computing power is more than enough to 
solve columns and flowsheets in only a few seconds using models 
very soundly based in engineering science. The ProTreat® simulator 
is the only available, proven, commercial tool that allows this to be 
done for gas treating in a computationally robust and reliable man-
ner. There is no reason to continue taking the risk for failure using 
inadequate tools to develop unreliable designs when the right tool 
is available at quite modest cost. 

This paper has shown how a holistic approach was necessary to 
solve a rather complex troubleshooting problem by isolating the 
problem into one of chemistry. This required use of a simulation 
tool that correctly accounted for the real heat stable salts and other 
contaminants in the treating solution. Confident prediction of the 
real tray internal temperature profiles provided additional evi-
dence to understand better a material and energy balance discrep-
ancy around the absorber, eliminating some degree of guesswork 
from the plant troubleshooting exercise. 

In the other case studies, the ProTreat® mass transfer rate model 
showed some rather exotic behaviours in both a C0 2 capture plant 
environment as well as an ammonia plant and an LNG facility. 
Performance behaviour was analysed and understood by using 
the tray-to-tray and packed-segment to packed-segment temper-
ature profiles that were generated as an integral part of genuine 
mass transfer rate simulation. Thus, the columns themselves were 
examined holistically because the fundamental model used in 
the simulations accounted for all the factors that affected treating 
performance. 
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Technology for the Commercialization 

of North American Sour Gas Resources 
R.H. Oelfke, R.D. Denton, and J.A. Valencia 

ExxonMobil Upstream Research Company, Houston, TX, USA 

Abstract 
The CFZ™ technology provides for the single-step removal and liquefac-
tion of C0 2 as well as other acid gas components present in sour natural 
gases. The resulting high pressure liquid can then be readily reinjected 
for geosequestration or EOR purposes. The CFZ™ technology will allow 
sour gas resources with 8 mol% or more C0 2 to be economically deve-
loped when coupled with subsurface acid gas injection, while protecting 
the environment from excessive greenhouse gas emissions, and without 
having to dispose of a sulfur byproduct. 

During the last year, ExxonMobil has successfully started up a 14 
Mscf d commercial demonstration plant (CDP) at our Shute Creek Treating 
Facility in Wyoming, USA. The CDP is designed to process feed streams 
with C0 2 contents ranging from 15 to 65% and H2S contents of 0 to 35%, 
at pressures up to 600 psig. The CDP also demonstrates the advantages 
of discharging the sour gas components as a high pressure liquid stream 
by re-injecting the acid gas components via an existing acid gas injection 
(AGI) facility. 

This paper will provide a review of the CFZ™ technology and initial 
data from the CDP baseline run at 600 psig (42 barg), and a discussion 
about the types of sour gas reserves where use of this technology might 
be applicable. 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
(79-90) © 2012 Scrivener Publishing LLC 
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6.1 Introduction - Gas Demand 
and Sour Gas Challenges 

ExxonMobil believes that natural gas demand growth will con-
tinue to outstrip other competing energy resources and that natu-
ral gas production will grow by about 60% over current levels 
of production by 2040. Its overall abundance and clean burning 
characteristics will continue to justify its expanded use in power 
generation, which is forecast to represent over 40% of the entire 
global energy demand in 2040. In addition, since natural gas fired 
power generation releases less C0 2 than power generated from 
other fossil fuels, its increasing use will be critical to help the 
world slow and then reverse the growth in greenhouse gas emis-
sions. By 2040, ExxonMobil forecasts that natural gas will supply 
27% of the world's total energy demand up from approximately 
22% today. 

A significant increase in gas production will be needed to 
meet this large increase in demand. Many new resources have 
substantial amounts of C 0 2 and H2S. Therefore, this will also 
result in a significant increase in C0 2 produced and, if not seques-
tered, vented. 

In order to moderate the greenhouse gas emission effects 
from producing these additional sour natural gas volumes, geo-
sequestration, possibly via enhanced oil recovery projects, will 
be required for at least some of the incremental C 0 2 produced. 
Commercial application of a technology like the ExxonMobil 
Controlled Freeze Zone (CFZ™) process can help meet that goal 
at a significantly lower cost than the other competing technologies 
available today. 

6-2 Acid Gas Injection 

When acid gas injection is called for in the processing of sour gas 
resources, the relative advantages of the various types of treat-
ment processes shifts towards options that release the acid gases 
removed from the natural gas at a relatively high pressure (espe-
cially as a liquid) and dehydrated. Natural gas fractionation 
can be designed to recover the acid gases at high pressure, at 
least partially as a liquid in some cases, and dry. This minimizes 



CONTROLLED FREEZE ZONE 81 

the power required for compression or pumping for reinjection 
of the waste acid gases and the need for acid gas dehydration 
facilities. 

Fractionation based processes rely on the relative volatility of 
the components in the sour natural gas stream. Bulk fractionation 
uses a single refrigerated tower for the bulk removal of acid gas 
compounds, but the overhead "sweet" product has a residual C0 2 
content of 15% or more to prevent C0 2 solidification from occurring 
in the distillation column. Therefore, further treatment, usually with 
a solvent process, is needed to achieve the quality specifications 
normally required for natural gas sales to transmission systems. 

The Ryan-Holmes process is capable of achieving the required 
high natural gas purity via a multi-tower fractionation process. 
This process uses a heavier hydrocarbon liquid additive to suppress 
the C0 2 freezing during the distillation process. This hydrocarbon 
additive reduces the freezing point of C0 2 in the first column and 
is recovered in later columns and recycled. While effective, this 
process requires that the recovered acid gas be vaporized during 
recovery of the hydrocarbon liquid additive. 

The Controlled Freeze Zone (CFZ™) technology is capable of 
achieving a high quality sales gas product, like the Ryan-Holmes 
process; however, no hydrocarbon additive is required to effect the 
desired separation, so the second distillation step to recover the 
additive is not required. As a result, the acid gas can be recovered as a 
high pressure liquid, so pumping, rather than costlier compression, 
can be used for reinjection. 

6.3 Controlled Freeze Zone™ — Single Step 
Removal of C02 and H2S 

CFZ™ is a cryogenic process for the single step separation of C0 2 
and H2S from natural gas involving the controlled freezing and re-
melting of C02. A simplified schematic of the process is shown in 
Figure 6.1. In a novel approach, rather than avoiding the solidifi-
cation of C0 2 as is the case in conventional and other cryogenic 
treating processes, the Controlled Freeze Zone™ process allows 
C0 2 to freeze, albeit under carefully controlled conditions and in 
a specially designed section. High purity methane product and a 
by-product liquid acid gas stream with low methane content are 
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Figure 6.1 Simplified process - CFZ™ from Wellhead to Market. 
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produced by combining traditional distillation techniques with the 
CFZ™section. 

To separate methane at high purity from acid gas (C02, H2S) 
compounds, a Controlled Freeze Zone™ tower normally will use 3 
zones: the specially designed CFZ™ section that addresses the solid-
ification region in the phase equilibrium (pressure-temperature-
composition) envelope, and two conventional distillation sections 
for rectifying and stripping, that cover the vapor-liquid areas 
above and below the C0 2 solidification region. The relationship 
between the three sections of the CFZ™ column and the methane-
C0 2 phase envelope is illustrated in Figure 6.2 In the lower por-
tion of the tower, below the CFZ™ section, methane is stripped 
from the bottoms liquid stream, which contains C0 2 and other acid 
gas contaminants, via conventional distillation. Above the CFZ™ 
section, the C0 2 content of the methane product stream is further 
reduced as required to meet the required export sales criteria again 
via conventional distillation in a rectifying section. 

Liquid from the upper conventional distillation section, that is 
about to enter solidification conditions, is sprayed into the CFZ™ 
section, which is designed to provide an unobstructed volume 
for generation of the solid C0 2 formed. As the liquid droplets 
fall, they encounter warmer temperatures. Methane and any 
lighter components such as nitrogen, if present, vaporize. The 
residual concentration of C0 2 in the droplets increases, leading to 
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solidification. The solids that form then fall onto a liquid layer at the 
bottom of the CFZ™ section that is maintained above solidification 
temperatures. A liquid, now warmer than the threshold solidifica-
tion temperature, emerges from the bottom of the CFZ™ section 
and is fed to the stripper section below to recover the methane frac-
tion still dissolved in the liquid leaving the CFZ™ section. 

The vapors from the bottom conventional distillation 
(stripper) section, rise through the CFZ™ section and encoun-
ter colder temperatures. C 0 2 condenses or frosts onto the falling 
spray droplets or solid crystals. The solids formed in the CFZ™ 
section are pure C02 , thus providing greater separation factors 
and higher efficiency for this section than conventional, vapor-
liquid distillation could achieve. Their removal from the vapor 
stream results in a product exiting the top of the CFZ™ section 
that is significantly depleted in C02 , and which can be fed to an 
upper distillation section, if further reduction of residual C 0 2 is 
needed. 

The Controlled Freeze Zone™ tower normally would include all 
three sections; however, depending on the sales gas specifications 
and inlet composition, the rectifying section may not be necessary 
in all cases. 
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Fundamentally, the CFZ™ technology provides the ability to 
more economically process natural gas without imposing limi-
tations on the level of C0 2 or H2S contamination. The C02, and 
any other acid gas components present, is separated into a liquid 
stream that can be easily pumped for geo-sequestration or for use 
in enhanced oil recovery operations, while yielding a high quality 
methane product. 

6.4 Development Scenarios Suitable for Utilizing 
CFZ™ Technology 

Over the past several years ExxonMobil has studied the potential 
application of the CFZ™ technology for the development of several 
sour gas resources using acid gas reinjection. Based on this work, 
we have determined ranges where the technology offers significant 
cost advantages over other gas processing alternatives. 

Figure 6.3 below shows the results of four gas fields that were 
studied to compare CFZ™ technology with other acid gas removal 
technology. The variables & ranges are: 

• The feed gas C0 2 content ranges from 70% to 8%. All 
included varying H2S levels. 

• Various alternative technologies were studied, includ-
ing: Ryan-Holmes separation, bulk fractionation with 
DMPEG solvent treating, and amine treating. 

• Sales gas specifications were both pipeline-quality and 
LNG-quality. 

• Feed gases very lean and very rich in ethane-plus were 
considered. 

One unexpected result is that the percentage cost advantage 
enjoyed by CFZ™ technology did not change much with vary-
ing feed gas C0 2 content or sales gas specification. Another 
significant result is the importance of the ethane-plus content of 
the feed gas. Ethane and C 0 2 can form an azeotrope and liquefy 
at similar conditions. Any ethane will be removed with the C 0 2 
in a CFZ™, or other cryogenic separation process. This economic 
loss is usually unacceptable. Additional facilities are needed to 
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120% 

Technology: Ryan-Holmes Ryan-Holmes Bulk Frac/Selexol Amine Amine 
C02 Content: 70% 65o/o 12% 8% 
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Figure 6.3 The controlled freeze zone™ cost comparison. 

recovery the heavy hydrocarbons from the acid gas, which will 
increase costs. 

Sour gas production opportunities where the CFZ™ technology 
has a clear advantage over other gas processing options, include 
the following: 

• Raw gas with more than 8% C02and any amount of H2S 
• Lean raw gas with minimal C2+ present (< 1 mol%) or 

where recovery of NGLs is not needed 
• Developments where acid gas injection is required 

due to: 

• Lack of market for sulfur 
• GHG emission limitations or mandated reductions 
• Availability of EOR opportunities 

A feed gas with as little as 8 mol% C0 2 can be efficiently separated 
using the CFZ™ technology. Such an application requires careful 
attention to heat integration and refrigeration system design, and 
will be dependent to some extent on the amount of co-produced 
H2S that is present in the feed gas. 
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6.5 Commercial Demonstration Plant Design 
& Initial Performance Data 

The CFZ™ Commercial Demonstration Plant (CDP) is now oper-
ating and the testing program is underway. The CDP is located 
at ExxonMobil's Shute Creek Treating Facility near LaBarge, 
Wyoming. The facility is schematically shown in Figure. 6.4 

Three sources of feed are blended to provide the desired feed 
composition flexibility for testing. These streams consist of a meth-
ane stream (with a minor amount of nitrogen), a C0 2 stream, and 
an acid gas stream made up roughly of 2AH2S and xh C02. The feed 
dehydration system has been designed to allow the adjustment of 
the moisture content in the CFZ™ feed stream. The deployment 
of distillation towers in offshore applications involves additional 
wave motion and structural considerations that may pose limi-
tations in tower height. So while a single tower can be used, the 
CDP incorporates a split-tower design to better understand and 
prepare for potential offshore applications. One column includes 
the stripping and CFZ™ sections. The other column includes the 
rectifying section. This arrangement also allows the demonstration 
of self-sufficiency in the stripper and CFZ™ sections in reaching 
pipeline-quality gas (-2 mol% C02) without a rectifying section. 

The CDP as shown in Figure 6.5 has been started up and the 
initial baseline runs have been completed. The initial runs were 

Figure 6.4 CFZ™ CDP process schematic. 
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Figure 6.5 CFZ™ commercial demonstration plant at night. 

done with a nominal 60% C0 2 feed at pressures from 550 to 600 
psig. The testing program is anticipated to run through the end of 
2012. 

To date, acid gas C0 2 concentrations have been over 99 mol% 
C0 2 with methane concentrations always below 0.5 mol%, while 
the gas product is usually less than 1.2 mol% and in some cases has 
been as low as 100 ppmv. 

As an example, Figure 6.6 shows the temperature profile from 
a seven day run of the unit's two towers using the following feed 
composition: 

C0 2 62 mol% 
CH4 37mol% 
N2 1 mol% 

As can be seen, the melt tray operates at about -75°F (-60°C) over 
a range of ± 1°C. The top of the freeze zone at these pressure condi-
tions operates at -113°F (-80°C). During the whole week while this 
baseline run was underway the unit performed very stably with 
only modest fluctuations in temperature. 

In Figure 6.7, C0 2 concentration data at several locations in the 
columns is displayed for the same one week time period. After some 



88 SOUR G A S A N D RELATED TECHNOLOGIES 

CFZ CDP towers temperature profile @ 7d0h0m0s 
12/21/201100:00:00 

10°C 50 

30 -I 

-10°C 
10 ■ 

12/28/2011 00:00:00 

-10 \ 

-30°C 

-70°C 

-110 J 

-90°C (A) TL9723H 12/26/2011 18:29:27-57.15 DEGF (Raw) Stripping tower temperature-feed level 
(A) TL9724 12/26/2011 18:29:27-113.09 DEGF (Raw) Spray liquid temperature 
(A) TL9725 12/26/2011 18:29:27-75.37 DEGF (Raw) Melt tray liquid temperature 
(A) TL9728A 12/26/2011 18:29:27 -116.91 DEGF (Raw) Rectifying tower temperature-bed 1 
(A) TL9728C 12/26/2011 18:29:27 -122.72 DEGF (Raw) Reflux temperature 
(A) TL9740B 12/26/2011 18:29:27 46.13 DEGF (Raw) Bottom reboiler liquid outlet temperature 

Figure 6.6 CFZ™ CDP towers temperature profile. 
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initial, modest adjustments in the feed composition, the C0 2 pro-
files in both the CFZ/ stripper column and the Rectifier were very 
stable. As noted previously the overhead products were remark-
ably stable with 1 mol% C0 2 in the vapor product and 99.5+ mol% 
C0 2 in the bottom product. 

6.6 Conclusions and Forward Plans 

The Controlled Freeze Zone™ technology is a single step process for 
the separation of acid gas components from methane in sour natural 
gas resources, offering capital cost, operating expense and process 
efficiency advantages. This is ExxonMobil's proprietary technology 
for the development of increasingly sour gas reserves around the 
world. There is no technical limit on the amount of C0 2 or H2S in the 
sour natural gas when treating with CFZ™ technology. In addition 
to the economic benefits for this technology, further environmental 
benefits can be realized since the acid gas by-product stream is dis-
charged as a high pressure liquid. This provides a more economical 
reinjection option compared to compression of a low pressure acid 
gas stream characteristic of other gas treating process options. 

The commercial demonstration plant is now in its testing phase. 
For the remainder of this year the CDP will be used to demonstrate 
the applicability of the technology for a wide range of opportunities 
and will provide the information required for scale up and deploy-
ment of the technology to develop sour gas resources around the 
globe. 
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Abstract 
The dehydration of acid gas is an important design and operating consid-
eration for design engineering teams and owners of high pressure C02/ 
H2S systems. This paper will: 

• Review the need for acid gas dehydration as a function of 
composition; 

• Review dehydration criteria from several points of view; 
• Provide an overview of existing acid gas dehydration tech-

nology, with benefits and drawbacks; 
• Provide information and operating data from a new acid 

gas dehydration technology that can be applied to carbon 
capture projects as well; and 

• Provide an update on the applied technology and discuss 
operating data. 

7.1 Introduction 

Acid gas is composed of a mixture of H2S and/or C0 2 and often 
water vapour. Acid gas, a byproduct of gas treating systems, is usu-
ally considered to be a simplistic binary mixture of H2S and C02. 
There are often other contaminants including methane, BTEX's, 
amine, and other hydrocarbon components. Carbon capture streams 
are typically pure C0 2 although there are other contaminants co-
captured with the carbon dioxide. For the remainder of this paper, 
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Acid gas phase envelopes 
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Figure 7.1 Phase behavior-typical acid gas. 

the term acid gas will be used interchangeably to describe either 
the acid gas from a sweetening process or the waste gas from a 
carbon capture scheme. Produced gas from an EOR scheme will be 
discussed briefly as it behaves somewhat differently. A simplistic 
PT plot is shown below for some typical acid gas fluids: 

7.2 Necessity of Dehydration 

The acid gas streams are often captured at low pressure from either 
a gas treating facility or a carbon capture system. In any case, the 
low pressure acid gas, often below 1 bar(g), is water saturated at the 
regeneration pressure and temperature. As the fluid is compressed 
up to the necessary injection or disposal pressure (or potentially for 
EOR usage or other receipt point), some water will begin to condense. 
However, depending on the composition, operating conditions, and 
specifications, this fluid may require supplemental dehydration. 

It's well known that high H2S content acid gas streams can be man-
aged to provide a measure of dehydration due to the increased water 
handling capacity of the fluid at high pressures[l]. This effect is less 
pronounced with C0 2 and depending on interstage conditions and 
desired water content, may or may not provide sufficient dehydration. 
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Acid gases, when combined with water, will produce hydrates 
(at elevated pressures), as well as produce an acidic aqueous phase 
contributing to corrosion concerns. While corrosion concerns 
can usually be countered with proper materials selection and 
corrosion monitoring programs, this is often costly and imprac-
tical depending on the process scheme, injection receipt points, 
and design considerations. The use of stainless steels is typical 
in a "wet" acid gas system, but this would almost certainly be 
economically prohibitive in any kind of pipeline application 
beyond 1 km in length. 

Hydrate avoidance is critically important from a personnel safety 
and production (operational reliability) management standpoint. 
The formation of hydrates is preventable by: 

• Managing system temperatures and pressures to 
enable maximum water dropout to suppress the 
hydrate formation temperature 

• Partial or total removal of water from the system 
• Injection of hydrate inhibitors such as methanol & KHFs 

The plot below shows the hydrate temperature of C02 with varying 
water content: 

Hydrate Formation Temperature in C02 versus 
Pressure & Temperature for various Water Content 
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Figure 7.2 C02-Water Content. 
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7.3 Dehydration Criteria 

Water content is usually set by a combination of contract require-
ments, hydrate avoidance criteria, or prevention of an aqueous 
fluid during transmission or handling. Typically, natural gas 
dehydration criteria is stated as a water content value; usually 4 
#/MMSCF (64 mg/m3) or 7 #/MMSCF (112.1 mg/m3). This criteria 
was developed decades ago and is likely based on the McKetta-
Wehe[2] moisture prediction chart to avoid the formation of 
hydrates and an aqueous phase during the transmission of natu-
ral gas. These informal criteria have been widely adopted for use 
within the natural gas industry. However, this moisture prediction 
methodology is not applicable or appropriate for use within sour 
gas systems. Alternative criteria and prediction methods have 
been established using correlations, specifically Wiehert's corre-
lation!^]. The nature of moisture content in acid gas is such that 
the water content criteria and hydrate formation temperature no 
longer remain connected to these traditional criteria. For exam-
ple, pure methane at a water content of 64 mg /m 3 has a predicted 
hydrate formation temperature of -6°C at 5,000 kPa. This gas has 
a water dewpoint of -8.5°C. 

The same pressure and water content criteria on a 50/50 H2S/ 
C0 2 mixture has a predicted hydrate formation temperature of 
-69°C while the pure H2S stream has a predicted hydrate forma-
tion temperature of -75°C. These predictions are based on the PR 
equation of state. This is due, in large part, to the behavior of water 
and acid gas systems. See Figure 7.3 below to show how the system 
performance can vary as a result of composition: 

This anomaly shows that traditional dehydration criteria may be 
too stringent for acid gas systems. Rather than applying commonly 
accepted dehydration or water content criteria, each system and 
case must be evaluated to establish moisture content that will suit 
the requirements of that particular project, whether that is pipeline 
moisture content, contract requirements, or hydrate avoidance during 
handling. 

As a large transporter of C02, Kinder Morgan has set the maxi-
mum water content at 30 lb/MMSCF (632 ppmv) for their EOR 
systems. While this is certainly adequate for most applications, 
lower ambient temperatures may require a more stringent specifica-
tion of 12 Lb/MMSCF (250 ppmv). In plant piping where sufficient 
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Water Content of H2S / C02 mixtures @ 43.3°C vs. Pressure 
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Figure 7.3 Acid gas water behavior. 

tracing and insulation exists, the designer might well be satisfied 
with a water content of 75 Lb/MMSCF (1,580 ppmv). 

A recent DNV report (DNV-RP-J202, April 2010)Vstates: 
Note: 500 ppm(mol%) = 500 ppmv ► equates to 23.74 l b / 

MMscf 
While there is no definitive standard for C 0 2 water content, 

it's clear that it must be determined for each individual applica-
tion. For the purpose of most applications, we will utilize the 30 
Lb/MMSCF (approx 632 ppmv) for comparison purposes. 
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Figure 7.4 DNV Water Table (RP-J202). 
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7·4 Acid Gas - Water Phase Behaviour 
The behavior of water in acid gas (at least at relatively low pres-
sures) is a well known phenomena and varies widely as a function 
of acid gas composition. Pure H2S (per the above diagram), exhibits 
a dramatic shift in water capacity. This shift, allows the pure H2S to 
hold a lot more water once it condenses. The figure below shows 
the water isotherms from 3.3°C to 49°C for pure H2S. 

This dramatic increase in water capacity allows the system to 
be under saturated with water as it exits the compression system 
going to either injection or pipeline. Depending on the interstage 
pressures of the compressor, the system can be designed to achieve 
an interstage pressure near the water minima for the design inter-
stage temperature. Once the gas is compressed further, the acid 
gas mixture has capacity to hold substantially more water; conse-
quently, it is undersaturated. 

As seen above (Fig 7.3), the water capacity varies dramatically 
as composition varies and does not exhibit a minimum in the pure 
methane system. The highest offset in water capacity is shown by 
the pure H2S case while pure C0 2 shows a lesser water capacity 
offset. The presence of hydrocarbons will decrease the offset and 
move it closer to a steadily declining water capacity 
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Figure 7.5 H2S Water Isotherms. 
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This "natural" dehydration allows the process design engineer 
to essentially custom fit the dehydration process to the composition 
of the acid gas. However, this means that what works for 75% H2S 
may not work for 25% H2S if the composition varies widely within 

100.0 
Water Content in C02 vs. Pressure 
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Figure 7.6 C02 Water Isotherms. 
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Figure 7.7 Acid gas mixture water behavior at 48.9°C. 
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Figure 7.8 Acid gas mixture behavior at 43.3°C. 
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Figure 7.9 Dehydration via compression. 

the system. Thus, for widely varying acid gas compositions, it may 
be necessary to plan for a more robust or worst case dehydration 
process. As well, the system performance varies as the tempera-
tures vary - see below for the graph of mixed system performance 
at 48.9°C 
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At a reduced temperature of 43.3°C, the water behavior is slightly 
different as shown below: 

A typical C0 2 phase behavior curve is shown below to illustrate 
this feature. The minor hydrate shift is clearly seen as providing 
for some degree of "natural" dehydration during the compression 
process: 

Several interesting anomalies are noted with this "natural" or 
auto-dehydration process: 

• The addition of hydrocarbons will widen the phase 
envelope and will suppress the bubble point - the 
dewpoint will remain largely unchanged unless the % 
of hydrocarbons is significant or unless the hydrocar-
bons being added are heavy or contain BTEX's. 

• The addition of natural gas and/or LPG to this mix-
ture will raise the hydrate point and can potentially 
result in the formation of an aqueous phase. 

• The auto-dehydration effect is not a suitable candidate 
for EOR based systems where the hydrocarbon frac-
tion in the C0 2 stream can vary widely. For this reason, 
EOR based schemes typically utilize TEG dehydration 
due to its compositional flexibility. 

7.5 Conventional Dehydration Methods 

Dehydration methodologies can be divided into several groups: 

• Desiccant Technology: 
• Adsorption - This process group includes mole 

sieve, silica gel, carbon bed, and other dry material 
based processes. 

• Absorption - This group includes TEG, DEG, glycerol, 
and other hygroscopic fluid based processes. 

• Separation - membrane based processes 
• Avoidance - hydrate inhibitors 
• Thermody namic / Refriger ati ve 

• External - closed loop processes such as ammonia 
or propane. 

• Internal - choke plant, JT processes, DexPro 
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7.5.1 Desiccant Adsorption 

Although adsorption technology would seem to be a natural fit for 
acid gas dehydration, these dry material based processes will often 
over-dehydrate the acid gas mixtures. This does not cause any process 
issues, however, the capital cost and operating costs of these processes 
usually eliminates them from further consideration unless the speci-
fication requires extreme moisture removal. This can be the case for 
systems requiring food grade C02, or client receivers with unusually 
stringent moisture content specifications. These processes can require 
considerable plot space, piping, valving, and controls. Additional 
requirements include regeneration heat/cooling requirements, gas fil-
tration, and media disposal. Fugitive emissions are low as the regener-
ation water scrubber off-gas can be recycled into an upstream scrubber. 
Utilizing this technology for multiple compressors may require some 
relatively complex valving to allow for each compressor to access the 
dehydration equipment. With limited moving parts, reliability is rela-
tively strong, although replacement of the desiccant media is required 
as is replacement of main gas and regeneration gas filter elements 
on a periodic basis. Depending on the type of regeneration heater 
chosen, additional maintenance may be required. Switching valves 
will also require periodic servicing as they are in a difficult service. 
The adsorption process can be placed in any part of the compression 
cycle - the higher the pressure, the lower the water load but the higher 
the required equipment design pressure. The units must be protected 
from contamination by either liquid water or lube oils. 

7.5.2 Desiccant Absorption 

Absorption technology is commonly selected for acid gas dehydra-
tion for a number of reasons: 

• Proven technology, operating history and commonly 
used gas process 

• Relatively simple technology with a perceived low 
labour component 

• Is not compositionally dependant although there may 
be some acid gas solubility concerns. 

This fluid based technology is typically modeled after a simplistic 
gas dehydration system utilizing a hygroscopic fluid in a vertical 
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contactor. The process does have some drawbacks including fluid 
makeup, filter handling, regeneration offgas recycle handling, 
regeneration heat requirements, and the use of stainless steels. 
These systems are typically TEG based although several design 
papers often reference the use of glycerol[4] to limit the glycol sol-
ubility in the C02, particularly at or near dense phase operating 
pressures. 

Dehydration with these glycol based fluids usually takes place at 
an interstage pressure to allow for maximum pre-removal of water 
load while still maintaining a gas phase. The gas undergoes any-
where from 2-4 stages of compression before being dehydrated and 
then is compressed in a final stage of the compressor or potentially 
even injection/transfer pumps before exiting the system. 

Similar to the solid desiccant based processes, these processes do 
have additional equipment footprint requirements, and will require 
the same degree of complex valving to allow multiple compres-
sors to access a single contactor. It may be more advantageous to 
design a single contactor for each compressor with a single regen-
eration train. Gas entering the units should have some type of lube 
oil removal prior to the TEG unit to prevent the contamination of 
glycol with compressor lube oil. 

Equipment in the TEG unit is typically manufactured using 
stainless steel although there may be an alternative design utilizing 
a stainless steel precontactor mixer that would reduce the effective 
water saturation content to less than 60%. This pre-treatment may 
allow the use of a carbon steel contactor, although the remaining 
equipment would likely require stainless steel materials. Depending 
on treating pressure, gas/glycol ratio's, and system temperatures, it 
may be necessary to cool the gas after the TEG unit to keep final dis-
charge pressures in line with requirements. As well, the high level 
of C0 2 may require solution pH control, buffering, and filtration. 

Although the desired water content may not require deep level 
dehydration, the co-absorption of acid gases leaves a water satu-
rated near-atmospheric acid gas stream (still column vapours). This 
will need to be managed with a cooler/condenser, separator, and 
a recompressor or vacuum/educator system to return these acid 
gas vapours to the inlet of the acid gas compressor. Operations and 
maintenance of these systems can be challenging - particularly in 
cold environments. 

The below chart shows a pure C0 2 system with either TEG 
dehydration or mole sieve: 
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Figure 7.10 Typical TEG dehydration schematic. 
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7.5.3 Separation Based Processes 
Separation based processes like membrane technology, to date, have 
not proven suitable for this application. While this may change, the 
acid gas tends to permeate reasonably easily as well meaning that 
several membrane stages may be required. As well, the permeate 
fluid may contain large volumes of C02 and H2S that would require 
recompression and retreatment. While rubbery membranes may 
provide some promise, we are unaware of any updates allowing 
for economic membrane based water removal. 

7.5.4 Avoidance Based Processes 
Methanol and other hydrate inhibitors can be used to prevent the 
formation of hydrates in the pipeline. However, they do not ulti-
mately reduce the water content and are not suitable for any type 
of contractual water requirement. They are only suitable for use in 
small short distance injection schemes where hydrate prevention is 
the key criteria. A key exception is the use of methanol in conjunc-
tion with other processes may provide incremental dehydration. 
Maintenance and footprint requirements are minimal although 
there is a continuing operating cost for the chemical consumption. 
Material selection and corrosion concerns still play a role within 
these systems. Many of the other dehydration schemes may aug-
ment their systems with methanol injection to ward off hydrates in 
the event of an excursion. Short, small volume, acid gas injection 
systems may elect to utilize a stainless steel pipeline with methanol 
injection to manage the risk of hydrates. 

7.5.5 Thermodynamic/Refrigerative Based Processes 

Refrigerative based processes can be divided into two(2) catego-
ries; external and internal. External processes utilize a closed loop 
of refrigerant, typically ammonia or propane, to cool the acid gas 
and provide temperature based water dropout. Conditions within 
the chiller must be controlled carefully to prevent the forma-
tion of hydrates and freezing of water on the surface of the tubes. 
Depending on the composition and desired final water content 
specification, it may be necessary to continuously inject methanol. 
Chilling may also be necessary in a hybrid process or physical 
solvent process where significant amounts of hydrocarbon are co-
adsorbed. The presence of hydrocarbons can create an artificially 
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high hydrate point. In addition to this, they can represent a possible 
revenue stream that is being rejected to either EOR or disposal. 

This closed loop process requires refrigeration compression, con-
densing, a JT valve, a stainless steel gas refrigerant chiller, and refrig-
erant suction scrubber. While this can be more equipment intensive, 
it may be a less costly adder in a facility already equipped with a 
refrigeration utility As well, this chilling process may be more eco-
nomical than a TEG based process depending on the type of offgas 
handling. This chilling process takes place at an intermediate pres-
sure; ideally high enough to avoid hydrate temperatures but low 
enough to maximize water dropout in the downstream scrubber. 
This is usually done in between Stage 2 and Stage 3 of the com-
pression cycle. Chilling on suction or on stage 1 discharge would 
be costly due to considerable water loads/duty, and would require 
large gas equipment to prevent unreasonable pressure drops. 

While multiple compressors can be served with a single chiller, 
the valving and logic can be prohibitively expensive; it may be 
more economical to provide for a single acid gas chiller for each 
compressor. If a new refrigeration process module is required, it 
can take up plot space equivalent to that of the acid gas compressor. 

COLD LO-PRESSURE WARM GASEOUS 
GASEOUS REFRIGERANT REFRIGERANT AIR 

WARM GAS REFRIGERANT 
CONDENSER 

REFRIGERANT 
ACCUMULATOR 

J.T.VALVE 

^VAPOUR 
-LIQUID 

REFRIGERATION 
BASIC LOOP 
GAS LIQUIDS ENG. LTD 
SEPT. 1997 

Figure 7.12 Typical simple cycle refrigeration loop. 
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As well, it will require a refrigerant condenser, lube systems, power, 
gas detection, and capacity/shutdown controls. Maintenance of the 
refrigerant system would be per normal equipment requirements. 
A typical closed loop refrigeration process is shown below: 

Internal refrigeration processes are based on using the process 
fluid as the refrigerant. This can be accomplished in several ways 
including: 

• JT or "choke" type arrangement with a gas/gas exchanger. 
• DexPro[5] 

Hydrogen sulphide, carbon dioxide and sulphur dioxide all dis-
play excellent refrigerant properties. Comparing the JT coefficients 
of typical process fluids in an unusual format shows: 

GAS/GAS EXCHANGER 
IN TUBE TEMP: 120.0°F 
OUT TUBE TEMP : 58.9°F 

TTV 
DP: 325.00 psi 
IN TEMP.: 58.9°F 
OUT TEMP.: 44.1 °F 

COMPRESSOR COOLER 
WET GAS-

LTS 

Figure 7.13 Simple natural gas JT process schematic. 
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Figure 7.14 Process fluids, comparative JT coefficients1. 

SOo 

1 At a temperature of 50°C & pressure of 652 kPaa. 
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Several process fluids exhibit outstanding JT coefficients result-
ing in a significant cooling effect across the JT valve. Hydrogen 
and helium do not always display a temperature drop across a JT 
valve. If the starting temperature of the fluid is below the JT (joule 
thomson) inversion temperature, then the fluid will cool. If the 
fluid starting temperature is above the JT inversion temperature (of 
that fluid), then the fluid will warm on expansion. Nitrogen has an 
inversion temperature of 348°C - consequently, almost all nitrogen 
gas mixtures will cool on expansion. The inversion temperature of 
helium is -222°C - consequently, most helium mixtures will warm 
on expansion. 

Barring the safety issues of cryogenic hydrogen sulphide, this 
fluid has outstanding refrigerant properties. In its most simplistic 
form, the basic process would overcompress the final fluid to allow 
for a JT effect and then use the cooled fluid to chill the process gas 
at an intermediate pressure - the basic "choke" plant arrangement. 
Alternately, a small system (comprising of a separator or receiver 
and pump) could pump a slipstream of the final fluid up to an 
elevated pressure prior to the JT valve. This basically provides a 
similar effect to the external refrigeration process. A better way to 
illustrate this point is with a simple P-H diagram of carbon dioxide: 

The below plot shows the compressor performance, hydrate 
curves, and phase behavior of a pure C0 2 system: 

C02 Enthalpy -VMG (APRNG) 
vs. Pressure @ various Temperatures (°C) 

Figure 7.15 PH Diagram for COr 
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Figure 7.16 Temperature based C02 system performance. 

7.6 Development of DexPro 

The natural extension to this concept is the DexPro™ process. The 
basic premise of the system is that a small slipstream (typically 
10-20%) of the dense phase final acid gas fluid is passed through a 
temperature control JT valve and reinjects it into the proprietary 
DexPro module upstream of the final stage suction scrubber. 

This system requires multistage compression with the inter-
stage pressures being (ideally) optimized to allow for maximum 
water dropout in accordance with normal C02/water behavior. 
This DexPro module allows for proper mixing of the streams while 
minimizing the potential of hydrate formation. The mixing of the 
now dry acid gas with warm wet acid gas on either 4th stage or 
final stage suction allows the resulting mixture to cool sufficiently 
to drop out the desired amount of water. There are some important 
design considerations: 

• The process is compositionally dependent. The higher 
the C0 2 content, the less of a natural dehydration 
effect is achieved and more refrigeration effect is 
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necessary to achieve water extraction. However, the 
process is also self-adjusting to achieve the required 
water content. 

• The process can be adjusted to earlier stages with sev-
eral mixing stations to achieve lower water content 
and hydrocarbon removal. 

• Higher H2S content streams require less refrigeration 
to achieve satisfactory water content, but more atten-
tion must be paid to avoid excursions into the phase 
envelope. 

• Hydrate formation temperature of the DexPro fluid 
must be avoided after expansion - methanol can 
be used to boot-strap the process until the system 
achieves specification water content. 

• Special attention must be paid to the phase behavior 
and hydrate formation temperatures - for maximum 
water removal, the system should operate as close to 
the fluid dewpoint line as possible without hitting the 
hydrate point. 

• Temperature control of a number of elements of the 
process is important to avoid excursions into potential 
hydrate zones. 

• The mixing pressure, should ideally take place at or 
near the lowest point of the water content curve for 
that particular fluid. This allows for the highest offset 
between the water content and the possible saturation 
water content. This reduces the amount of work that 
either of the refrigeration based process are required 
to do. 

As the colder reinjection fluid is mixed with the hotter fluid from 
the intercooler, the resulting temperature is reduced and excess 
water drops out in the downstream compressor suction scrubber 
(downstream of the DexPro module). The resulting cooled acid 
gas is then compressed in the final stage of compression and after-
cooled for either injection requirements or pipeline. The resulting 
water content at the higher pressure is much lower and typically 
meets the 30 #/MMSCF criteria. 
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An interesting side effect is that the colder final stage suction 
temperature allows for adjusted compression ratios on the higher 
stages. This allows for reduced operating temperatures and an 
improved thermodynamic efficiency resulting in an almost net 
zero theoretical horsepower addition due to lowered cylinder 
temperatures. 

This process has a number of advantages including: 

• Very small equipment (physical) footprint - can be 
done usually within the compression package (makes 
use of existing compressor building utilities and safety 
systems). 

• No incremental rotating equipment with the excep-
tion of the methanol injection pump - only required 
during startup or during low residual water criteria 
scenario's. 

• Low capital cost 
• Negligible operating costs 
• Very small environmental footprint 
• No hygroscopic fluid carryover to impact corrosion 

integrity 
• No fugitive emissions or off-gas handling 
• Extreme turndown 

In order to maximize the system opportunities and design per-
formance of DexPro, it is critical that it be integrated into the overall 
performance and design of the compressor. Thus, selection of the 
DexPro process is best done at the time of the compressor selec-
tion for optimal cylinder or compressor selection and proper inter/ 
aftercooling engineering. Off design conditions must be consid-
ered along with turndown, future cases, and ambient variations. 
As well, a number of compression system operating data points are 
required to be passed back and forth to the DexPro control system; 
it is important to engage the compressor packager/designer in the 
early aspects of the DexPro equipment. The use of DexPro may 
alter cylinder selections, turndown considerations, control systems, 
and scrubbers/LCV's. It should be noted that the current design is 
based on cascading scrubber dumps for optimum degassing, two(2) 
stage warm/cold recycle system, and advanced cooler controls. 
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j^jii 
S01 

STAGE 4 

Figure 7.17 Basic dexpro configuration. 

The DexPro system utilizes an Ametek (5100 series) laser based 
moisture analyzer that will allow for control parameter tracking as 
well as monitoring system C0 2 (and/or H2S) content for algorithm 
management. This laser analyzer, along with a mass flow meter is 
mounted inside the compressor package. Inputs from this and other 
process devices go into an advanced control system and are housed 
in a separate PLC control system. This control system enables a 
high degree of automation. 

The DexPro module is fabricated of stainless steel and is usually 
fitted in upstream of the final stage suction scrubber. It utilizes pro-
prietary internal technology to prevent hydrate formation as well 
as ensuring adequate mixing of the process fluids. 

The first two(2) commercial DexPro pilot units have recently been 
installed at Murphy Oil Company Ltd's Tupper West Gas Plant near 
Dawson Creek, British Columbia. Each 100% duty compressor is 
designed to move a maximum of 24 e3m3/day of nearly pure C0 2 
into an injection line and to a nearby disposal well approximately 
2 km away. Given the high level of integration with the compressors, it 
was decided that each compressor package would be equipped with 
its own dedicated DexPro system. This would provide for full redun-
dancy as well as ensuring minimal interaction during backup unit 
performance. In the event of a compressor or DexPro problem, the 
standby compressor could be quickly warmed up, and put on line. 

This large natural gas plant was commissioned this past winter 
and came online with sales gas Feb 22,2011. 

These two (2) initial units were commissioned early in 2011 and 
are currently in operation. Although the startup took place during 
intensely cold weather conditions (typically -30 to -40°C), the first 
years' performance is promising. Water content is settling out well 
below the desired 30 #/MMSCF, although fine tuning has yet to 
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Figure 7.18 Screen capture at tupper west. 

take place. Acid gas injection is taking place and the system is per-
forming as expected. The below screen shots were from the evening 
of initiation of acid gas injection - Mar 3,2011: 

The DexPro system at Murphy Oil Company Ltd's Tupper West 
facility is online, working well, and dehydrating the acid gas to 
below the required specifications. This may (in part) be due to low-
ered ambient temperatures resulting in better pre-dropout of water, 
slightly higher H2S content during the initiation, and possibly higher 
DexPro rates and methanol injection to result in a "safe" zone. The 
current level of acid gas dehydration is about 16-20 lb/MMSCF. 

Remote monitoring of the system is being setup for home office 
monitoring of the system performance and optimization. 

A comparison of dehydration technologies (for a 10 MMSCFD 
pure C0 2 stream) is shown in the below table: 

DexPro 

Refrig 

TEG 

TEG+VRU 

$574,047 

$985,050 

$1,443,250 

$1,809,500 

$37,230 

$76,039 

$111,187 

$112,063 

$968,462 

$1,790,608 

$2,621,167 

$2,996,697 

Figure 7.19 NPV for 10 MMSCFD C0 2 Dehydration2. 

2 Does not include license fees. Based on 7% discount rate over 20 years, Cdn $. 
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DexPro is an excellent candidate for carbon capture and 
sequestration: 

• Carbon dioxide has excellent properties for use within 
DexPro and is a predictable fluid. 

• Allows for minimum footprint and customized 
dehydration - does not over-dehydrate fluid. 

• No fugitive emissions, maintenance, fluids, and/or 
filters to change. 

• Integrated design with compression system 
• Minimal energy usage, and operating costs. 
• Very small environmental footprint 
• No hygroscopic fluid carryover 
• Can be integrated with cooling water system for 

precise process control 
• Excellent turndown 

7.7 DexPro Operating Update 

Considerable testing has taken place at the Tupper West facility 
throughout varying analyses, ambient conditions and flowrates. 
As per the figure below, the system continues to perform well and 
easily meets the 30 lb/MMSCF water content specification. 

Figure 7.20 System performance. 
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Operator intervention is minimal with no dewpoint excursions. 
Control system tuning continues intermittently with some analyzer 
issues with regards to lube oil contamination as well as ambient 
temperature variations. The site operations team is very pleased 
with the units and their lack of maintenance - essentially this is a 
hands-off operation. 

7.8 DexPro Next Steps 

Integration with a real-time process simulator is being planned 
to allow for online prediction of phase envelope dewpoints and 
hydrate temperatures - currently this fluid is being modeled as 
a binary fluid with C0 2 as the primary test fluid. Although com-
position can often vary in gas processing facilities, the variation is 
typically a binary function with H2S and C0 2 content; other com-
ponents are generally considered to be relatively constant and the 
predictions can be adjusted with a minor correction. 

Development of advanced versions of DexPro to allow for lower 
water contents; including development of a fulltime methanol 
assisted DexPro to allow for dramatically lower water content. As 
well, DexPro engineering development is showing promise for 
EOR based C0 2 dehydration as well as variants that can result in 
incremental hydrocarbon liquids recovery. 

Offshore acid gas applications look promising due to substan-
tially lowered physical parameters of DexPro systems compared to 
conventional systems. The result is a dehydration package that is 
less than 7% of the weight and 11% of the footprint when compared 
to a conventional dehydration system[6]. 

As well, a retrofit version has been developed that can allow bet-
ter integration into an existing compressor application. 

7.9 Murphy Tupper - 2012 Update 

After 13 months of online performance, the two(2) initial DexPro 
units continue to operate with minimal operator involve-
ment. Water content remains low and system stability is strong. 
The chart shown below illustrates acid gas water content on 
December 27, 2011. Analyzer response swings have been elimi-
nated with regulator temperature control and finer regulator 
pressure control. 

The below screen shot is a snapshot view of the DexPro control 
systems screen in normal operation: 
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Figure 7.21 December 2011 water content. 

ACID GAS COMPRESSOR f l - OEXPRQ UNIT 

RUNNING NORMAL mm™? jEJ3B (SEER mm mm 

& 

I 

■ I S*# B l 

Figure 7.22 DexPro control screen. 
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Abstract 
In recent years, there has been an increase in processes dealing with high 
concentrations of C02 at high pressures, such as carbon sequestration, 
enhanced oil recovery, and supercritical C02 extraction processes. Given 
these conditions, there are questions about the expected behavior when 
these systems experience substantial pressure drops, specifically whether 
solid C02 formation will occur. These pressure drops could be either an 
integral part of the typical process operation, or during a depressuring or 
relief scenario. This paper will investigate the behavior of several typical 
pressure drop scenarios at a variety of conditions and compositions, with 
the intent of highlighting areas that may be of concern. 

The investigation will be based on a number of steady state and dynam-
ics simulations, which will make use of a thermodynamic model that was 
specifically built to be able to predict both the conditions at which solid 
C02 will form, as well as the amount. An overview of the basis of the 
thermodynamic model and the basis of the simulation methodology will 
be provided. A summary of whether C02 solid will form in each scenario 
investigated will be presented. 

8.1 Introduction 

The study focuses on the blow down of C0 2 storage vessels; which 
are becoming increasingly prevalent due to EOR activity through-
out the world. The intent of this work is not to provide a basis for 
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the design or safety issues related to the blow down of such vessels, 
but rather to illustrate some circumstances where C0 2 solid may 
form during the course of a blow down. These could in turn be 
used as a guideline to determine when a more detailed investiga-
tion may be warranted. 

Three different pressures of saturated C0 2 are examined in this 
work, along with the effect of a liquid or vapour draw during the 
blow down. 

8.2 Methodology 
This study was conducted by developing models of the various 
blowdown scenarios in the process simulator VMGSim. VMGSim 
is capable of performing rigorous steady state and dynamic simu-
lations. The dynamic simulation engine in VMGSim solves for a 
series of dynamic states where each state is calculated at a user-
set step size. Rather than solving unit operations in sequential 
order (as in steady state), the dynamics engine solves pressures 
and flows using a network (simultaneous) solver, and energy and 
composition balances on a per unit operation basis. This provided 
the ideal basis to conduct a study of this type. Another important 
consideration in the development of the models used in this study 
is the thermodynamics property package, specifically its ability 
to predict the phase equilibrium when solid C0 2 may form in the 
course of the blow down. 

8.3 Thermodynamic Property Package 
Description 

The APRC02 property package is based on the APR package with 
special handling of C02; the package can predict the formation of 
solid C02. All results for SLVE are predictions based on the APR 
model and a rigorous model for the fugacity of solid C02. The ther-
modynamic basis for thermodynamic equilibrium calculations is 
given by equation 8.1. 

/co2
 = /co2

 = 7co2· (8.1) 
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Phase diagram for C02-APRC02 package 
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Figure 8.1 Phase diagram for C02 - APRC02 package. Phase boundaries calculated 
using APRC02. Note that the SL boundary was located by trial and error. 

Fugacities of all other components in the solid phase are set to an 
arbitrarily large value ensuring the solid phase contains essentially 
only C O r Necessary modifications for the calculation of enthalpies 
and densities of a solid C0 2 phase were also added to the package. 
The ability to predict the existence of a solid phase allows for a 
more complete depiction of the phase diagram of a pure substance. 
In standard property packages the phase boundaries are always 
vapour-liquid or liquid-liquid. With an active solid phase we can 
also have vapour-solid as well as liquid-solid boundaries. This 
behaviour is shown in Figure 8.1, the phase diagram for C02. 

The triple point calculated by APRC02 is equal to 216.73 K and 
513.31 kPa. The recommended values are 216.59 K and 517.88 kPa 
(RefProp). 

8.4 Model Configuration 

All cases assume that the initial inventory of the vessel is 100 tonnes 
and is contained in a vessel that is of the same size. The liquid level 
was adjusted so that the total inventory (saturated vapour and 
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saturated liquid) was 100 tonnes. The vessel size was set to be 15-m 
in length and 3.75-m in diameter, the vessel was assumed to have 
flat heads. The thickness of the vessel shell was assumed to be 2-in 
and a 4-in layer of insulation. The initial wall temperature of the 
vessel shell was assumed to be the same as the saturation tempera-
ture at the three pressures. 

The relief devices used were valves that were sized using a C0 2 
stream at the initial condition that would be experienced during 
the blow down and a flow rate of 400000 kg/h , with a downstream 
pressure of 1 bara. The valve sizes for the different scenarios are 
shown in Table 8.1. 

Figure 8.2 shows a process schematic of the dynamic models used 
in this study, where the primary difference in the configuration in 

Table 8.1 Summary of the valve Cv for the different blowdown scenarios. 
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v-x-^ Vapor draw blowdown 

M 
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Liquid draw blowdown 

Figure 8.2 Process schematic of the simulation model used in this study. 
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the model being whether the draw was taken from the liquid or 
the vapour. The configuration of the vessel was such that if the 
liquid level was lower than 5%, the draw stream would contain 
both vapour and liquid. The valve would then relieve the pressure 
of a two-phase stream. 

8.5 Results 
The following are the results from the blow down of the C0 2 present 
as a saturated liquid with an initial pressure of 20,40 and 60 bars, in 
which the draw was taken either from the vapour or liquid phase. 
The results presented for each scenario show the vessel holdup 
temperature, the downstream valve temperature and the holdup 
pressure in the plot labelled A. The plot labelled B shows the molar 
flow rates of the vapour and solid C0 2 phase downstream of the let 
down valve. While the plot labelled C shows the total mass inven-
tory of the vessel, including the mass of all of the phases contained 
in the vessel. 
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Figure 8.3 20 bara blow down using liquid draw. 
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Figure 8.4 20 bara blow down using vapour draw. 

Figure 8.5 40 bara blow down using liquid draw 
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Figure 8.6 40 bara blow down using vapour draw. 

Figure 8.7 60 bara blow down using liquid draw. 
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(c) 
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Figure 8.8 60 bara blow down using vapour draw. 

8.6 Discussion 

8.6.1 20 bar 

8.6.21 Vapour Blow Down 

Looking at Figure 8.4A it can be seen that the hold up pressure and 
temperature drops significantly over the course of the blow down. 
This is largely attributed to the fact that the heat required to vaporize 
the C0 2 leaving through the vapour letdown valve is provided by a 
sensible heat decrease in the C0 2 hold up temperature. Figure 8.4A 
and Figure 8.4B also show a distinct change in slope in the holdup 
pressure curve and downstream vapour flow rates at around 460s 
into the blow down. It is also worth noting that solid C0 2 is not 
formed downstream of the letdown valve during the course of the 
blow down. At this same time, Figure 8.4C shows a sudden drop in 
the liquid level in the vessel which indicates that the liquid contained 
in the vessel has transferred to the solid phase, this is confirmed by 
observing that the hold up pressure at this time is approximately 
the triple point pressure. It is interesting to see that during the 
final stages of the blow down in this scenario, inventory reduction 
occurred via the sublimation of C0 2 into the vapour phase. 
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8.6.1.2 Liquid Blow Down 

Looking at Figure 8.3A, the temperature of the hold up for the 
duration of the blow down is significantly higher than that of the 
vapour blow down case. Figure 8.3B shows there is a significant 
amount of solid C0 2 produced downstream of the letdown valve 
during the first portion of the blow down, which is characterized 
by a predicted outlet valve temperature of approximately -80C. 
This corresponds to the temperature of C0 2 vapour and solid and 
liquid in equilibrium with each other at 1 bara. There is a substantial 
amount of inventory that leaves the vessel during the first portion 
of the blowdown. During the later stages of the blowdown there 
is a significant drop in the solid C0 2 flow rate after the letdown 
valve, this corresponds to the vessel liquid level approaching 5%; 
at this point a significant amount of vapour will be leaving through 
the liquid draw. The rate at which material can pass through the 
letdown valve drops significantly thus the slowing of the rate of 
vessel inventory. 

8.6.2 40 ba r 

8.6.2.1 Vapour Blow Down 

Looking at Figure 8.6 it can be seen that the blow down behav-
iour with a vapour draw and an initial vessel pressure of 40 bara is 
similar to the blow down with a vapour draw and an initial vessel 
pressure of 20 bara. 

8.6.2.2 Liquid Blow Down 

Looking at Figure 8.5 it can be seen that the blow down behaviour 
with a liquid draw and an initial vessel pressure of 40 bara is simi-
lar to the blowdown with a liquid draw and an initial vessel pres-
sure of 20 bara. 

8.6.3 60 ba r 

8.6.3.1 Vapour Blow Down 

Looking at Figures 8.8A and B it can be seen that there is solid C0 2 
formed on the downstream side of the blow down in the case with 
an initial pressure of 60 bara and a vapour draw. As the blow down 
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proceeds the vessel hold up temperature and pressure drops and, 
perhaps somewhat counter intuitively at around 200s after the 
blow down started, solid C0 2 is no longer formed at the outlet of 
the blow down valve. In this case it is informative to look at several 
points in time of the blow down on a PH diagram (Figure 8.10). 

The area labelled Vapour + Liquid in Figure 8.9 indicates the 
phase boundary where vapour and liquid will be in equilibrium 
with one another. The line as the triple point line indicates where 
the three phases can coexist; the temperature and pressure at this 

H 

Figure 8.9 PH diagram for C02 with vapour + liquid and vapour + solid phase 
regions. 

H (kj/kmol) 

Figure 8.10 Isenthalpic pressure drop at different points in time for 60 bara 
initial, vapour draw blowdown on plotted on s PH diagram. 
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point is fixed. The area labelled Solid + Vapour indicates the phase 
boundary where vapour and solid will be in equilibrium with one 
another. In this region, dry ice will only sublimate into vapour C02. 
As the low pressure side of the letdown valve was assumed to be 1 
bara, only vapour and solid phases could occur here. 

While the overall blowdown process cannot necessarily be sim-
plified as being isentropic or isenthalpic. The pressure drop across 
the letdown valve at any given time can be well represented by an 
isenthalpic pressure drop. Figure 8.10 shows such an isenthalpic 
pressure drop for a number of different points during the 60 bara 
initial pressure vapour draw blow down scenario. 

The point labelled t = 0 s on Figure 8.10 shows the isenthalpic 
pressure drop from a saturated vapour at 60 bara to 1 bara. This 
isenthalpic pressure drop from 60 bara results in the 1 bara point 
being in the vapour solid two phase region, which corresponds to 
the results seen in Figures 8.8A and 8.8B. The point labelled t = 130 
s shows the pressure at which isenthalpic pressure drop to 1 bara 
will fall just on the vapour boundary when drawing from a satu-
rated vapour. This is the lowest pressure in which an isenthalpic 
pressure drop to 1 bara could result in the formation of solid C0 2 
on the downstream side of a letdown valve. The points at t = 300 
and 650 s show an isenthalpic pressure drop to 1 bar that will result 
in only a vapour phase being present downstream of the letdown 
valve despite the cooler hold up temperatures. 

8.6.3.2 Liquid Blow Down 

Looking at Figure 8.7 it can be seen that the blow down behaviour 
with a liquid draw and an initial vessel pressure of 60 bara is simi-
lar to the blow down with a liquid draw and an initial vessel pres-
sure of 20 bara. 

8.7 Conclusions 

The blow down of a saturated C0 2 vessel in general leads to several 
interesting scenarios. If a strictly vapour blow down is conducted 
the formation of solid C0 2 is mitigated, if not completely, during 
the blow down, depending on the pressure. Although inventory 
reduction is possible with a strictly vapour phase blow down, it is 
limited by the accelerated cooling of the vessel contents due to the 
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fact that there is a heat of vaporization. On the other hand, a liquid 
draw blow down will result in significant quantities of dry ice 
being formed on the outlet of the letdown valve for the duration of 
the blow down. This would require special design considerations 
in order to be able to handle these quantities of dry ice in the blow-
down lines. Also, given the fact that the majority of the inventory 
removed was in the liquid phase, the temperatures experienced 
within the vessel are significantly higher than that of a vapour 
phase blow down. This results in a significantly higher residual 
pressure within the holdup vessel. Perhaps a blow down system 
which makes use of both vapour and liquid draws at various points 
in time of the blow down should be considered. 
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Abstract 
In this paper, some key problems of acid gas re-injection are generally 
revealed, at first for co-storage situations of C02 and the strong acid gas 
H2S/S02 into subsurface reservoirs. Then, under the limits of acid gas re-
injection benefits and drawbacks, the potential sites suitable for acid gas 
re-injection in China are analyzed by using the developed CCS integrated 
database on the platform of ESRI ArcGIS. The potential storage sedimen-
tary basins and deep saline aquifers are focused to be investigated for acid 
gas re-injection. In general, sedimentary basins usually are the oil, gas, 
and/or coal reservoirs. Except for EOR, EGR, and ECBM by injection of 
C02, the depleted reservoirs are suitable for sequestration of acid gases. 
The insights of potential sites are gained by source-site matching analy-
sis in ESRI ArcGIS and some tailored numerical simulations. Preliminary 
study shows that there are enough potential storage sites for acid gas re-
injection, particularly in the mid-developed regions of China. Furthermore, 
with considerations of aforementioned constraints and boundary condi-
tions, some early opportunities can be listed for the implementation of 
acid gas re-injection in China. The analysis suggests that there are many 
early opportunities. The potential acid gas re-injection projects with early 
opportunities can be different combinations of high purity C02 and/or 
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H2S/S02 sources, good storage sites, and value-added byproducts. These 
early opportunities will provide China chances to have a quantum leap 
on CCS technologies, from early stage to commercial operation. Finally, 
the feasibilities and difficulties of implementing acid gas re-injection are 
concluded for the current stage in China. 

9.1 Introduction 

In terms of total emissions, China has overtaken the USA as the 
largest C 0 2 emitter in the world. This is mainly due to China's 
relatively high energy intensity compared to developed coun-
tries during latest impressive growth [1], China will reduce the 
intensity of carbon dioxide emissions per unit of GDP in 2020 
by 40 to 45% compared with the level of 2005. Even as a lower 
carbon economics future is being transited in China, fossil fuels 
will still continue to play a major role in the energy structure for 
many years. Carbon dioxide capture and storage (CCS) is being 
widely accepted as one of main solutions to mitigate global 
warming. China is planning to play a more active role in the CCS 
field. However, the still-very-high cost and potential risks of CCS 
are some ones of the major concerns to block its implementa-
tion, in particular in the developing countries like China. In the 
other hand, emission control of S02 and COD (Chemical Oxygen 
Demand) has specific reduction target in the latest Five-Year Plan 
of China [2], just because both of them heavily impact the public 
health and sustainable use of energy and environment in com-
parison with greenhouse gases (GHG) such as C02. In particular, 
the acid rain cause serious economic losses for the most devel-
oped area of East China during China's impressive growth in the 
past. Therefore, re-injection of acid gases (AG), such as C0 2 and 
H2S/S02, into subsurface reservoirs may be an effective way to 
reduce CCS cost, to meet the environmental control policy, and 
at the same time to boost up CCS to gain an early opportunity of 
operational industrial deployment [3]. 

Therefore, acid gas re-injection (AGI), i.e. capture and storage 
of C0 2 and H2S/S02 together (SCCS), may be an effective solution 
to reduce CCS cost, e.g. due to saving the de-sulphur device, and 
power CCS to gain an early deployment opportunity in China. In 
the regime of SCCS, two sections can be investigated to integrate 
into current CCS implementation. The one is to do during the 
capture stage, and the other is to finish during the sequestration 
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stage [3]. If C0 2 and S02 can be captured together and be seques-
tered into the same potential reservoir, it will greatly increase the 
implementation of CCS. According to China's near-zero emission 
plan, S02 must be captured from industrial sour gases. In China, 
the captured H2S/S02 from the sour gases was usually processed 
into sulphur. Furthermore, the processed sulphur faces the acute 
fluctuation of price in the marketplace, e.g. with the firm restriction 
of its usage in the food processing industry, a large consumer, for 
sake of safety. However, in the prospected future, the clear reduc-
tion control of C0 2 still has a long way to climb up. Whatever, there 
are some potential demands to cheaply sequester the acid gases 
mainly from industrial sector in the present and in the future. With 
consideration of China's economic and energy structures, SCCS 
would be a potential better solution to sequester S02 and C0 2 
together rather than CCS. In particular, this technology could 
be extended to capture a significant fraction of the natural gas-
associated C0 2 stream at low cost based on a cursory economic 
analysis in Canada [4]. 

Faced with the challenge of reducing atmospheric emissions of 
H2S produced from sour hydrocarbon pools, oil and gas produc-
ers in western Canada, AGI into deep geological formations for 
the SCCS occurs over a wide range of aquifer and reservoir char-
acteristics, acid gas compositions, and operating conditions since 
1990 [5]. To date, there are more than 45 AGI schemes in Western 
Canada. The AGI technology is steadily developing in Canada [6]. 
In China, there is not yet AGI project under plan. As known, 
China's policy and characters of sedimentary basins are very dif-
ferent from those of Canada. With mitigating GHG emissions and 
growing environmental concerns, AGI also shows indeed promis-
ing as an option to eliminate the release of carbon dioxide and sul-
fur oxides to the atmosphere. Sulfur plants emit all of the C0 2 to 
the atmosphere and even the most efficient emit small amounts of 
S02. Since the very complicated tectonic structure of China in com-
parison with Canada', the whole subsurface part of SCCS faces 
some challenges, e.g., high fault density and low permeability of 
sediments. Furthermore, Co-storage of C0 2 with S02 results in a 
larger and more strongly acidified zone, and alteration differs sub-
stantially from that caused by the injection of C0 2 only [3, 7]. For 
the implementation of AGI into deep sedimentary basins in China, 
a thorough assessment of the disposal reservoirs is prerequisite, 
in particular the mechanical stability of the sequestered formation 
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during and after the injection of acid gases [8]. The study in this 
paper examines the potential storage sites of S02 co-storage with 
CÖ2 into deep brine or sedimentary basins. 

9.2 Potential Storage Capacity for CCS 

This first-ever comprehensive survey of the potential for large scale 
CCS deployment in China finds that China has adequate deep 
geological storage capacity to meet likely demand for more than 
100 years. Furthermore, the potential reservoirs are in good proxim-
ity to a large fraction of major stationary C02 point sources in China. 
This may significantly lower the cost of large scale greenhouse gas 
abatement [9, 10]. The calculation methodology of C02 emissions 
is mainly referred to the IPCC Guidelines for National Greenhouse 
Gas Inventories [11]. The methodology to be applied in storage 
capacity estimation, and the types and level of detail of the neces-
sary data vary, depending on the scale and resolution of the assess-
ment itself [12]. The storage capacity assessment methodology was 
constructed at the basin level. The emission estimation indicates 
that there are over 1,620 large stationary C02 point sources in China 
that each emits at least 100,000 metric tons of C02 per year. The total 
annual emissions from these sources are estimated over 3,890 mil-
lion tons (MtC02). There are also 629 power plants emitting 72% of 
the total emissions [9,13]. 

9.3 Emission Sources of Acid Gases 
In general, the C02 point sources are also the emitter of other acid 
gases or greenhouse gases such as H2S, S02 and N02. As know, indus-
trial sectors are the largest contributor of AG/GHG in China [9]. 
With the examination study within the scope of coal-fired power 
plants, cement, iron and steel, petroleum refineries, ammonia, 
ethylene, ethylene oxide, and hydrogen industry, the locations of 
major acid gas emission sources are mapped in Figure 9.1. The 
majority of AG point sources are concentrated along the developed 
coastal zones of China and the heavily industrialized North China. 
This corresponds to the impact area of acid rain [14]. Power plants, 
iron-steel plants and petroleum refineries are the big three of AG 
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Figure 9.1 Location map of large AG point sources in China. 

contributions in China. Heavy dependence of coal is the major 
origins of the AG emissions. 

9.4 Distribution of High H2S Bearing Gas Field 

In general, there are different H2S concentrations in natural gas 
resources. However, natural gas reserves with H2S concentrations of 
more than 1% accounts for 1/4 of China's natural gas reserves [15]. 
The spatial distribution of sour natural gas fields in the sedimen-
tary basins is apparently nonuniform in China. H2S concentrations 
generally reach 10%-17% in the gas fields explored at Dukouhe, 
Luojiazhai and Puguang in the Northeastern Sichuan Basin which 
adds great difficulty to production safety and increases cost of cap-
ture and process of H2S. Table 9.1 listed some major high H2S bearing 
gas fields in China [16-18]. According to the classification criteria of 
sulfur gas fields as issued by the State Reserves Committee in 2005, 
a high sulfur gas field means that its H2S content is no less than 
30 g/m3. The high sulfur gas fields are mainly in the northwest and 
northeast Sichuan Basin. 



136 SOUR GAS AND RELATED TECHNOLOGIES 

Table 9.1 High H2S bearing gas fields in china 

Basin 

Sichuan 

Bohai 
Bay-

Gas field 

Zhongba 

Jinzhuping 

Dukouhe 

Luojiazhai 

Gunziping 

Tieshanpo 

Puguang 

Wolonghe 

Luojia 

Zhaolanzhuang 

H2S Content 

% 

4.90 

-

15.27 

7.13-10.49 

13.74 

14.19 

15.66-24.12 

4.00-31.95 

4.35-6.50 

63.00-92.00 

g/m3 | 

95.80-105.90 

92.30 

231.93-244.05 

102.07-150.01 

196.57-203.93 

203.00-207.53 

224.56-345.88 

57.40-491.49 

62.38-93.21 

903.42-1319.28 

9.5 Systematic Screening of Potential Sites 
It covers many factors to do a systematic screening of potential sites 
for AGI. The screening and selection of storage sites facilitates the 
management of uncertainties and minimization of risks associated 
with AG storage. The risks and uncertainties primarily arise from the 
subsurface characteristics. The processes should be examined and 
expressed in terms of costs that can be incorporated into the decision-
making process. On the basis of different assessment flow, a range of 
different methods for site screening and selection are developed for 
CCS up to now, e.g. [19-24]. The evaluation methodology for AGI 
projects considers the most important factors involved in large-scale 
deployment of CCS projects and available data. In general, the fac-
tors included in the screening can be categorized as the following: 

1. Capacity. Can potential sites hold as much AG as needed? 
2. Injectivity. Can the storage site be filled at the required rate? 
3. Risks related to long-term safety. Will stored AG remain 

safely in place? 
4. Economics. Will the projects be economically feasible? 
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Identification of all candidate fields in the Netherlands 

Selection of thresholds for C02 storage sites 

Selection of indicators for assessing the screening criteria 

Development of the database Consultation process with expert panel to 
evaluate methodology (1st survey) 

Definition of categories 
within each indicator 

Definition of 
scoring values 

Consultation process with expert panel to 
obtain scoring and weighting values (2nd survey) 

Definition of 
weights 

Run excel based 
tool 

± 

Pedigree values reflecting 
uncertainties in the 

Knowledge base 

Ranking 

—r~ 
Final report 

Scenario analysis U- Stakeholder consultation 

Figure 9.2 Schematic diagram of the methodology used in this research [24]. 

The screening of potential sites should include the management 
of qualitative and quantitative data and parameters. The process is 
based on a set of four priority objectives as follows: 

1. Storage optimization in terms of capacity and injectivity; 
2. Risk minimization, storage confinement and migration 

pathways; 
3. Adherence to regulations, environmental constraints, exist-

ing land-use and underground use patterns; 
4. Consideration of economic and social aspects. 

Figure 9.2 shows a schematic screening flowchart used to develop 
the framework of site assessment. 

9.6 Early Deployment Opportunities of AGI 

To date, aquifer sequestration of C0 2 is still expensive, due mainly to 
the cost of C0 2 capture, purification and compression, and second-
arily due to required field facilities and risk monitoring. Although 
there are many possibilities to reduce C0 2 emissions that are more 
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economically attractive, saline aquifer storage remains as one of 
the largest disposal sinks available for C02, and may be utilized if 
other less expensive options are exhausted [25]. As aforementioned 
causes in the introduction, capture and storage of C0 2 and S02 
together (SCCS), may be a potential solution to reduce total cost 
of CCS, and it may provide an effective solution to gain the early 
chance to implement CCS in China. It also leads to an innovation 
of industrialization and localization during stepping on the SCCS. 

The first acid gas re-injection (AGI) operation in the world was 
started in 1989 on the outskirts of Edmonton, Alberta, Canada [26]. 
It is no different from large-scale injection of C0 2 into depleted 
oil and gas reservoirs and into deep saline aquifers. AG such as 
H2S and S02 is usually more toxic and corrosive than C02. The 
understanding of the nature of AG in the subsurface, such as rate 
and magnitude of geochemical reactions, is great important to 
evaluate storage capacity and injectivity of potential reservoirs. 
Before implementation of greenhouse gas geological sequestration, 
a series of questions need to be addressed. The most important ones 
are related to the short- and long-term fate of the injected AG. Such 
investigations ensure the operational aspects of co-storage into pos-
sible formations over a long period of time [3]. The success of the 
acid gas injection operations in Canada indicates that the engineer-
ing technology for C0 2 geological sequestration is well developed 
and ready for large-scale deployment. 

In this paper, the potential storage sedimentary basins and deep 
saline aquifers are investigated for AGI in China. In general, sedi-
mentary basins usually are the oil, gas and/or coal reservoirs. 
Except for EOR, EGR and ECBM, the depleted reservoirs are suit-
able for sequestration of GHG and AG. Figure 9.3 depicts the distri-
bution of sedimentary basins of China. With comparison to Figure 
9.1, it can be founded that the mainland sedimentary basins cannot 
provide adequate storage capacity for the high developed coastal 
zones in South China and Yangtze River delta. The marine sedi-
mentary basins may be reasonable alternatives for these areas. On 
the other hand, if considering the option of deep saline aquifers 
(Figure 9.4) with a source-site matching analysis, it offers the larg-
est potential storage capacity for AGI in China. The detail of the 
proposed analysis will be addressed in the following publication. 
Whatever, there is significant potential of storage capacity to meet 
the sequestration demand of SCCS and/or CCS. 
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Figure 9.3 Map of sedimentary basins in China. 

Figure 9.4 Map of deep saline aquifers in China. 

9.7 Conclusions 

As aforementioned analyses, it looks at both the storage capacity 
and locations confirm that China has the theoretical capacity to 
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store the GHG and/or AG produced from its major point sources. 
Some concluding remarks can be addressed as follows: 

1. Coal will remain at the centre of China's energy structure at 
least for some decades. 

2. There appears to be enough storage capacity in China to 
store the majority of China's GHG/AG emissions from large 
point sources. However, more site-specific work is needed 
to facet this understanding. 

3. AGI should be seen as one ambitious solution overall to 
motivate low-carbon energy strategy and domestic indus-
trialization reform. SCCS is not a substitute for the CCS, and 
it is a potential solution to power CCS to gain early imple-
mentation chances. 

4. Experience of Canada's AGI operations shows a certain 
confidence to the public on the geological sequestration of 
GHG/AG. However, it still has a lot of research work to do 
for the situations of AGI in China. 
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Abstract 
The third phase of Zhanazhol Oil Field in Kazakhstan was put into pro-
duction, and a conceptual design for the acid gas injection scheme was 
undertaken. The acid gas stream is unusual because of its high hydrocar-
bon (C4+ is about 1.75 mol%) and mercaptan (3 mol%) content. 

These components add challenges to the design of a traditional 
injection process. One difficulty is the condensation of this stream dur-
ing the compression and cooling. One solution is to use additional cool-
ing on the interstage. This produces a sour condensate stream that can be 
recycled back to the front of the plant. This also results in a dehydrated 
acid gas stream, and therefore reduces the chance of corrosion problems 
and hydrate formation during the transport and injection of this stream. 

10.1 Basis 

The acid gas stream from the solvent regeneration tower is at the 
following conditions: 40°C and 0.07 MPa[g] and at an average flow 
rate of 765.6 kmol /h or equivalently 41.2 x 104 m 3 /d (approximately 
15 MMSCFD). According to the client's requirement, the injection 
pressure was specified to be 6.8MPa. Estimation of the injection 
pressure was not part of this study. 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
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The composition of the acid gas is given in Table 10.1. This acid 
gas stream is somewhat unusual because it contains a large amount 
of hydrocarbons and heavier hydrocarbons in particular, The total 
hydrocarbon is about 3 mol%, which is not that extraordinary, but 
the heavy hydrocarbon (C4+) is about 1.75 mol% which is very high 
and it is these heavier hydrocarbons that can have a significant 
effect on the process design. 

The stream also contains about 3 mol% mercaptans, which is also 
very high and can have a significant effect on the process design. 
Such compounds can adversely affect an acid gas injection scheme 
because they are easily condensed. They can also adversely affect a 
sulfur plant. The hydrocarbons lead to catalyst poisoning and also the 
''black sulfur", a poorer grade of sulfur which may not be saleable. 

10.2 Phase Envelope 

Figure 10.1 shows the phase envelope for the acid gas mixture (solid 
line). The presence of the heavy hydrocarbons and mercaptans 
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Figure 10.1 Phase envelopes. Solid line: full composition; Dashed line: full 
composition without heavy hydrocarbons; Dash dot line: full composition without 
mercaptans; full composition without heavy hydrocarbons and mercaptans. 
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Table 10.1 Composition of the acid gas mixture. 

Component 

Carbon Dioxide 

H2S 

Methane 

Ethane 

Propane 

i-Butane 

n-Butane 

i-Pentane 

n-Pentane 

Hexane 

mol% 

35.7840 

54.2152 

0.4328 

0.3054 

0.6344 

0.2802 

0.4458 

0.1072 

0.2465 

0.2589 

Component 

Heptane 

Octane 

Nonane 

Decane 

cH+ 
Nitrogen 

CH3SH 

C2H5SH 

CH3SHCH3 

Water 

mol% 

0.1912 

0.1230 | 

0.0864 

0.0044 

0.0027 

0.0018 

0.8822 

1.4258 

0.6212 

3.9511 

results in a much broader phase envelope than for a typical acid 
gas. The estimated critical point for this mixture is 78°C and 9.4 
MPa. The phase envelope was calculated using Aspen HYSYS. 

To study the influence of heavy hydrocarbons and mercaptans on 
phase envelope, either C8-C11 fractions or mercaptan components, 
or both, were removed from the full composition list, and the corre-
sponding envelopes were shown in Fig. 10.1. It can be seen that if the 
heavy hydrocarbons are removed, the envelope become thinner (the 
dashed line in Fig. 10.1), and the dew point at the pressure of 3 MPa, 
which could be a inters-stage pressure of compression, decreases from 
65°C to 52°C. If the mercaptan components are removed (the dash-dot 
line in Fig. 10.1), the critical point noticeably changes its position in the 
p-T envelope, with both the critical pressure and critical temperature 
decreasing about 10%. Nevertheless, the dew point at 3 MPa does not 
crease so much as that when the heavy hydrocarbons are removed. 

If the C8-C11 fractions and mercaptan components are both 
removed, the phase envelope become much thinner, which is more 
like the typical one reported in literatures. This indicates the high mer-
captan and heavy hydrocarbon content has a remarkable influence 
on the phase envelope, increasing the critical pressure and the dew 
point temperature significantly The broaden phase envelope could 
be a problem for the design of acid gas compression and dehydration. 
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10.3 Water Content 

The water content calculations were performed using AQUAlibrium. 
The accuracy of AQUAlibium for predicting water content of acid 
gas mixtures is well established (see for example Carroll, 2002). 

The component database in AQUAlibrium is not as large as most 
process simulation packages. Thus sum component lumping is 
required in order to use this software. The mercaptan components 
were lumped with the hydrogen sulfide. This is believed to give 
a better water content calculation but worse non-aqueous phase 
equilibrium. For the non-aqueous equilibrium it is better to lump 
the mercaptans with the hydrocarbon with similar boiling points. 
The hydrocarbons heptanes through undecane were lump with 
the hexane to make a C6+ fraction, which is assumed to have the 
properties of n-hexane. 

The resultant composition is given in Table 10.2. From the lumped 
composition the water content for this stream was calculated and 
the results are presented in Figure 10.2. 

The steep curves at low pressure represent the water content 
in the gas phase. The somewhat shallower curves at high pres-
sure are the water content in the liquid phase. The broken line con-
necting the two is the water where the water content curve passes 
through the phase envelope and does not actually represent the 
water content at these conditions. It should be noted that the non-
aqueous dew and bubble points shown in Figure 10.1 are for the 
original gas composition and not for the lumped mixture. 

Table 10.2 Lumped acid gas composition for AQU Alibrium calculations. 

Component 

co2 

H2S 

Methane 

Ethane 

Propane 

i-Butane 

mol% 

35.78396 

57.14433 

0.43282 

0.30543 

0.63443 

0.28017 

Component 

n-Butane 

i-Pentane 

n-Pentance 

c 6
+ 

Nitrogen 

Water 

mol% 

0.44580 

0.10715 

0.24645 

0.66655 

0.00177 

3.95112 
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Figure 10.2 Water content of the acid gas mixture. 

These curves do not show the dramatic difference in the water 
capacity between the gas phase and the liquid phase that is typical 
of an acid gas mixture. This is because of the relatively low dew 
point pressures for these mixtures. And again the low dew points 
are due to the high mercaptan and heavy hydrocarbon content. 

It is estimated that the lumping used in this case has a negligibly 
small effect on the water content calculations in this case. 

10.4 Hydrates 

Figure 10.3 shows the hydrate curve for the mixture as given in 
Table 10.1 and was calculated using VMGSim under the condition 
that saturated water exists in the acid gas mixture. The region where 
hydrates are possible is to the left and above this hydrate curve 
(i.e. pressure greater and temperature less than the hydrate curve). 
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Figure 10.3 Approximate hydrate curve for acid gas given in Table 10.1. 

The predicted hydrate curve for this mixture extends out to 30°C It 
reaches this temperature at a pressure of about 4 MPa. 

Reducing the water content of a gas mixture below some thresh-
old level reduces the temperature at which a hydrate will form for 
a given pressure. For acid gas mixtures this effect is significantly 
larger for the liquid phase than for the gas phase. For example, 
reducing the water content to 2 g/sm3 is predicted to reduce the 
hydrate temperature from about 30°C to about +10°C Further 
reducing it 1 g/Sm3 reduces this to -6°C. These calculations were 
performed using CSMGem with the lumped composition. 

As the aerial temperature in Kazakhstan is very low in winter, 
the temperature in the transportation pipe could be as low as near 
0°C. Thus the water content in the acid gas should be decreased in 
order to avoid water condensation or hydrate formation. For extra 
safety consideration, the acid gas should be dehydrated to reduce 
the water content to 1 g/sm3. 
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10.5 Dehydration and Compression 
The acid gas composition for this case is unusual and thus requires 
special considerations over a more conventional acid gas injection 
scheme. 

The phase diagrams presented earlier show that the compression 
of this stream requires careful consideration. 

First, from Fig. 10.1 it can be seen that merely cooling to 50°C will 
result in condensation of the acid gas on the interstage. The acid 
gas dew point at 50°C is approximately 1.25 MPa. Second, from 
Fig. 10.2 the use of compression and cooling alone will not result 
in a sufficiently dehydrated stream. A combination of compression 
and chilling result is a dehydrated stream and eliminates problems 
with condensation of the acid gas. 

Figure 10.4 shows a process flow diagram for this four stage 
compression and chilling process. The process was modeled using 
VMGSim. 

First the gas is compressed and cold through an aerial cooler to 
50°C. This stream is blended with methanol and cooled to 0°C in a 
chiller. Refrigerant (usually propane) boils on the shell side of the 
reboiler while the acid gas cools (and partially condenses) on the 
tube side. Methanol is injected at a rate of 275 kg /h in order to 
prevent hydrates from forming in the tubes of the reboiler. At this 
point the stream has been dehydrated to about 1 g/Sm3 and thus 
additional condensation of water is not a concern. There is a metha-
nol-water byproduct stream (labeled "Aqueous Waste") that can be 
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Figure 10.4 Process flow diagram for the compressor plus chiller process. 
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disposed with any aqueous waste. However it is probably wish to 
recover this methanol and reuse it. 

The condensation of a portion of the acid gas changes the phase 
envelope. The phase envelopes for the original acid gas and the 
lightened acid gas are shown in Fig. 10.5. At pressure below 7 MPa 
the dew point temperature for the mixture has been reduced by 
about 10 to 25 Celsius degrees. On the other hand the bubble points 
are almost unaffected by this change in composition. 

The estimated compression power for this scheme is about 
2.5 MW and the required chiller duty is 0.75 MW. These values are 
for the full flow rate of the acid gas. 

A significant amount of the heavier components are also 
condensed. In the PFD shown, this stream is pumped to a high 
pressure and blended with the compressed acid gas stream and the 
combined stream is injected. This stream can be recycled back to the 

60 80 100 120 140 160 

Temperature (SC) 

Figure 10.5 Graphical representation of the compression-chilling process. 
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inlet of the plant and blended with the raw liquids in the inlet. This 
stream contains about 8 t / d of hydrocarbon (oil) and represents 
a potential source of income rather than simply a waste product. 
A review of the entire plant may reveal a point where this stream 
can be returned for further processing and thus recovery of this 
potentially lost product. 

This process is similar to that use at the South Rosevear Plant 
that was designed by Gas Liquids Engineering (see Maddocks 
et al, 2008). 

10.6 Discussion 

The chilling process can also be achieved after the second stage com-
pression. The gas is compressed at the first stage and cold to 50°C in 
an aerial cooler. After the condensate is removed by the interstage 
scrubber the gas is again compressed at the second stage and cold 
through an aerial cooler to 50°C. This stream is blended with metha-
nol and cooled to 18°C through a gas-gas exchanger and a chiller. 

The conventional refrigeration loop can be modified to include a 
gas-gas exchanger and a separator after it. This separator removes 
liquid water and any hydrocarbons that condense. The liquid water 
is returned to the amine plant and the condensed hydrocarbon is 
sent o the condensate stabilization system. 

Since the gas-gas exchanger is maintained above the hydrate tem-
perature, methanol does not have to be injected into the exchanger 
and thus the water from the first separator contains no methanol. 
Methanol is only injected after the separator. 

With the above changes of the process, the stream has been 
dehydrated to about 1 g/Sm3, and the duty on the chiller is greatly 
lessened. The estimated compression power for this scheme is still 
about 2.5 MW but the required chiller duty decreases to about 
0.3 MW, and methanol is injected at a rate of only 35 kg /h in order 
to prevent hydrates from forming in the tubes of the reboiler. 

10.7 Conclusion 

The high mercaptan and heavy hydrocarbon content has a remark-
able influence on the phase envelope, increasing the critical pres-
sure and the dew point temperature significantly The broaden 
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phase envelope causes problems for the design of acid gas com-
pression and dehydration. Merely cooling to 50°C will result in 
condensation of the acid gas on the interstage, and the use of com-
pression and cooling alone will not result in a sufficiently dehy-
drated stream. 

A combination of compression, chilling and separation result 
is a dehydrated stream and eliminates problems with condensa-
tion of the acid gas. With an optimized process design by adding 
a gas-gas exchanger and scrubbers to remove the condensate, this 
scheme can be energy-saving and obtain extra heavy hydrocarbon 
(oil) recovery. 
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The concept of controlling the level of C02 in the atmosphere 
includes a variety of strategies to reduce carbon emissions. One 
effort being pursued to lessen the release of greenhouse gases is 
capture and long term storage of C02. 

There is an increasing interest in injecting C02 from large C02-
producing single sources, e.g., fossil-fueled power plants, oil refin-
eries, cement works, and steel production. The oil and gas industry 
is increasingly faced with the disposal of fossil C02 received from 
low-quality gas streams, which are sometimes characterized by 
more than 10% C02. 

Injection of C02 has taken place for many years as a consequence 
of pressing C02 into oil fields to enhance oil recovery (EOR). Faced 
with sour sources of natural gas, acid gas injection is employed by 
oil and gas producers in Canada to reduce emissions of H2S to the 
atmosphere. Since C02 often represents the largest component in 
acid gas streams and it is costly to separate the two gases, large 
volumes of C02 are injected together with H2S into geological for-
mations [1], [2]. The methods and technologies used for the seques-
tration of pure C02 are analogous to those developed for the acid 
gas injection. 
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Today the main priority for the development and wide spread 
deployment of C0 2 capture and storage technology is to reduce the 
cost for capture, compression and transport. 

In all these Capture and Storage schemes the compression rep-
resents an important process step. It requires significant compres-
sion power to boost the pressure of the C0 2 after capture to typical 
pipeline levels. Reduction of the cost and power requirements for 
compression will encourage injection of CÖ2 both for existing and 
future power plants and other large C0 2 producing processes. 
Therefore current R&D activities are focused on developing and 
improving the energy- and cost-intensive sub processes of separa-
tion and compression. Also in the fields of enhanced oil recovery 
and acid gas injection, oil and gas producers will benefit from an 
optimized compression scheme. 

For high pressure applications depending on the specific char-
acteristics of the injection process, it can be reasonable to utilize 
new concepts with part compression followed by liquefaction and 
pumping [3], [4]. Significant power savings in the compression step 
can be achieved with this tandem approach [5]. 

With renewable energies taking up a higher percentage of the 
energy mix in the future, more flexibility will be required for fossil 
fuelled power plants. By employing reciprocating compressors and 
pumps, high efficiencies can be obtained at part-load. 

Beside the efficiency improvement also the corrosion behaviour 
of C0 2 at higher pressure has to be considered. Conventional com-
pressor technology can be harmed by the special behaviour of the 
C0 2 and H2S mixtures especially at pressures above 100 bara. The 
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Figure 11.1 Acid gas and C02 capture, compression & storage. 
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actual technologies are extremely cost-intensive and therefore new 
concepts are requested. 

This paper will show the plant layout and demonstrate the high 
overall efficiency of this approach which combines semi-isothermal 
compression with reciprocating compressors, cooling, liquefaction 
and pumping with diaphragm pumps, and display the possible 
energy savings, illustrated by an example for compressing 30t/h 
C0 2 from 2 bara to 200 bara. 

It will address the special behaviour of C0 2 and H2S in regard 
to compression and the related corrosion mitigation and will give 
an overview over reciprocating compressors and pumps and their 
benefits. 

Figure 11.2 shows two ways of compressing 30t/h C0 2 from 
2 bara to 200 bara. One process, indicated by the solid black line, 
describes the conventional semi-isothermal compression with 
multistage compression and inter-stage cooling for reciprocat-
ing compressors. The compression ratio is in a range of 3-4. This 
compression path requires five compression stages and results in a 
power demand of 3 MW for this application. 

The hybrid approach, indicated by the open white line, com-
bines semi-isothermal compression, cooling, liquefaction and 
increasing the pressure in a final single step to the pipeline condi-
tion by a pump. Since compression in the liquid state consumes 
less power than in the gaseous state, this combined path of 
compression reduces the power demand by 0,5 MW. The C 0 2 is 
compressed to 70 bar by a reciprocating compressor with three 
stages, subcooled to 25°C and boosted to the final pressure of 
200 bar by a triplex diaphragm pump. However, there will be 
no universally valid solution to C0 2 and acid gas compression 
duties. Specific storage site conditions such as location, ambient 
air temperatures, availability of cooling medium etc. will play a 
decisive role in determining the optimum configuration. 

This is why only the shaft power is considered in this energy 
balance. The power consumption of the liquefaction depends on 
the ambient conditions. Figure 11.3 shows the condensation tem-
peratures of acid gas at 65 and 70 bar. It can be seen that for pure 
C02, a temperature of about 20°C is required for the cooling agent 
which can be achieved with cooling water. Hence, if cooling water 
is available at the site of compression, the overall power saving can 
be up to 15% because the power consumption of the liquefaction 
is negligible. If active cooling is required, the power saving is still 
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in the range of 5-8%. With an increasing amount of hydrogen sul-
phide in the acid gas, the condensation temperature rises and thus 
the required temperature of the cooling liquid becomes less critical. 

Figure 11.3 also shows the density of acid gas on the boiling curve. 
Since reciprocating compressors and pumps work on a volumetric 
base, the density and compressibility of the fluid determines the size 
of the machine. To be in an economic range for the capital costs of 
diaphragm pumps, the density of the pumped fluid should at least be 
500 kg/m3. As can be seen from the diagram, this minimum density 
can be attained if the acid gas is liquefied at a pressure around 70 bar. 

Beside the efficiency improvement, the hybrid compression 
path also mitigates an important corrosion issue with acid gas. At 
higher pressure, the suction temperature is close to the two-phase 
region. At these conditions, there is a risk of corrosion if the acid gas 
decompresses in the packing and sealing elements and liquefies. 
This is illustrated in the p-h-diagram in Figure 11.4 which shows 
the limit in suction temperature for pure C02. To avoid this corro-
sion problem it is necessary to increase the suction temperature for 
the upper stages, which, as a result, increases the number of stages. 
For the case study which is presented here it concerns the suction 
temperature of stage 4 and 5. For acid gas with a high content of 
H2S, this issue arises already at lower stages. As a consequence, the 
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Figure 11.3 Condensation temperature and density of acid gas at 65 bar (—) 
70bar(—). 

and 

combination of reciprocating compressors and pumps for acid gas 
compression also reduces corrosion issues for processes with dis-
charge pressures above 100 bar for C0 2 and even lower discharge 
pressures for acid gas. 

Additionally, reciprocating machines offer advantages where 
process flexibility is an important criterion. Reciprocating compres-
sors can be adapted to varying mass flows by speed control in com-
bination with valve unloading, and diaphragm pumps by speed 
control. In this way, for the compressor a turndown ratio of 1:4 is 
achieved and 1:4 or 1:5 for the pump, dependent on the pump size. 
By using speed control, reciprocating machines can deliver variable 
flow rates at a constant high efficiency. 

Also varying gas compositions, occurring in Enhanced Oil 
Recovery and Acid Gas Injection, can be handled easily by recipro-
cating compressors and pumps. Varying compositions bring about 
changes in density and compressibility which result in changing 
volumetric flow rates. Again, this can be accomplished by speed 
control without loss in mechanical efficiency. 

Finally, for all compression and storage operations it is a quite 
conceivable scenario that the discharge pressure will vary over time 
due to changes in the reservoir pressure. With the hybrid compres-
sion path, this case would not require any adaption of the installa-
tion since the fluid is boosted to the final pressure by the pump in 
one single step. 

Figure 11.5 shows the process flow diagram for the example of 
compressing 30 t / h of C0 2 in a 3-stage reciprocating compressor 
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Figure 11.4 Corrosion issue and suction temperature for C02 compression. 

and a diaphragm pump, including the interstage coolers and pulsa-
tion dampers for each stage. Figure 11.6 presents the plant layout 
for the same process. The first compressor stage requires two pis-
tons, the second and third stage one piston each. After the compres-
sor, the C0 2 is liquefied in the subcooler before it is boosted by the 
triplex diaphragm pump to the reservoir pressure. 

The limit for piston compressors and diaphragm pumps lies at 
about 150 t / h of acid gas. In terms of carbon capture and storage, 
the C0 2 emissions of many C0 2 generating processes and fossil 
fuelled power plants of 200-300 MW can be handled with one set 
of machines. Power plants of 200-400 MW would need 2-3 sets of 
reciprocating machines operated in parallel. The range above - up 
to 1200 MW - would be the field of turbo compressors and turbo 
pumps, though with significant lower efficiency, especially at part 
load. For high-capacity power plants where concurrently high effi-
ciency is required, it is conceivable to use turbo machines to cover 
the base load and reciprocating machines to accomplish the peak 
load at high efficiency. 

The limit in discharge pressure for this hybrid solution is roughly 
500 bar, depending on the actual flow rate, and the suction pres-
sure needs to be at least atmospheric pressure. In low pressure 
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Figure 11.5 Process flow diagram for 3-stage reciprocating compressor and 
triplex diaphragm pump. 
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Figure 11.6 Plant layout for compressing 30 t/h C02. 

applications, that is up to about 150 bar, the compression can be 
performed by multistage reciprocating compressors solely. 

Ring sealed reciprocating compressors are widely applied for a 
very wide range of applications due to their very high efficiency 
also in part load operation and due to their ability to scope with a 
very large range of operation conditions. Burckhardt Compressions 
portfolio of ring sealed reciprocating compressors with crosshead 
(API 618) ranges from 200 to 3Γ000 kW and discharge pressures of 
up to Γ000 bar can be reached. 

The advantages of crosshead reciprocating compressors (API 
618) are the balancing of forces due to double acting pistons and 
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the strict separation of the process gas and the crank case. For high 
compression ratios, multiple stages are applied in order to improve 
the volumetric efficiency and to limit the gas temperature. 

The sealing of the crank end side compression chamber is realized 
with a packing along the piston rod. The mechanical seal limits the 
leakage to a very small amount. For the compression of flammable, 
hazardous or toxic gases, a double compartment distance piece is 
installed between the cylinder and the compressor frame. The two 
chambers of the distance piece ensure that no frame lubrication oil 
is in contact with the process gas and no process gas is released to 
the crank case or to the atmosphere. 

Figure 11.7 shows a schematic of compressor with a two-
compartment distance piece. The leakage gas of the packing is fed 
to the suction side of the compressor (or to an external leakage 
system). The remaining leakage to the distance piece is diluted 
with inert gas and vent to the flare. Between the two compart-
ments of the distance piece, an intermediate packing equipped 
with seal gas is installed to prevent the gas from entering the 
crank end compartment, which is vented to the atmosphere. This 
configuration guaranties that no contamination of the frame lube 
oil or the environment occurs. 

Diaphragm pumps are mainly used for low to medium flow 
rates at medium to high pressures. They are predominantly known 
for low flow - high head applications and for fluids which have to 
be metered leak free with high accuracy. In the last 25 years how-
ever process diaphragm pumps were developed rather unnoticed 
from the general public to hydraulic powers of several hundred 
Kilowatts. Today the allowable physical values such as pressure, 
flow rate and viscosity cover several orders of magnitude. 

The above mentioned process conditions are typical applications 
for plastic diaphragms. They are usually employed for pressures 
up to 400 bar at temperatures of -50°C to +150°C. Special designs 
are used in processes up to 800 bar. 

Diaphragm pumps are absolutely leak-free because the hydrauli-
cally actuated diaphragm completely separates all susceptible parts 
of the pump from the process fluid. This is why they have found 
a wide field of applications in all industries which handle fluids 
with the potential to be hazardous, dangerous or toxic. Therefore 
the diaphragm pump technology is not only suitable to convey C0 2 
for carbon capture and storage, but also acid gas, containing highly 
toxic H2S, for sequestration or enhanced oil recovery. 



COMPRESSION OF ACID GAS AND CO 161 

Suction side 
Leakage to safe location Purge and 

seal gas 
Vent to atmosphere 

Discharge side 

Figure 11.7 Schematic of reciprocating compressor. 

Leakages in case of a damage are avoided by multilayered dia-
phragms with a diaphragm rupture indication. The fluid is still 
contained in the pump even if one diaphragm is damaged. For 
fluids that tend to diffuse through the diaphragm, especially C02, 
there is a special diaphragm rupture indication that differentiates 
between tiny leakages caused by diffusion and real damages of the 
diaphragm. Other safety features are implemented in the hydraulic 
part of the pump to render it inherently safe against up-set condi-
tions such as overload or cavitation. 

In addition to be leak-free, diaphragm pumps have all the advan-
tages of reciprocating displacement pumps, such as high accuracy, 
high volumetric and mechanical efficiency and a pressure firm 
characteristics i.e., the capacity is nearly unaffected by the back-
pressure. Linear capacity control is possible by speed adjustment 
and for some pump types also by stroke adjustment. 

Worldwide there are more than 370 Burckhardt compressors 
installed for C02 and around 30 for H2S services. The long term 
experience with the handling of such demanding gases enables 
Burckhardt Compression to judge the risks, choose the proper 
materials and adjust the process for trouble free operation of recip-
rocating compressors. 

C02 is one of the most frequently pumped fluids by LEWA 
pumps. Many of these pumps are employed in low flow - high pres-
sure applications. But also the biggest diaphragm pump ever built 
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Figure 11.8 Schematic of diaphragm pump head. 

Figure 11.9 Burckhardt Compression BA Compressor for C02 compression 33 
t/h C02 wet, 27 bara suction pressure, 235 bara discharge pressure, 3800 kW 
shaft power. 

by LEWA conveys C O r It is placed at an LNG production facility 
in Norway where it compresses C0 2 contained in the natural gas 
for sequestration in a deep sub-sea formation beneath the gas field 
for final storage. The 4-headed diaphragm pump boosts 110 m 3 /h 
C0 2 from 60 bar to 215 bar. In this case the hybrid compression 
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Figure 11.10 LEWA Diaphragm Pump G4T for CCS 100 t/h C02, 60 barg suction 
pressure, 215 barg discharge pressure, 650 kW hydraulic power. 

consumes more than 1000 kW less than the conventional compres-
sor process [6]. 

LEWA pumps are also employed for acid gas injection in Canada 
where underground storage of acid gas has taken place for many 
years to make sure that acid gas is not emitted to the atmosphere. 

11.1 Conclusion 

The process of capture and storage of C0 2 is the most promising to 
reduce greenhouse gas emissions since the world wide ever growing 
energy demand will probably be covered by fossil fuels for some 
more decades. The CCS technology can build on the experience 
gained in acid gas injection which has been taken place for more 
than 20 years in Canada to avoid the emission of highly toxic H2S. 

Both capture and compression of C0 2 and H2S are energy-
intensive steps. The overall acceptance of CCS will depend on a 
reduction of the cost and energy requirements for the whole pro-
cess. Since the compression of a liquid consumes less energy than 
compression of a gas, the combination of a compressor and a pump 
can bring power consumption down. Depending on the ambient 
conditions, the energy saving can be as high as 15%. For the com-
pression of up to 150 tonnes/h, the combination of a reciprocat-
ing compressor and a diaphragm pump offers further advantages 
regarding corrosion problem mitigation and the speed of response 
to changes of gas mass flow, gas composition and discharge pres-
sure. To comply with varying flow rates a turn down ratio of 1 : 4 
can be realised with high efficiency. 
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Abstract 
Throughout acid gas compression and injection systems, there are numer-
ous significant pressure drops that can occur, including recycle gas from 
high pressure compression stages to low pressure compression stages, 
and choke valves between the final compression stage discharge and the 
wellhead. This paper will provide a brief review of the principles that 
allow sufficient amounts of water to be removed from acid gases with 
compression and cooling. The paper will also present a typical acid gas 
compression and injection system, in order to highlight potential issues 
related to using choke valves. The basis of the investigation will be a series 
of simulation cases, and as such, a summary of the validity of the models 
used will be presented. 

The scenario that will be studied in detail in this paper will be to 
determine if a choke valve could be used to raise the pressure at which 
a four-stage acid gas compression and injection system runs, in order to 
be able to lower the water content of the acid gas sufficiently with com-
pression and cooling. In four-stage compression systems, water content 
reaches a minimum at temperatures approaching the hydrate tempera-
ture after three stages of compression, or at the dewpoint temperature at 
the required injection pressure. For this to be effective for water content 
control, the required wellhead injection pressure must be above a cer-
tain level, depending to some extent on composition of the acid gas. The 
question to be analyzed is whether imposing an artificial higher pressure 
by means of a choke valve can be used to minimize the water content 
if the natural pressure for injection is relatively low. If the final injection 
pressure is purposely increased at these conditions, water content will be 

Ying (Alice) Wu, John J. Carroll and Weiyao Zhu (eds.) Sour Gas and Related Technologies, 
(165-182) © 2012 Scrivener Publishing LLC 

165 



166 SOUR GAS AND RELATED TECHNOLOGIES 

reduced. However, the wellhead pressure will always revert to the actual 
pressure required for the particular well and injection zone conditions. 
If this pressure is not naturally high enough to minimize the water con-
tent sufficiently, then a water dehydration process has to be included in 
the facilities, at additional capital and operating costs. Given the fact that 
injection pressure is an important factor in whether an acid gas can be 
dehydrated with only compression and cooling, there may be a motiva-
tion to try to operate the acid gas compression train at a pressure higher 
than the required well head injection pressure in order to be able to take 
advantage of this. Several different examples with varying suction and 
injection pressures at several different compositions will be examined to 
see if this is possible, or if problems, such as formation of an aqueous 
water phase or hydrates, would occur once the pressure has been reduced 
to the injection pressure. 

12.1 Introduction 

Acid gas is a mixture of H2S and C0 2 that is extracted from sour 
natural gas during sweetening of the sour gas to comply with the 
low content specifications of the acid gas components in the treated 
sales gas. When the acid gas mixture is separated from the sour gas 
in the treating process, it exits the separator fully saturated with 
water vapour at the separator pressure and temperature. One way 
of disposing of the acid gas stream is to compress it and inject it into 
a deep underground formation. In Western Canada there are over 
50 such projects currently in operation. 

Acid gas is very corrosive in an aqueous environment, and will 
also form hydrates at elevated pressures at temperatures consider-
ably above the freezing temperature of water. In the further han-
dling of the acid gas in compression and injection projects it is 
necessary to remove most of the water vapour from the acid gas so 
that the acid gas is highly undersaturated in water vapour content 
when it leaves the compressor site. 

The conventional processes that can be used for dehydrating 
natural gas can also be applied to drying acid gas. This increases 
the capital cost and the operating cost of an acid gas injection proj-
ect. If the injection pressure required by the injection well due to 
reservoir conditions of pressure and injectivity restrictions results 
in a high injection pressure, then the water content can be suf-
ficiently reduced by interstage cooling. This is due to the fact 
that the acid gas exhibits a minimum water holding ability as the 
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pressure increases in the compression steps in the vapour phase. 
If the required pressure is high, then upon cooling after the final 
stage of compression the acid gas is condensed into the liquid 
phase. In the liquid state, at the same pressure but at a lower tem-
perature, the acid gas can hold substantially more water in solu-
tion than in the vapour state. This behaviour of acid gas can be 
used to reduce the water content sufficiently, by cooling the acid 
gas to near its hydrate forming temperature after three stages of 
compression in a four-stage compression project. By lowering the 
water content in this manner, corrosion or hydrate formation will 
not be a problem. However, this method of water content reduc-
tion works only if the required injection pressure is at a high level. 
If not, then a dehydration process has to be applied. 

The purpose of this paper is to examine whether or not it is fea-
sible to install a choke valve after the final stage of compression to 
artificially raise the injection pressure so that water content is suffi-
ciently minimized in situations where the actual required injection 
pressure in itself is not high enough. 

12.2 Water Content Behaviour of Acid Gas 

When dealing with natural gas mixtures that contain no or very 
minute amounts of acid gas components, the water vapour holding 
ability decreases with increasing pressure at a constant tempera-
ture. This holds true also for acid gas in the vapour state below the 
critical temperature but at different water contents than for sweet 
gas. However, acid gas can be readily liquefied at ambient tempera-
ture at high pressure. In the liquid state the acid gas can hold sub-
stantially more water in solution than in the gas state. This feature 
is illustrated in Figure 12.1 for an acid gas mixture containing 50% 
H2S, 48% C0 2 and 2% methane. There always are small amounts of 
hydrocarbon components in acid gas mixtures, represented in this 
example by methane. 

The plots in Figure 12.1 show the water content at 30°C and at 40°C 
for the indicated composition of acid gas. As the pressure increases, 
the water content drops until a certain pressure is reached for each 
of these temperatures. The water holding ability then takes a sud-
den upturn, and then levels off but continues to increase slightly 
as the pressure increases at these two example temperatures. This 
type of behaviour holds true for all acid gas mixtures, of course at 
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Figure 12.1 Water content of acid gas containing 50% H2S, 48% C02,2% CL 

different water contents for different compositions. The pressure 
at which the sudden increase in water holding ability occurs is the 
dewpoint temperature of the acid gas mixture. The levelling off 
after the steep increase in water holding ability occurs at the bubble 
point temperature. 

It can be seen in Figure 12.1 that by cooling the acid gas to 30°C 
or 40°C after three stage of compression at a pressure in the range 
of 2 500 to 5 000 kPa abs, the water content will be near the mini-
mum. After the fourth stage of compression and cooling the acid 
gas can hold substantially more water in solution. This works 
well if the required wellhead pressure is high enough so that the 
pressure span indicated above is reached after three compression 
stages. When injecting into low pressure zones that may have 
been depleted by production of oil or gas, then the pressure after 
three stages of compression may not be high enough to reach the 
required pressure level for minimum water content as indicated 
in this example. Can the pressure be artificially raised by means 
of a choke valve after the final stage of compression to reach the 
required pressure level to minimize the water content sufficiently? 

1 v 40 C 

30 C 



INVESTIGATION OF THE USE OF CHOKE 169 

It must be recognised that ultimately the pressure will drop after 
the choke to that actually required for injection. 

The above example pertains to this particular composition of the 
acid gas. Other compositions exhibit similar behaviour regarding 
water content, but at different levels of water content and pressure 
spans. 

12.3 Test Cases to Ascertain the Effect of 
Choke Valves 

Figure 12.2 shows the typical equipment installed in a four-stage 
acid gas compression train. The acid gas temperature increases 
after each stage of compression and is then cooled to around 30 to 
40°C. The water content is reduced by cooling at each higher pres-
sure step and the condensed water is removed in the next suction 
scrubber. If no dehydration method is included in the process, 
then the water content in the acid gas at the temperature of the 
suction scrubber to the fourth stage of compression must be low 
enough so that when the acid gas is cooled to the dewpoint tem-
perature of the acid gas upon final compression it is undersatu-
rated in water content. Once cooled and liquefied, it will be highly 
undersaturated in water. Thus cooling of the acid gas after three 
stages of compression is extremely important. However, there is 
a limit in the cooling that can be done at this point, and that is the 
hydrate forming temperature, as shown in Figure 12.3. The phase 
diagram, the hydrate temperature curve and the water holding 
ability of the acid gas will vary substantially with composition. In 
light of this, three different acid gas compositions will be tested 
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Figure 12.2 Typical equipment in a four-stage acid gas compression train. 
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to see if increasing the discharge pressure to raise the pressure 
in the fourth stage suction scrubber will be a useful method for 
minimizing water content sufficiently to avoid the installation of 
a dehydration unit in the compression train. 

The three compositions that will be examined will each con-
tain 2% methane, and will include 20%, 50% and 80% H2S respec-
tively, with the balance being C02 . Different injection pressures 
will be assumed for the different cases, as required pressures also 
differ greatly with compositions for controlling water content to 
the required minimum. The basic requirements common to all 
cases will be that after the third stage of compression the acid 
gas has to be cooled to within 3°C of the hydrate temperature 
and that the water content at that condition is about the same 
as the water holding ability of the acid gas at the required final 
pressure and the acid gas dewpoint temperature. These limits 
impose the minimum margin of safety in water content reduc-
tion without dehydration by a different process. The evaluations 
will be made with the VMG suite of programs. It will be assumed 
for each case that the suction pressure to the first stage suction 
scrubber is 140 kPaa. Compression ratios will vary to reach the 
required pressure levels. 

An injection pressure will be assumed in each case that is on the 
borderline of needing or not needing to use a dehydration process 
in the equipment train. If the actual injection pressure were some-
what higher than the assumed pressure in any of these cases, then 
there would be no need to install a choke valve to artificially raise 
the pressure. The exercise with the choke valve applies only to bor-
derline cases where the water content after the third stage of com-
pression and cooling to within 3°C of the hydrate temperature is 
about the same as the water content of the acid gas at the required 
injection pressure and the dewpoint temperature of the acid gas. 
The limit of cooling to within 3°C of the hydrate line leaves a small 
margin of safety in cooling of the acid gas without running into 
hydrate problems. 

12.4 Test Case 1: 20% H2S, 78% C02 and 2% Ct 

In this case it is assumed that the required injection pressure at the 
injection rate is 6 203 kPaa. Figure 12.3 shows the phase diagram and 
the hydrate line as well as the pressure steps and the temperatures 
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after compression and after cooling. The compression ratio is (6 
203/140)Λ.25 or 2.58. The pressure after three stages of compression 
is 140*(2.58)Λ3 or 2 404 kPaa. The gas after three stages of compres-
sion can be cooled to 22°C, with the hydrate temperature at this point 
being 19°C, as can be seen in Figure 12.3. At these conditions of pres-
sure and temperature the water content of the acid gas is estimated 
to be 1 056 mg/Sm3. At the required injection pressure of 6 203 kPaa 
and the dewpoint temperature of 28°C, the water holding ability of 
the gas, before it starts to liquefy, is 1 058 mg/Sm3. Thus the gas has 
to be dehydrated, or perhaps by artificially and temporarily raising 
the pressure somewhat, the pressure after the third stage of compres-
sion may be enough to lower the water content. 

Table 12.1 was generated to show the effect of increasing the 
pressure by means of a choke valve downstream of the fourth stage 
compression cylinder but ahead of the fourth stage cooler for four 

AQQQQ-

re 
Q. 

-150 -100 0 50 
Temperature (C) 

150 200 

Figure 12.3 Phase diagram, hydrate and compression process path curves for 
20% H2S, 78% C02 and 2% Ct with compression ratio of 2.58. 



172 SOUR GAS AND RELATED TECHNOLOGIES 

Table 12.1 Results of water content with pressure variations for an acid 
gas containing 20% H2S, 78% C02 and 2% C r 

Comp. Stage 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

Compr. 
Ratio 

2.58 

2.58 

2.58 

2.60 

2.60 

2.60 

2.70 

2.70 

2.70 

2.80 

2.80 

2.80 

2.90 

2.90 

2.90 

Pressure, 
kPaa 

2 404 

6 203 

6 203 

2 460 

6 460 

6 203 

2756 

7440 

6 203 

3 073 

8 600 

6 203 

3 414 

9 900 

6 203 

Temperature,°C 

22 

28 

23 

28 

24 

28 

25 

28 

25 

28 

H20, 
mg/Sm3 

1056 

1058 | 

1102 | 

1058 

1082 

1058 

1069 

1058 

1006 

1058 

higher test pressures. As can be seen, by increasing the compression 
ratio the water content in the fourth stage suction scrubber changed 
very little. This is due to the limitation imposed on the system to 
cool only to within 3°C of the hydrate temperature. As the pres-
sure increases the hydrate forming temperature increases as well. 
Consequently the acid gas is cooled less as the pressure increases, 
resulting in insufficient change in the water content of the acid gas. 

As can be seen from Table 12.1, increasing the discharge pressure 
slightly or considerably did not lower the water content sufficiently 
at the fourth stage scrubber conditions as compared with the water 
content at the dewpoint conditions of the acid gas at 28°C and 
6203 kPaa. Figure 12.4 shows the pressure path for this particular 
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Figure 12.4 Phase diagram, hydrate and compression process path curves for 
20% H2S, 78% C02and 2% CX with compression ratio of 2.8. 

acid gas mixture at a compression ratio of 2.8. As can be seen in 
Table 12.1 at the 4th stage suction scrubber pressure of 3 073 kPaa 
and the cool-down temperature of 25°C, the water content is 1 069 
mg/Sm3. After the final stage of compression and pressure reduc-
tion to 6 203 kPaa, the water holding ability at the dewpoint tem-
perature of 28°C is 1 058 mg/Sm3. Thus nothing has been gained by 
increasing the pressure to this level, as far as water content reduc-
tion is concerned. 

12.5 Test Case 2: 50% H2S, 48% C02 and 2% Ca 

Figure 12.5 shows the phase diagram and the hydrate line for this 
particular mixture. Both the hydrate curve and the phase diagram 
have moved to the right, to a higher temperature as compared to 



174 SOUR GAS AND RELATED TECHNOLOGIES 

the temperature relationship in Figure 12.4. The borderline pressure 
for this mixture is 5 044 kPaa. This means that at a somewhat higher 
well injection pressure there would be no need to dehydrate the 
gas as interstage cooling to within 3°C after the third stage of com-
pression (fourth-stage suction scrubber pressure) would reduce the 
water content sufficiently. 

Table 12.2 shows the results of the water content estimates at 
5 044 kPaa and the cooling temperatures at various compression 
ratios. The results show again that increasing the pressure and 
then allowing the pressure to revert to the required pressure for 
the injection well has no benefit. For example, if the pressure were 
boosted by a compression ratio of 2.7 to a pressure of 7 440 kPaa, 
the third stage pressure would be 2 756 kPaa. The acid gas hydrate 
temperature at this pressure is 29°C. By cooling the acid gas to 32°C 
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Figure 12.5 Phase diagram, hydrate and compression process path curves for 
50% H2S, 48% C02 and 2% C, with compression ratio of 2.45 
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Table 12.2 Results of water content with pressure variations for an acid 
Gas containing 50% H2S, 48% C02 and 2% C r 

Comp. Stage 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

Compr. 
Ratio 

2.45 

2.45 

2.45 

2.50 

2.50 

2.50 

2.70 

2.70 

2.70 

2.90 

2.90 

2.90 

Pressure, 
kPaa 

2 059 

5 044 

5 044 

2188 

5 470 

5 044 

2 756 

7 440 

5 044 

3 414 

9 900 

5 044 

Temperature,°C 

28 

37 

29 

37 

32 

37 

34 

37 

H 2 0 , 
mg/Sm3 

1698 

1691 

1718 

1691 

1725 

1691 

1685 

1691 

at this pressure, the water content would be 1 725 mg/Sm3. This 
amount is slightly higher than what the water holding ability of the 
acid gas is at its dewpoint pressure of 5 044 kPaa and 37°C. 

12.6 Test Case 3: 80% H2S, 18% C02 and 2% C2 

At high concentrations of H2S, the phase diagram shifts to a higher 
temperature on the P-T presentation. Figure 12.6 shows the phase 
diagram for the acid gas mixture of this Test Case. As can be seen, 
the hydrate temperature line also occurs at a higher temperature. 
The pressure selected for this case, 3 652 kPaa at a compression 
ratio of 2.26, again reflects the situation where the water content is 
in close balance between the water content after the third stage of 
compression and cooling and that at the dewpoint temperature and 
the required well injection pressure. 
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Figure 12.6 Phase diagram, hydrate and compression process path curves for 
80% H2S, 18% C02 and 2% C, with compression ratio of 2.26. 

At the interstage pressure of 1 616 kPaa and within 3°C of the 
hydrate line, the water content is estimated at 2 445 mg/Sm3, which 
is about 2% lower than the water holding ability of the acid gas at 
the pressure of 3 652 kPaa and 42°C, namely 2 486 mg/Sm3. Again, 
this is too tight a margin of safety for a normal, trouble free opera-
tion of an acid gas injection system. The next step was to increase 
the pressure to 4 645 kPaa, with a compression ratio of 2.40. The 
results are summarized in Table 12.3. This represents a pressure 
increase of 27 %. At the new interstage pressure of 2 188 kPaa and a 
temperature of 32°C, the water content is 2 239 mg/Sm3. This rep-
resents a water content of about 10% lower than the water holding 
ability of this acid gas mixture at the required injection pressure 
and the acid gas dewpoint temperature of 42°C. 
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This reduction in water content of the acid gas would be suf-
ficient for a normal operation. However, if the cooling of the acid 
gas after the third stage of compression were to occur to only 34°C, 
the water content in the acid gas would be 2 500 mg/Sm3, which 
would not be acceptable. Thus it is important to have excellent con-
trol over the degree of cooling of the acid gas after the third stage 
of compression. 

Figures 12.7, 12.8 and 12.9 show the pressure-temperature rela-
tionships at compression ratios of 2.4, 2.6 and 2.8 respectively. The 
water content for the compression ratio case of 2.6, (Figure 12.8) 
shows that the pressure after three stages of compression is 2 756 
kPaa, and by cooling to 33°C, the water content is only 1983 mg/Sm3. 
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Figure 12.7 Diagram, hydrate and compression process path curves for 80% H2S, 
18% C02 and 2% C1 with compression ratio of 2.4. 
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Figure 12.8 Diagram, hydrate and compression process path curves for 80% H2S, 
18% C0 2 and 2% Ct with compression ratio of 2.6. 

This again would be acceptable for water control by interstage cool-
ing, provided the cooling level could be guaranteed. In Figure 12.9 it 
is seen that at the compression ratio of 2.8, the cooling limit after the 
third stagee of compression is not the hydrate temperature but the 
acid gas dewpoint temperature. This resulted in a somewhat higher 
water content in the acid gas than compared for the two lower com-
pression ratio cases. 

Acid gas mixtures that contain high concentrations of H2S, as in 
this Test Case 3, lend themselves to water content control by inter-
stage cooling much more readily than mixtures lean in H2S. While 
the selected pressure of 3 652 kPaa did not lend itself readily for 
water control by interstage cooling, a pressure of 10% higher would 
have worked quite well in this regard. 
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Figure 12.9 Phase diagram, hydrate and compression process path curves for 
80% H2S, 18% C02 and 2% C1 with compression ratio of 2.8. 

There is one other approach that can be taken with acid gas 
mixtures very rich in H2S content and interstage cooling, as illus-
trated in Figure 12.10. The acid gas of Test Case 3, for example, 
can be compressed to a pressure of about 6 400 kPaa. By install-
ing the choke valve at the wellhead instead of ahead of the cooler 
after the fourth stage of compression, the acid gas can be cooled 
as much as possible by the cooler, and then additionally cooled to 
about 10°C by the ground if the pipeline is long enough and the 
ground is cool enough. Then at the wellsite, the pressure can be 
reduced to the required injection pressure of 3 652 kPaa, as shown 
in Figure 12.10. Since the acid gas is now in the liquid state, and 
the injection pressure at a temperature of 10°C remains in the liq-
uid state, no water will drop out. On the phase diagram in Figure 
12.10, the bubble point temperature is 51°C at 6 400 kPaa and the 
water holding ability is 11 560 mg/Sm3. The actual water con-
tent, as shown in Table 12.3 for the 2.60 compression ratio case, is 
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Table 12.3 Results of water content with pressure variations for an acid 
Gas containing 80% H2S, 18% C02 and 2% Cr 

Comp. Stage 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

4th stg suction 

4th stg discharge 

After choke & cool 

Compr. 
Ratio 

2.26 

2.26 

2.26 

2.40 

2.40 

2.40 

2.60 

2.60 

2.60 

2.80 

2.80 

2.80 

Pressure, 
kPaa 

1616 

3 652 

3 652 

1935 

4 645 

3 652 

2 461 

6 400 

3 652 

3 073 

8 605 

3 652 

Temperature, 
°C 

31 

42 

32 

42 

33 

42 

37 

42 

H20, 
mg/Sm3 

2 445 

2 486 

2 239 

2 486 

1983 

2 486 

2123 

2 486 

1983 mg/Sm3. At the injection pressure of 3 652 kPaa and 10°C, the 
water holding ability is 4 482 mg/Sm3. Thus the acid gas remains 
undersaturated in water content. This approach requires that the 
acid gas does not cross the bubble point pressure upon pressure 
reduction in the liquid state. Cooling to a lower temperature in 
the liquid state before pressure reduction to that required for 
injection would increase the margin of safety for such a method 
of water content control. 

12.7 Conclusions 

The object of this paper was to evaluate the effectiveness of a choke 
valve placed after the final compression stage in order to artificially 
raise the injection pressure so that water content is sufficiently min-
imized in situations where the actual required injection pressure 
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Figure 12.10 Phase diagram, hydrate and compression process path curves for 
80% H2S, 18% C0 2 and 2% C, with compression ratio of 2.6 and chilling of the 
discharge of the 4th stage compressor down to 10 C. 

in itself was not high enough. This evaluation was completed via 
a number of simulation cases highlighting the effect of both the 
compression ratio and composition on the ability to dehydrate 
the stream to be injected. It was found that in some instances with 
high concentrations of H2S (> 60%) that indeed it was possible to 
dehydrate the injected stream with the use of a choke to raise the 
compression pressure though caution must be used and a detailed 
analysis must be conducted. The required injection pressure and 
the composition of the acid gas can affect the ability to be able to 
dehydrate with cooling and compression so the variation of these 
parameters over the life of the acid gas injection facility must be 
considered in the design of the facility. 
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Abstract 
The appearance of elemental sulfur in systems handling acid gases, such 
as compression systems, can be linked to the ingress of oxygen. This can 
result in oxidation of H2S to form elemental sulfur, which can appear as 
a solid, depending on the temperature and solubility of S8 in the acid gas 
fluid. The formation of solid elemental sulfur in these types of systems can 
lead to problems due to deposition of S8 within compressor components, 
resulting in operational as well as corrosion issues. 

Investigation of the kinetics of H2S oxidation by trace 02 has been car-
ried out in the laboratory over the temperature and pressure range from 
T = 50 to 140°C and p = 100 to 1000 psig using a Silcosteel reactor. The 
study was performed under pseudo-order reaction conditions, with H2S 
in a concentration range of 2-5 mol% and 0 2 levels from 1000-1600 ppmv 
by following the disappearance of 02. Values for the pseudo-first order 
rate constant for H2S oxidation in the range of 1-4-10"4 min-1 were deter-
mined at 140°C over the pressure range from p = 100 to 1000 psig, along 
with the reaction orders with respect to H2S and 02. The ability of a bare 
steel surface to act as a catalyst for H2S oxidation was also investigated, 
and was found to increase the reaction rate by as much as 3600 times. 

These rate data can be used to compare the formation of elemental 
sulfur with the solubility of S8 in sour mixtures, in order to examine the 
potential for S8 deposition in sour systems due to trace 02. The satura-
tion solubility of elemental sulfur has been modeled using an infinite 
dilution virial model combined with the standard fugacities for elemental 
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sulfur [1] and the reduced Helmoltz energy equations-of-state from NIST 
REFPROP9. Both the solid and liquid sulfur formation conditions can be 
estimated using this model. By comparing the sulfur produced by oxida-
tion at compression conditions, the potential for deposition was estimated 
for a hypothetical four-stage compression system containing a 50:50 H2S/ 
C02 acid gas mixture. The overall tolerance for oxygen ingress was found 
to be very small. 

13.1 Introduction 
Native elemental sulfur deposition has plagued sour gas produc-
ers for some time [2,3] since the severe pressure and temperature 
changes from the reservoir to the wellhead can drastically change 
the solubility within the producing fluid. More recently, some lim-
ited cases have been noted where sulfur has deposited within fluid 
interstage cooling of acid or sour gas fluids destined for injection. 
In both cases, elemental sulfur deposition is a concern due to flow 
assurance and corrosion tolerance. 

Depositable elemental sulfur can form in a gas system by 
various mechanisms: (i) oxidation of H2S, (ii) thermophilic 
bacterial sulfate reduction (BSR) (iii) thermal cracking of sulfides 
residing in kerogen or oils and (iv) thermal sulfate reduction 
(TSR). Of these four, the latter three are considered sources for 
native reservoir H2S and TSR is an accepted mechanism for 
dissolved elemental sulfur in a lean sour gas reservoir [2]. For an 
acid gas injectate, assuming the gas has passed through an amine 
sweetening system, the most likely source of the elemental sulfur 
would be from the presence of oxygen, which produces elemental 
sulfur by oxidation of H2S: 

Vi 0 2 + H2S -> H 2 0 + V8 S8 (13.1) 

Thus sulfur deposition can be due to oxidation beyond the 
solubility capacity of the fluid. Potential sources of oxygen 
can include (i) the migration of oxygen across a dry gas seal on 
a centrifugal compressor (seal gas oxygen) or possibly (ii) the 
introduction of recovered vent gas in a reciprocating compressor 
system. In either possible case the kinetics of H2S oxidation and 
elemental sulfur solubility need to be well understood over a wide 
range of temperature and pressure. 
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While the oxidation of H2S has been studied at lower-pressures, 
the high-pressure kinetics in a compressor system are poorly 
understood. Several mechanisms for the oxidation of H2S include 
(i) direct oxidation [4,5], (ii) formation of S02 followed by the Claus 
reaction [6] and (iii) the presence of a metal oxide followed by 
formation of a metal sulfide [6]. Although the un-catalysed reaction 
at atmospheric pressure is slow, the overall rate of Reaction (1) 
depends on temperature, 0 2 partial pressure, H2S partial pressure 
[7,8], phase (e.g., aqueous, hydrocarbon) and the presence of 
catalysts (metal oxide surfaces [6], metal sulfide surfaces, aqueous 
metal cations [9]). Also, the observation of autocatalysis under 
aqueous conditions suggests that the reaction may proceed through 
a hydropolysulfide intermediate in the aqueous phase [9]. Note that 
within a compression system the knock-out/suction scrubbers after 
each interstage cooling will contain water and the metal surfaces 
within the compressors will contain metal sulfides, e.g., surfaces 
within dry gas seals will sulfided. 

Considering the various possible reaction mechanisms and lack of 
high-pressure information, this study aimed at defining the kinetics of 
H2S oxidation in the gas phase under high-pressure conditions (with 
and without exposure to a bare metal surface) and the modelling of 
the sulfur carrying capacity (solubility) of an acid gas. Analysis of 
the experimental data revealed a surface active mechanism which 
is in a reaction controlled regime. The kinetics support a mechanism 
by which adsorbed H2S reacts with 0 2 in the gas phase. Using the 
kinetic and thermodynamic models, application is shown using a 
hypothetical 50:50 H2S/C02 injectate fluid which is compressed in 
4 stages. The tolerable 0 2 ingress limits were found to be very low. 

13.2 Experimental 

Kinetic experiments were carried out in the experimental appara-
tus shown in Figure 13.1 using a standard Gas Chromatography 
(GC) oven to thermostat the reactor and Advanced Specialty Gas 
Equipment mass flow control system to deliver and blend the feed 
gases. Initial reaction mixtures were produced by blending pre-
purchased gas mixtures of 10% H2S in N2 and 2000 ppmv 0 2 in 
N2 (Praxair) in the required proportions and using a Tescom back-
pressure regulator to control the reactor pressure. Both passivated 
(Restek Silcosteel containing an inert silicon-based coating used to 
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passivate active metal surfaces) and bare steel (SS316) reactors were 
used consisting of coiled 12 foot lengths of M o.d. tubing. Initial 
feed mixtures were charged by flowing the blended stream through 
the reactor at room temperature and an appropriate pressure so as 
to achieve the required p/T condition on raising the reactor temper-
ature. This approach was based on preliminary experiments which 
showed no detectable reaction at 21°C over a 24 hour period. Due to 
the timescale of the kinetics, the experiments were performed in a 
batch mode as opposed to continuous flow by shutting in the reac-
tor prior to raising the reactor temperature. Initial feed mixtures of 
5% H2S + 1000 ppmv 02 , 3.33% H2S + 1330 ppmv 0 2 and 2% H2S + 
1600 ppmv 0 2 were examined in the study over a temperature and 
pressure range of 90-140°C and 100-1000 psig. 

The concentrations of 0 2 and H2S in the feed were measured 
by GC using a direct transfer line for the 0 2 measurements and 
syringe sampling for the H2S. Samples of the feed mixture were 
obtained during setup from the gas flow behind the back pressure 
regulator and samples of the reaction products were similarly 
obtained during depressurization of the reactor, following cooling, 
at the end of the experiment. The latter step was performed in 
discrete block and bleed stages in order to maximize the gas 
usage for analysis. Analysis of 0 2 was performed using a Varian 
3400 gas Chromatograph equipped with a TCD and Rt-molesieve 
5Ä column and H2S was analyzed on a Varian 3800 GC equipped 
with a TCD and Poraplot U column. Following depressurization of 
the reactor and analysis of the reaction products, the reactor was 
opened and rinsed with CS2 to recover and quantify the amount 
of elemental sulfur formed. This analysis was performed by the 
GC-TPP (triphenylphosphine) method [10], which is specific for 
elemental sulfur, using a Varian 3800 GC equipped with a PFPD 
detector operating in phosphorous mode. 

13.3 Experimental Results and 
Calculation Methods 

13.3.1 Determination of the Kinetics of H2S Oxidation 

The results of the kinetic experiments performed with feed mix-
tures of 5% H2S + 1000 ppmv 0 2 , 3.33% H2S + 1330 ppmv 0 2 and 
2% H2S + 1600 ppmv 0 2 are shown in Tables 13.1-13.3. These 
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Figure 13.1 Experimental apparatus. 

tables provide the temperature and pressure conditions and reac-
tion time for each experiment as well as the % 0 2 conversion and 
% S8 formation calculated by 0 2 GC and GC-TPP analyses. The 
majority of the experiments were performed at 140°C using reac-
tion times on the order of 8 hours to 144 hours in order to acquire 
suitable kinetic data. Initial experiments performed at lower tem-
peratures of 21 °C and 50°C over a 24 hour period showed no reac-
tion within the margin of error for the GC analyses. These results 
represent the basis for performing the kinetic experiments by the 
method described in the Experimental section of charging the 
reactor at room temperature (21 °C) prior to setting the reaction 
temperature. 

The stoichiometry of the H2S oxidation reaction under the conditions 
of the study was established by comparing the experimental % 0 2 
conversion with the % S8 formation in Tables 13.1-13.3. This comparison 
is shown by the correlation plot in Figure 13.2, which provided a slope 
of 0.99 for all of the experimental data. The extent of scatter indicated 
by a correlation coefficient CR2) of 0.89 for this plot reflects the relatively 
small quantities of elemental sulfur, from sub-milligram to 10-15 mg, 
being worked with under the selected conditions. This correlation 
demonstrates that the overall reaction for H2S oxidation under the 
conditions of the study can be written as shown in Reaction 1. Going 
to form sulfur and water as the principal products. This overall 
stoichiometry is also supported by the absence of S02 as a reaction 
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Table 13.1 Experimental results for the 5% H2S/1000 ppmv 0 2 feed in a 
Silcosteel reactor. 

[ 5% H2S/1000 ppmv 0 2 | 

Time (hrs) 

95.2 

95.8 

8.2 

24.2 

48.0 

71.2 

94.2 

1 123.0 

23.8 

97.2 

| 143.9 

| 23.9 

| 50.3 

93.6 

| 143.8 

Temperature (°C) 

90 

120 

140 

140 

140 

140 

140 

140 

140 

140 

140 

140 

140 

140 

140 

Pressure 
(psig) 

100 

100 

102 

102 

107 

104 

107 

102 

500 

500 

500 

1000 

1000 

1000 

1000 

% Conversion of Oz 

V % Formation of S8 

3.3 / 2.3 

11.6 / 4.4 | 

2.2 / 4.2 | 

8.7 / 11.5 | 

16.6 / 11.4 

25.9 / 13.5 

35.7 / 35.7 

39.8 / -

12.0 / 17.9 

56.3 / 35.5 

64.2 / 68.0 

20.4 / 19.2 

30.5 / 40.4 

54.4 / 55.0 

70.9 / 79.1 
a) 02 GC analysis: ({[02].nit-[02]final} / [02]init) x 100. b) S8 TPP analysis: (S8 yield / 
theo. yield of S8)x 100. 

product, which was established by separate GC analyses using a 
GC-PFPD system. 

The general form of the rate expression for oxidation of H2S in the 
presence of trace 0 2 based on the stoichiometry in equation (13.1) 
can be written as: 

Z^S] = z2rf[OJ = k[H2SY[Ö2f ( 1 3 2 ) 
dt at 
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Table 13.2 Experimental results for the 3.33% H2S/1330 ppmv 0 2 feed in 
a Silcosteel reactor. 

3.33% H2S/1330 ppmv 0 2 

Time (hrs) 

24.1 

47.7 

95.5 

22.7 

48.5 

142.0 

20.8 

46.3 

93.9 

Temperature (°C) 

140 

140 

140 

140 

140 

140 

140 

140 

140 

Pressure 
(psig) 

107 

107 

107 

500 

500 

500 

1000 

1000 

1000 

% Conversion of 0 2 

V % Formation of S8 

7.9 / 8.2 

13.9 / 5.8 

26.5 / 24.7 

12.7 / -

23.5 / 33.4 

68.2 / 75.7 

17.8 / 31.4 | 

49.9/31.7 | 

74.9 / 76.3 1 
a) 02 GC analysis: (HOJ^-IOJ^} / [02\J x 100. b) S8 TPP analysis: (Se yield / 
theo. yield of S8)x 100. 

Table 13.3 Experimental results for the 2% H2S/1600 ppmv 0 2 feed in a 
Silcosteel reactor. 

2% H2S/1600 ppmv 0 2 

Time (hrs) 

23.8 

46.0 

95.6 

22.7 

48.5 

124.2 

46.5 

96.1 

Temperature (°C) 

140 

140 

140 

140 

140 

140 

140 

140 

Pressure 
(psig) 

107 

107 

106 

500 

500 

1000 

1000 

1000 

% Conversion of 0 2 

"/ % Formation of S8 

5.6 / 5.1 

10.3 / 9.4 

22.4 / 13.3 

20.4 / -

29.2 / -

21.6 / 19.0 | 

28.8 / - | 

63.9 / 68.1 1 
a> 02 GC analysis: (l[02]inil-[02]fina,) / 102\J x 100. b) S8 TPP analysis: (Sg yield / 
theo. yield of S8)x 100. 
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Figure 13.2 Correlation plot of 02 conversion versus S8 formation for H2S 
oxidation. 

The conditions selected for the study of percent concentrations 
of H2S (2-5%) and ppmv levels of Ö2 means that the system is 
setup, from a kinetics standpoint, as a pseudo-order condition 
with respect to the large excess of H2S. This allowed the kinetics 
to be studied as an overall pseudo-order reaction by following 
the conversion of 02 . 

The order with respect to [02] for H2S oxidation in the passivated 
Silcosteel reactor was determined by standard kinetic analysis by 
plotting the 0 2 conversion data according to the integrated form of 
the rate expression for zero, first and second order reactions (b = 0,1 
or 2). For the case representing an overall first order reaction in 0 2 
and pseudo-order with respect to H2S, Equation (13.2) yields the 
following expression: 

In 
[OJ 2J _ 

KU 
ln( l -com;) = 

-fc' f 
(13.3) 

where fc', the pseudo-first order rate constant, k'= k[H2S]a. These 
plots are presented in Figures 13.3-13.5, as ln(l-coni;) versus f, 
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.0.6 -I 
Time (hrs) 

Figure 13.3 First order kinetic plots for 02 conversion at 140°C and 100 psig for 
the passivated reactor. 

3.3% H2S+ 
1330ppmvO2 

slope = -7.76 x 10_3rr1 

Time (hrs) 

Figure 13.4 First order kinetic plots for 02 conversion at 140°C and 500 psig for 
the passivated reactor. 
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O -0.8 

slope =-9.97 x 10-3lr1 

Time (hrs) 

Figure 13.5 First order kinetic plots for 0 2 conversion at 140°C and 1000 psig for 
the passivated reactor. 

at the three pressures of 100, 500 and 1000 psig yielding values 
for the pseudo-first order rate constant from the slope (= -k!72). 
These values are listed in Table 13.4 for all of the conditions exam-
ined in Tables 13.1-13.3. 

The corresponding rate constants at 90°C and 120°C were 
obtained by using the fractional-life (fl/x) approach or relationship 
between the fractional-life and conversion for a first order reaction 
[11]. This relationship can be expressed as: 

h/x ~ 
ln (* / (* - ! ) ) ln(l/(I-conv)) 

ak' ak' 
(13.4) 

where t1/x is the fractional-life or reaction time, x is 1/(fractional 
conversion) and a is the stoichiometric factor for 02; a = 1/2, for the 
balanced reaction in Equation (13.1). 

The corresponding order with respect to [H2S] for the oxidation 
reaction in the passivated Silcosteel reactor was examined by plot-
ting In k! versus ln[H2S], 
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Table 13.4 Pseudo-first order rate constants (min1) for H2S oxidation in a 
passivated reactor. 

T (°C) 100 psig 500 psig 1000 psig 

5% H2S /1000 ppmv 0 2 

90 

120 

140 

1.16-10-5 

4.30-10-5 

1.4810"4 

-

-

2.51-10"4 

-

-

2.78-10"4 

3.33% H2S /1330 ppmv 0 2 

140 1.06-10-4 2.59-10-4 4.87-10"4 

2% H2S /1600 ppmv 0 2 

140 9.10-10"5 2.55-10"4 3.32-10"4 

lnfc' = lnfc + 0ln[H2S] , (13.5) 

for the individual feed mixtures at all three pressures. The 
concentration of H2S in these plots is expressed in mole % terms in 
order to have all three plots appear at the same region on the x-axis. 
Thus, equation (13.5) can be re-written as 

In fc' = In k + a In Htot + a ln(mole%H2S), (13.6) 
WORT 2 

where the second term reduces to a constant for a given pressure. 
These plots are presented in Figure 13.6 with a slope and 
corresponding order with respect to H2S of -0.5 for the 100 psig 
case and a value of around zero for both the 500 and 1000 psig 
conditions. 

The zero order behaviour with respect to H2S at higher pressure 
was directly confirmed by performing a series of kinetic experiments 
with 0 2 in large excess (18.54%) relative to H2S (1.17%) and looking 
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Figure 13.6 Kinetic order with respect to H2S for reaction at p = 100,500 and 
1000 psig. 

at the disappearance of H2S instead. These conditions were achieved 
by switching the 2000 ppmv 0 2 in N2 mixture for air and using the 
same 10% H2S in N2 mixture. The experiments were performed in 
the same Silcosteel reactor used for the trace 0 2 runs at a similar 
pressure of 1000 psig and temperature of 140°C. The results of 
these experiments are shown in Figure 13.7 as the standard kinetic 
analysis for a zero order reaction, of H2S concentration versus time. 
This plot shows the expected linearity for a zero order reaction with 
intercept equal to [H2S]o, supporting the corresponding results for 
the order with respect to H2S obtained from the trace 0 2 experiments 
by plotting In fc7 versus ln[H2S] in Figure 13.6. 

This rate behaviour for H2S oxidation leading to a non-zero order 
in H2S at low pressure and zero order at higher pressure, with 1st order 
in 02 , can be explained by a bimolecular surface reaction occurring 
via the Eley-Rideal mechanism [12]. The overall mechanism of the 
surface mediated H2S oxidation in the presence of trace 0 2 within a 
passivated Silcosteel reactor can then be represented as: 

H2S(g) + S* <-> H2S(ads)—S* (13.7) 

H2S(ads)—S* + 1 /20 2 (g ) ^ > 1 /8S 8 + H 2 0 + S* (13.8) 

involving reaction of gas phase 0 2 with adsorbed H2S. The gen-
eral rate expression for this mechanism after substitution for the 
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Figure 13.7 Zero order kinetic plot for H2S conversion at 140°C and 1000 psig for 
the passivated reactor. 

surface coverage of H2S, θ ^ = (KH2SpH2S)/(l+KH2SpH2S. 
the Langmuir isotherm, is given by 

-d[H2S]_uKHiSpH2Sp0i 

) derived from 

dt 
• = k-

(13.9) 
^ + KHSpHc 

where KH s is the adsorption equilibrium constant and pH s and p0 
are the partial pressures of H2S and 02. This equation represents a 
shifting-order rate expression that simplifies to first order in H2S 
and 02 at low pressures and zero order with respect to H2S at higher 
pressures. 

Alternative rate expressions for the Eley-Rideal (Eqn 13.10) 
and Langmuir-Hinshelwood (Eqn 13.11) mechanisms involving 
dissociative adsorption of 02 are given by 

-ά[Ηβ]_^ΚΪρΗ,5Ρο' 
dt 

= k 
i + < Ä 2 (13.10) 

and 
-d[H2S] _ 

dt 
= k-

Y Y1^2n n1/ 
JKH2SJKO2 rH.sro. 

1/2 
'2 

( I + V H ^ « ' (13·Π) 
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but these mechanisms correspond to a 1/2 order in 0 2 instead [13]. 
The Eley-Rideal mechanism with either dissociative (Eqn 13.10) or 
molecular (Eqn 13.12) adsorption of 02 , instead of H2S, 

-rf[H2S] _ νΚθ2ρΗι5ρθ2 (13.12) 
dt 1 + Κθ2ρθ2 

also does not fit wi th the experimentally observed kinetic 
orders wi th respect to H2S and 0 2 . 

The expected rate behaviour based on gas phase 0 2 reaction 
with adsorbed H2S is further exemplified by plotting the pseudo-
first order rate constants at 140°C in Table 13.4 as a function of H2S 
partial pressure. This plot is shown in Figure 13.8 for all of the 140°C 
data for all three feed mixtures and pressures of 100-1000 psig. The 
curve was obtained by best fitting using non-linear regression to a 
form 

l / y = ß 0 + ö 1 / x (13.13) 

consistent with the plateau in k! at higher pressures. This particular 
form for the plot corresponds to the shifting-order rate behaviour 
observed experimentally, where k! - fc[H2S]fl, which for a - 0 at high 
partial pressures of H2S becomes, k! - k for [H2S]fl = 1, or indepen-
dent of pressure. 

5.0E-04 

0.0E+00 
10 20 30 40 

P(H2S)(psia) 

Figure 13.8 Plot of pseudo-first order rate constant for H2S oxidation at 140°C 
against H2S partial pressure. 
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Table 13.5 Experimental results for H2S oxidation in a bare stainless steel 
reactor. 

5% H2S/1000 ppmv 0 2 | 

Time (hrs) 

95.4 

45.1 

Temperature (°C) 

20 

140 

Pressure 
(psig) 

350 

1000 

% Conversion of 0 2 

V % Formation of S8 

79.7 

>99b 

a) 02 GC analysis: ({[02]init-[02]final} / [02\J x 100.b) Corresponding % 02 conversion 
for the Silcosteel reactor of ~30%. 
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Figure 13.9 Arrhenius plot for H2S oxidation in the passivated reactor at 100 psig. 

The activation energy for H2S oxidation can be determined 
from the pseudo-first order rate constants at 90, 120 and 140°C 
at a pressure of 100 psig for the 5% H2S + 1000 ppmv 0 2 feed in 
Table 13.4. The Arrhenius plot for the surface assisted H2S oxidation 
in the passivated Silcosteel reactor is presented in Figure 13.9. This 
plot gives a slope = -Ea/R = -7484 K, providing a value of 62.2 kj/mol 
for the activation energy. This value for Ea falls within the typical 
range of >30-50 kj/mol for surface-reaction controlled catalytic 
processes involving adsorption or reaction of adsorbed species in 
the rate determining step [12]. 
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Several experiments were also performed in a non-Silcosteel 
reactor to examine the effect of a bare steel surface on the rate 
of H2S oxidation. These runs were performed with an uncoated 
316 stainless steel reactor at select conditions only of 140°C/1000 
psig and 20°C/350 psig using the same 5% H2S + 1000 ppmv 0 2 
feed for comparison to the Silco-coated reactor. The results of 
these experiments are shown in Table 13.5 demonstrating that 
the rate of H2S oxidation is faster at both 140°C and 20°C in the 
presence of the bare steel surface, compared to the passivated 
reactor, with the accelerated rate leading to significant reaction 
even at 20°C. 

13.3.2 Thermodynamic Model for Sulfur Solubility 

In order to utilize the above kinetic information to examine the 
potiential for sulfur deposition in an acid gas compression system, 
the equilibrium conditions for sulfur saturation in an acid gas must 
be known. Due to the conditions of an injection system, the accurate 
modelling of elemental sulfur solubility must extend over a wide 
temperature range of 0 to 150°C and high-pressures. Within this 
large temperature range, sulfur may be liquid, oc-solid or ß-solid; 
the acid gas fluids may be gaseous or dense phase. Adding to the 
modelling challenges is sulfur7 s ability to disproptionate to sulfur 
species other than S8 and reversibly react with H2S to form poly-
sulfanes. For example, both Heideman et al. [14]. and Cezac et al. 
[15]. have incorporated the chemical equilibria containing polysul-
fanes into their respective models. Another approach is to empiri-
cally interpolate a spline fit of the experimental data [16] and avoid 
problematic modelling; however, with this method extrapolations 
to typical suction scrubber temperatures from experimental data 
are not possible. Here we describe the most recent update of a 
model which has been used by ASRL to address both production 
and injection fluids. 

The current available experiment data have been reviewed 
and a model is presented which is based on the volume explicit 
virial equation for infinite dilution fugacity and the dimensionless 
Helmholtz energy equations compiled by the NIST [17]. The success 
of the model demonstrates that (1) a truncated and simplified virial 
equation can be successfully used at high pressures, provided that 
the volumetric properties are augmented by accurate calculations 
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using a different equation of state, and (2) the speciation or 
chemical formation of polysulfane in the non-sulfur-rich phase can 
be neglected below 200°C. 

There are ten available data sets for elemental sulfur solubility 
in sour/acid gases [16,18-26]. Of these ten data sets, three were 
not included in the calibration of the model. The equilibrium time 
and sampling techniques of Kennedy and Weiland [22] have been 
suspected to be inadequate for good solubility measurements. 
[19,27] The inaccuracy is unfortunate given the extensive sour 
and sweet gas compositions investigated. The Sg-H2S(g) data of 
Migdisov et al. [26]. has been neglected as the elemental sulfur 
solubility in the gas region increases with decreasing temperature 
and has an apparently constant pressure dependence. A possible 
reason for the errors within these data may be the presence of 
oxygen in the experimental vessel or sampling containers. This 
would cause the oxidation of H2S to elemental sulfur which, in 
turn, may be incorrectly observed as gaseous sulfur dissolution/ 
transportation. The reported solubilities in 100 % H2S measured by 
Swift et al. [20]. have been smoothed and the original data appear 
to have a large variance. While the smoothed data was not used for 
calibration, it was used for a comparison at pressures beyond the 
calibration set. All mixtures included for calibration of this model 
have been summarized in Table 13.6. 

Many authors have derived models which utilize various 
equations of state and /o r include the chemical equilibria of 
polysulfane formation in the non-sulfur rich phase [14,23,27]. 
This model uses the dimensionless Helmholtz equations of state 
within the REFPROP9 [17] program supplied by NIST for all 
components except elemental sulfur. These equations of state 
are very accurate over large pressure and temperature ranges; 
therefore, they can be applied in the high pressure region which 
includes dense sour gas phases. The model is derived assuming 
that the H ^ in the non-sulfur rich phase is negligible below 
T = 200°C. Note that the disproportionation of elemental sulfur 
in the vapour phase is small at these low temperatures and also 
is less favourable at higher pressure. It is also likely that the final 
fitted virial coefficients for S8 compensate for a portion of the 
chemical equilibrium. 

The notation for species involved in the equilibria described here 
is as follows: S8,l; H2S,2; balance gases are 3,4,5, etc. The solubility 
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for a condensed phase, species 1, in a gas can be calculated using 
Equation (13.14) [28], 

„sat sat [v Υλί-dr, 

y i = ^ f L . > " * / (13.14) 
V Ψι 

If Equation (13.14) is applied to elemental sulfur in a sour gas, y1 
is the mole fraction of Sg, γ™* is the saturation vapour pressure of 
pure S8, γ is the total pressure, q>Mt is the fugacity coefficient for a 
pure sulfur vapour at saturation, <pl is the fugacity coefficient for 
sulfur in a sour gas (with components 2, 3, 4, etc.), v™1 is the dense 
phase molar volume of sulfur at saturation, R is the ideal gas con-
stant and T is the absolute temperature. The exponential term in 
Equation (13.14) is often referred to as an enhancement factor and 
is required to describe equilibrium at higher pressures. 

Several authors have used equations similar to Equation (13.14) 
to describe solid solubility in sour gases including a previous model 
by Roberts and Hyne [29]. There are several challenges with how 
one treats or derives the values within Equation (13.14), including 
the choice of the equation of state used for the high pressure and 
temperature fugacity coefficients. Another significant challenge 
for elemental sulfur is that there are three dense phase transitions 
(a->/?, a—»liquid, and /?—»liquid) within the conditions of interest 
(ca. 0-200°C and up to 100 MPa). Thus for elemental sulfur in sour 
gas, a more rigorous treatment using a complete thermodynamic 
pathway is necessary. 

To begin, it is more convenient to write Equation (13.14) as an 
equilibrium expression, 

νιρφ,=ί*σ>Ρ) = Κ'β<*\Τ,ρ) = ρ?φ?β^κτ \ (13.15) 

where the dense phase can be either a, ß or liquid sulfur. 

133.2.1 Pure Sulfur Phases 

The phase behavior of pure elemental sulfur recently was reviewed 
by Ferreira and Lobo [30]. These authors chose to use volumetric and 
calorimetric data to calculate the phase change conditions using an 
integrated Clapeyron equation. Because our model requires fugaci-
ties at conditions well away from the pure sulfur phase transitions, 
we use a slightly different approach; however, where possible, we 
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Figure 13.10 The phase diagram for pure elemental sulfur as calculated using 
Marriott and Wan [1]. A, experimental melting points of Tammann [31]; 
♦ and · , experimental melting points of Woll [32] under CH4 and C02 pressure 
respectively. 

utilized the Clapeyron equations of Ferreira and Lobo [30]. The 
overall equations have been described by Marriott and Wan [1]. 
Figure 13.10 shows a good agreement between the calculated melt-
ing point and the experimental measurements of Tammann [31] 
and Woll [32]. 

133.22 Liquid Sulfur Under Sour Gas Pressure 

An equation for the Henry's law solubility of total H2S in elemental 
sulfur has been reported by Marriott et al. [33]. At the melting point, 
nearly all dissolved H2S is observed as free H2S rather than H2Sx. 
Other gases are nearly insoluble in elemental sulfur. Woll [32] has 
measured the melting point for liquid sulfur under various partial 
pressures of H2S, CH4 and C02. The later data were used to param-
eterize an activity relationship for the liquid sulfur, where, 

fl{T,V) = ti°{T,V)y[{\-x2) (13.16) 

Recall that according to the notation here, x2 is the dissolved mole 
fraction of H2S (assuming no disproportionation of S8), γ^ is the 
activity coefficient for the liquid sulfur and/^0 is the pure liquid sul-
fur fugacity. For Equation (13.16), the mole ratio of dissolved total 
H2S, x , is given by Equation (13.3) of Marriott et al. [33]. multiplied 



204 SOUR GAS AND RELATED TECHNOLOGIES 

Figure 13.11 A melting point diagram for elemental sulfur under 0,25 and 100% 
H2S pressure [1]. O and O, experimental melting points of Woll [32]. 

by the fugacity coefficient for H2S, φ2 [17]. The activity coefficient 
has been optimized using a two parameter Margules equation, 

lnyi = [Au+2(A2l-Au)(l-x2)]x2. (13.17) 

Using Equation (13.17), Figure 13.11 shows the calculated and 
experimental [32] melting point depression data corresponding to 
100% H2S and 25% H2S overpressure. Although the activity model 
could be improved using a more complex activity equation, an ade-
quate agreement with the experimental data was chosen for com-
putation time and simplicity. The melting points are within 3°C for 
< 25% H2S and the disagreement increases to 6°C at 100% H2S. 

13.3.2.3 Fugacity of S8 in a Sour Gas or Acid Gas Phase 

The fugacity coefficient for S8 in a sour fluid has been estimated 
using the fugacity coefficient at the infinite dilution limit, 

f* = ViP^i (13.18) 

These fugacities were calculated using the volume explicit virial 
equation, 

ΙηΖφ, = p2^ytBu + ^ / > 2 Σ Σ Μ Α + - , (13.19) 



THE KINETICS OF H2S OXIDATION 205 

For Equation (13.19), p is the molar density of the sour fluid phase 
and Z is the compressibility factor for the sour fluid phase. Bu and 
Cm are the second and third virial coefficients, respectively. 

The interaction between sulfur and all components except H2S 
are considered similar, thus Equation (13.19) has been expanded 
using only three components (1 = S8, 2 = H2S and 3 = N2 + CH4 + 
C,H, + ....) and truncated at the third virial coefficient: 

lnZp, = 2[yßn+y2Bn + y3Bi3]p + 

j tyfc i i +2Μ2^π2 + 2y1y3C113 + y2
2CU2 + 2y2y3C123 + y2

3CU3]p2 

(13.20) 
Because the amount of elemental sulfur in the sour fluid phase is 

very small, Equation (13.20) can be simplified further by assuming 
all components with terms of y1 are insignificant (i.e., fugacity 
coefficient is calculated at the infinite dilution limit, y1 0), 

Ιη^Γ = 2[y2B12 +y3B13]/? + -[y2
2C122 +2y2y3C123 +y3

2C123]/?2 - I n Z 

(13.21) 
This latter simplification has been described by Quiram et ah [34]. 

for the solubility of solids in compressed gas phases. As noted by 
Quiram et ah [34]. and many others, the truncated virial equation 
is not rigorous at high pressures or in high density regions. To 
overcome this limitation, this model uses the high accuracy 
equations of state from NIST (REFPROP 9) to calculate the densities 
and compressibility factors for the high pressure hydrocarbon 
mixtures. The correlation is improved considerably by using the 
high accuracy densities and the method is self consistent with the 
fugacities used to establish the liquid sulfur activities. 

Substituting Equation (13.21) into Equation (13.15), provides the 
equilibrium condition for calibration of the virial coefficients with 
the sulfur solubility data in Table 13.6, 

/■«''"'(Τ,ρ) = yl Pexp 2[y2B12 + y3B13> 

+ 2D/2Q22+2#2#3£ΐ23+ylcm]p2 - inz j 

(13.22) 
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Table 13.7 Virial coefficient parameters for sulfur in a sour or acid gas 
fluid (Equation (13.22)). 

Coefficient 

a12 / m3 mol"1 

a13/ m3 mol-1 

b 1 2 /m 3 mol , K 

b13/m3mol-,K 

a122 / m6 mol"2 

a123 / m6 mol"2 

a133 / m6 mol-2 

b122//m6mol"2K 

b1 2 3//m6mol"2K 

b133//m6mol"2K 

Value 

0.00022583 

0.00021732 

-0.33077 

-0.22429 

9.675910"9 

-1.259110"8 

3.3820-10"8 

5.1830-10"6 

1.2734-10"5 

-6.6857-10"6 

95% error 

0.00004888 

0.00008394 

0.02014 

0.03265 

2.3712-10"9 

7.9937-10"9 

8.6458-10"9 

9.4203-10-7 

3.005110"6 

3.3151 10"6 

Virial coefficients were found to be reasonably represented by the 
temperature dependent functions of 

B , = a , + ^ f (13.23) 

and 

CUj=aUj+^L (13.24) 

The fitted coefficients and their respective 95% errors are reported 
in Table 13.7. The correlation plot with the experimental sulfur con-
tents are shown in Figure 13.12. 

For an example of how sulfur solubility changes with increasing 
pressure, the sulfur solubility in H2S, CH4 and C0 2 at T = 100°C has 
been shown in Figure 13.13 along with the experimental data of 
Brunner and Woll [21], Roof [19] and Gu et a\. [23]. The solubility 
trend shown in Figure 13.13 is very much like another system 
commonly studied in reference to acid gas injection, i.e., H 2 0 in 
acid gas fluid. The solubility decreases with increasing pressure at 
lower-pressures (Raoult's law) and then increases when the solvent 
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350 T 

300 + 

250 + 
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Figure 13.12 The correlation plot for sulfur saturation calculation in sour and 
acid gas fluids (Equation 22). O, Brunner and Woll [21]; O, Brunner, Place and 
Woll [24]; D, Roof [19]; · , Davis et al [16]; χ Gu et al. [23]; + Smith et al. [18]; 
Δ, Sun and Chen [25]. 
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Figure 13.13 The solubility of elemental sulfur in H2S, CH4 and C02 at T = 100°C. 
, calculated using Equation (22). O, Brunner and Woll [21] (H2S, T = 100°C); 

D, Roof [19] (H2S, Γ = 101.7°C); χ Gu et al [23] (CH4, T = 110°C). 
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becomes more dense. In the example shown in Figure 13.13, dense 
phase H2S (supercritical and near liquid) shows a much higher 
carrying capacity for elemental sulfur. In addition, each fluid shows 
a minimum carrying capacity for elemental sulfur. 

Another note about the calculation shown in Figure 13.13 is that 
there is a continuous transition for solubility despite the phase 
changes for the elemental sulfur involved in the equilibria. For 
example, the sulfur which is dissolved in C0 2 and CH4 follows 
/?-solid—>S8(sln) at low pressure and a-solid-^S8(sln) at high pres-
sure, p > 12.05 MPa (1750 psia). For the H2S system, there is an 
intermediate pressure where the dense phase sulfur is liquid. The 
continuity of the fugacity between solid and liquid elemental sul-
fur is a thermodynamic necessity; however, it should be noted that 
the vapour pressures for elemental liquid were forced to match at 
the melt [1]. The discontinuity in the current experimental vapour 
pressures for sulfur would not allow for a continuous equilibrium 
model. 

13.4 Discussion and Demonstration of Utility 

We have combined the previous kinetic and thermodynamic work 
with a hypothetical injectate fluid (50:50 H2S/C02). The hypotheti-
cal compression begins with the fluid at p = 0.14 MPa (20 psia) and 
T = 40°C. To simplify the system we have considered all compres-
sion stage inlets to be at T = 40°C and all discharge pressures at 
T = 140°C. The outlet pressures are 0.43 MPa (62 psia), 1.3 MPa 
(190 psia), 3.9 MPa (570 psia) and 10 MPa (1500 psia) for stages 1,2, 
3 and 4 respectively. 

The hypothetical compression conditions are shown in 
Figure 13.14 with selected sulfur saturation lines and the acid 
gas phase pocket. The bold grey lines show the calculated sulfur 
saturation using Equation (13.22) for 0.0001 to 1 g Sm~3. For example, 
a fluid containing 1 g Sm-3 of elemental sulfur will deposit dense 
phase sulfur at temperatures below the 1 g Sm-3 saturation line. The 
dashed black near-vertical line is the sulfur melting point line. At 
temperatures less than this line, sulfur will deposit as a solid, i.e., 
sulfur would deposit as a liquid at the discharge temperatures. The 
solid black line shows the calculated sulfur-free acid gas phase pocket 
(VMGSim). Finally, the broken black line shows the compression 
and injection conditions for the hypothetical injectate fluid. 
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Figure 13.14 The phase diagram for elemental sulfur and a 50:50 H2S/C02 

mixture with hypothetical conditions of a four stage compression and 
injection. ,(grey) calculated sulfur saturation lines using Equation (22). 

,(solid black) calculated sulfur free acid gas phase pocket (VMGSim). 
,(dashed black) calculated sulfur melting point line /dotted black) 

compression and injection conditions. 

Two scenarios were conceptually investigated: (1) the fluid arrives 
at the first suction scrubber with no excess 0 2 but saturated with 
elemental sulfur and (2) the fluid arrives at the suction scrubber 
with small quantities of 0 2 (>1 ppm). This first scenario could occur 
with native sulfur which proceeds through the separation and with 
the acid gas stream; however, sulfur is not likely to pass through an 
amine stripping system. Because water is present in the first suction 
scrubber, saturation may occur due to the fast reaction catalysed 
in the aqueous phase. Thus all oxygen would be consumed before 
compression. In this case the 50:50 H2S/C02 fluid would enter the 
first compression stage with 0.0001 g Sm3 elemental sulfur; however, 
the solubility is reduced to 0.00005 g Sm3 at the inlet to the second 
stage and 0.00003 g Sm3 at the inlet to the third stage. The fluid would 
be undersaturated for the inlet to the fourth stage and downstream 
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of the compression. We note that this is very similar to the removal 
of water during acid gas compression; however, in this case sulfur 
would deposit as a solid. For an injection rate of 10-103 m3 d_1, this 
would result in 0.8 g d_1 of sulfur during the first interstage cooling and 
0.2 g d_1 during the second interstage cooling. These small deposition 
rates may be tolerable in a compression system, as they may be moved 
or dissolved by other fluids in the system. To avoid deposition all 
together the ingress of 0 2 would need to be less than 0.1 ppm. 

In the second scenario we considered that the 50:50 H2S/C02 
fluid contains oxygen due to vent gas recovery, seal gas recovery or 
mixing within a dry gas seal. Based on thermodynamic saturation at 
each inlet condition (suction scrubber conditions), the stoichiometry 
of Reaction (1) and complete reaction, it would require less than 0.1 
ppm 0 2 to saturate the fluid with sulfur in each suction scrubber, 
i.e., infinite time for complete reaction. Alternatively, it would 
require much more oxygen (>50 ppm) to saturate the fluid after 
compression (wellhead). However, both the kinetic measurements 
with the passivated reactor and the known requirement for direct 
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Figure 13.15 The increase in sulfur concentration due to passivated reaction rate 
at Γ = 140°C (discharge temperature) compared to the saturation concentration 
at inlet temperature (T= 40 °C) for a four stage compression of a 50:50 H2S/C02 
fluid. D, t = 0.1 s at T = 140°C for each stage; A,t = 1 s at T = 140°C for each 
stage; O, t = 10 s at T = 140°C for each stage; · , t = 20 s at 7 = 140°C for each 
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oxidation catalysts suggests that not all incoming oxygen will react 
during the compression. In addition, the time the fluid remains at 
the high temperature will differ depending on the volumes within 
the interstage cooling equipment. 

Based on the experimental rate studies for the passivated reactor, 
we have calculated the amount of sulfur which would build-up from 
oxidation at T = 140°C for a given time at each compression stage. 
For an example of this calculation, Figure 13.15 shows the sulfur 
concentration for 100 ppm 0 2 ingress and various high-temperature 
resident times. For example, the t = 0.1 s points correspond to 0.1 
seconds at Γ = 140°C for each stage of compression. The sulfur 
concentration increases at each stage according to passivated 
(minimally catalysed) reaction rates. In addition, the saturation 
curve for elemental sulfur at the inlet temperature of Γ = 40°C 
also is shown in Figure 13.15. By comparing the increasing sulfur 
concentration with the saturation line one can see that it would take 
20 seconds at each stage to reach a point where the system would 
be saturated with elemental sulfur and deposition could occur. 
Because the reaction rate is first order with respect to oxygen, the 
example case also can be used for other oxygen concentrations by 
using the same ratio of oxygen concentration versus saturation 
time. For 1 ppm 0 2 it would take 2000 seconds at each stage and for 
10 ppm it would take 200 seconds at each stage before saturation. 
In all cases the system becomes saturated at the 3rd and 4th inlet 
conditions nearly simultaneously. Thus, if the system were sized 
such that the residence times were known, the 0 2 tolerance could 
be estimated. 

In the previous example, the rates are underestimated because 
they refer to a passivated reactor system; whereas, the experiments 
showed that bare stainless steel surfaces would catalyse the reaction. 
By comparing the conversion for the SS316 reactor (Table 13.5) at 
T = 20°C and the calculated rate at T = 20°C for the passivated reactor, 
the SS316 catalysed reaction rate is 3600 times faster. By applying this 
rate increase to the previous example, we see that the 10 ppm 0 2 would 
require 0.06 seconds at each stage to saturate the compression system 
at the 3rd and 4th inlet conditions. Given that a 1000 rpm compressor 
system will replenish a fluid at a minimum of every 0.06 seconds, 
10 ppm would cause saturation and potentially damaging deposition 
issues regardless of the size of the cooling equipment. 

A note should be made regarding centrifugal compressors and 
dry gas seals. Process gas and seal gas will mix at the interface 
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within these seals and, due to a zero pressure difference across 
the gas interface, residence time could be very long. Thus, versus 
comparing the residence time with the oxygen ingress, we have 
used the SS316 (catalysed) reaction kinetics to calculate the build-up 
of elemental sulfur after saturation. The results show 2 g Sm~3 d_1. 
Given the precise and small tolerance for these seals, it would seem 
reasonable to suggest that no oxygen should be permitted to enter 
the dry seal on a centrifugal compressor. 

13.5 Conclusions 
Investigation of the kinetics of H2S oxidation by trace 0 2 has been 
reported from T = 50 to 140°C and p = 100 to 1000 psig using a 
Silcosteel reactor (passivated). The study was performed under 
pseudo-order reaction conditions with H2S in a concentration 
range of 2-5 mol% and 0 2 levels from 1000-1600 ppmv by fol-
lowing the disappearance of 0 2 . Values for the pseudo-first order 
rate constant for H2S oxidation in the range of 1-4-10-4 min-1 were 
determined at 140°C over the pressure range from p = 100 to 1000 
psig along with the reaction orders with respect to H2S and 02 . 
The data support a mechanism involving the reaction of adsorbed 
H2S with gaseous 02 . It was found that a bare steel surface acts as 
a catalyst for H2S oxidation under similar conditions where the 
reaction rate is 3600 times faster than the passivated case. 

A thermodynamic sulfur saturation model was calibrated for 
comparison to the increase in sulfur due to oxidation. The model 
utilizes a Virial equation at infinite dilution. The success of the model 
demonstrates that a truncated and simplified virial equation can be 
successfully used at high pressures, provided that the volumetric 
properties are augmented by accurate calculations using a different 
equation of state. 

To demonstrate the utility of the rate information, a short case 
study was performed with a hypothetical four-stage compression 
of a 50:50 H2S/C02 system. The slower (passivated) reaction rates 
showed that for a 100 ppm 0 2 ingress concentration, a time at 
discharge temperature beyond 20 seconds would results in solid 
sulfur deposition within the interstage cooling. The SS316 catalysed 
rates corresponded to a faster build-up of elemental sulfur where 
10 ppm 0 2 showed potential for deposition at 0.06 seconds. Finally, 
if the reaction rate due to other in situ catalysts were faster than the 
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SS316 catalysed system, the tolerance for 0 2 ingress was shown to 
be less than 0.1 ppm 02. 
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Abstract 
The blowout of an acid gas injection well would be a very dangerous 
event. There are many scenarios of such an event, but this paper will focus 
on a blowout with a large amount of water present. 

Modeling of the blowout is done using the GLEWPro software [2]. 
Although the software was designed for the calculation of injection flow, it 
is suitable for flow in either direction. The surface pressure is set to atmo-
spheric, and, given the reservoir pressure (or at least the pressure at the 
sandface), the flow rate is calculated. In the modeling, it is assumed that 
water is pure water, and not brine. Pure water has a lower density and 
viscosity than brine. 

It is shown that under certain situations, the well will be self-killing. 
That is, there will be no flow from the well, even though there is no restric-
tion to the flow at the surface. This occurs when the hydrostatic head of 
the fluid is greater than the reservoir pressure. Under other circumstances, 
the fluid will remain a single-phase for most of the flow, but the gas will 
come out of solution at the surface. Other scenarios are also possible. 

Note, this is an engineering exercise and not for health, safety, and 
environment (HSE) purposes. For HSE, you must follow the regulations 
in your local jurisdiction. 

14.1 Introduction 

Figure 14.1 shows the schematic of an injection well. In reality 
injection wells are completed much like producing well. In normal 
operation the injected fluid flows down the tubing to the formation 
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215 



216 SOUR GAS AND RELATED TECHNOLOGIES 

Wellhead 
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Figure 14.1 Schematic diagram of an injection well. 

for disposal. The tubing is isolated from the casing with a down-
hole packer. The casing pressure can be monitored at the surface to 
detect any leakage from the tubing. 

A well blowout is a catastrophic accident where the well head 
has been sufficiently damage that the well is free to flow to the 
surface essentially unimpeded. The back pressure at the surface is 
merely the atmospheric pressure. Depending upon the flow rate of 
the fluid there is resistance to the flow due to fluid friction. 

There are many scenarios that can occur in the blowout of an acid 
gas injection well. These include the following: 

1. Acid gas only: In this case only acid gas enters the 
well bore and flows to the surface. There may or may 
not be a phase change (liquid to gas), but this is an 
acid gas change. Typically this is the assumption 
well performing calculations for emergency plan-
ning purposes [3]. 



BLOWOUT CALCULATIONS FOR ACID GAS WELL 217 

Table 14.1 Common tubing sizes used in this study. 

Nominal 

23/8inch 

2V8inch 

3Viinch 

OD (mm) 

60.325 

73.025 

88.900 

ID (in) 

1.975 

. 2.441 

2.992 

ID (mm) 

50.165 

62.001 

75.997 

t(in) 

0.190 

0.217 

0.254 

t (mm) 

4.826 

5.512 

6.452 

OD - outside diameter ID - inside diameter t - wall thickness 

2. Mixed flow (acid gas + water): Here the flow is at least 
two-phase throughout the well. However, this can be 
an extremely complex flow because the acid gas may 
undergo a phase change and thus three phases occur. 
a. Single acid gas phase (aqueous liquid + acid gas) 
b. Three phase flow (aqueous liquid + liquefied acid 

gas + gas) 
3. High water-cut: The flow is predominantly water in 

this scenario. There may be a phase change (gas com-
ing out of solution) but through most of the well bore 
the fluid is an aqueous liquid. 
a. Single aqueous phase 
b. Gas breakout (two-phase, but only a small amount 

of gas) 
The high-water cut scenario is the subject of this paper; both the 

single phase and break-out cases will be examined. 
For the purposes of this work, it is assumed that small diameter 

tubing is used to complete the well. This is common for the injection 
wells in Western Canada. Table 14.1 summarizes the dimensions of 
typical tubing. 

14.2 Water 

The first cases will assume that the blowout is pure water. In this 
case it is relatively easy to estimate whether or not there will be flow. 
Assuming water is incompressible (constant density), then if the 
hydrostatic head of the column of water, given by Equation (14.1): 

P h e a d = / W g h (W.I) 
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is greater than the reservoir pressure, then there will be no flow 
from the well. If the reservoir pressure is greater than the head, 
then the flow rate can be calculated using well flow software such 
as GLEWPro. 

14.2.1 Case Study 1 

The first case is a simple configuration and it is assumed that the fluid 
is pure water. The other conditions are summarized in Table 14.2. 

Typical of the province of Alberta in Canada, it is assumed that 
the ambient pressure is 97.5 kPa (0.975 MPa, 14.14 psia). However, 
this value should be adjusted to local conditions. 

Assuming the density of water is approximately 1000 kg/m3, 
then the head of the column of water is equivalent to 24.5 MPa 
(3553 psia). Therefore, in this case we would anticipate flow during 
a blowout, the actual rate is calculated in the next subsection. 

14.2.1.1 Isothermal 

The isothermal case assumes that the temperature is constant, in 
this case 75°C. Using GLEWPro, the estimated flow rate is 4.51 kg / s 
(9.95 lb/sec). 

24.2.2.2 Linear Temperature 

As an alternative scenario, it is assumed that the temperature varies 
from the reservoir temperature to the ground temperature (10°C) 
in a linear fashion. For this case, the flow rate has decreased to 
approximately 3.32 kg / s (7.31 lb/sec). 

There are two reasons for the difference in the flow rate. The first 
is that at the lower temperatures the density of water increases. 

Table 14.2 Conditions for blowout calculations used in this study. 

Reservoir Pressure 

Reservoir Temperature: 

Surface (Ground) Temperature 

Depth 

Tubing: 

25 MPa 

75°C 

10°C 

2500 m 

2V8inch 

3626 psia 

167°F 

50°F 

8200 ft 
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At 75°C, it is about 980 kg/m3 (with some variation with the pres-
sure), whereas at 10°C the density is closer to 1000 kg/m3. Second, 
the warm water is significantly less viscous than the cold water. 
These two factors contribute to the reduction in the flow rate as 
follows: 

1. The higher density increases the hydrostatic head 
2. The higher viscosity increases the pressure drop due to 

fluid friction 

142.1.3 Actual Temperature Profiles 

The above two cases represent two extremes of the flow. The 
isothermal flow happens when the flow is extreme fast and the lin-
ear temperature means no flow exists and the temperature profile 
matches exactly to the formation temperature profile. 

In reality, there is always heat exchanged between the fluid 
flowing in the tubing and formation. GLEWPro has the capability 
to calculate the heat transfer given the overall heat transfer coeffi-
cient (U). For the conditions given in Table 14.1 several heat transfer 
scenarios were calculated and these are summarized in Fig. 14.2 
and Table 14.3. 

The various temperature profiles lies between the two extremes 
(isothermal and linear), as shown in Fig. 14.2. The overall 
heat transfer coefficient has a great impact on the actual flow 
temperature profile. Even the adiabatic flow case (U = 0 W/m2-K) 
has a temperature drop of 0.9°C. Table 14.3 shows that both flow 

Table 14.3 Flow and wellhead temperature at different thermal conditions. 

Flow rate 
(kg/s) 

Wellhead 
Flowing 
Temp. (°C) 

Isothermal 

4.51 

75 

Overall Heat Transfer 
Coefficient (W/m2K) 

U = 0 

4.49 

74.1 

U = 1.5 

4.47 

72.7 

U = 10 

4.37 

65 

U = 20 

4.26 

57.3 

Linear T 

3.32 

10 
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Figure 14.2 Temperature profiles along the wellbore for various heat transfer 
scenarios. 

rate and wellhead temperature are bounded (limited) by the two 
extremes. 

24.2.2.4 Reservoir Pressure 

Not that we can change the reservoir pressure, but it is an interest-
ing exercise to examine the effect of the reservoir pressure. For this 
case, all of the variables remain the same, except for the reservoir 
pressure, and the linear temperature model is used. The results of a 
series of calculations are summarized in Fig. 14.3. 

As was noted earlier, for pressures less than about 24.5 MPa there 
is no flow. At pressures slightly greater than 24.5 MPa, there is a 
dramatic increase in the flow with small changes in the pressure. 
Therefore, for this well configuration, if the reservoir pressure is 
less than 24.5 MPa then the well is self-killing - it will not blowout. 

Although the values given are for this well configuration similar 
calculations can be performed for others. 
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Figure 14.3 The effect of reservoir pressure on the blowout flow rate for the pure 
water case (other reservoir parameters in Table 14.2). 

14.2.2 Effect of Tubing Diameter 

Repeating the calculation using 23/8 and 3Vi inch diameter tubing, 
the estimated flow rates are about 1.94 and 5.69 kg /s (4.29 and 
12.55 lb/sec) respectively. The difference between the three cases is 
the amount of fluid friction. 

The reservoir pressure for zero-flow remains the same regardless 
of the tubing diameter. Since there is no flow, there is no pressure 
drop due to fluid friction. 

14·3 Trace Amount of Gas 

The next scenario involves the flow of an aqueous solution contain-
ing a small amount of dissolved acid gas. In this case the amount 
of gas is so small that it remains dissolved in the water right to the 
surface. 
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Table 14.4 Flow and wellhead temperature at different thermal conditions. 

Flow Rate 
(kg/s) 

Wellhead 
Rowing 
Temp. (°C) 

Wellhead Water 
Mass% 

Wellhead Vapor 
Mass% 

Isothermal 

4.87 

75 

99.87 

0.13 

Overall Heat Transfer 
Coefficient (W/m2K) 

U = 0 

4.85 

73.7 

99.87 

0.13 

U = 1.5 

4.83 

72.4 

99.88 

0.12 

U = 10 

4.68 

65.4 

99.92 

0.08 

U = 20 

4.49 

57.8 

99.96 

0.04 

Linear T 

3.32 

10 

100 

0 

14.3.1 Case Study 2 

For this case study the well conditions are the same, however there 
is a trace amount of either H2S or C02 or both. 

For the first example, consider a mixture that is 99.9% water 
and 0.1% hydrogen sulfide. For the linear temperature case, the 
well flow is predicted to be single phase and the rate is 3.33 kg/s 
(7.33 lb /sec). This is a very slight, insignificant difference with the 
pure water case. 

14.4 Break-Out Gas 

In this scenario there is a little more gas in the fluid. At the bottom 
hole conditions the gas is completely dissolved in the water, largely 
because of the pressure. However as the fluid flows up the well the 
gas comes out of solution and the flow is two-phase. 

14.4.1 Case Study 3 

For this case study the well conditions are the same as those in 
Case 1. At low H2S concentrations the fluid remains single phase. 
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Figure 14.4 Fraction gas phase from a blowout well with a small amount of H2S. 

However at approximately 0.265% H2S gas begins to break out. 
This is shown graphically in Fig. 14.4. After the gas comes out of 
solution, the amount of the gas phase tends to increase linearly as 
the amount of H2S in the stream increases. It is worth noting that 
these values represent the total H2S concentration in the stream. 

The flow rate is also affected by the amount of H2S present in 
the stream as shown in Fig. 14.5. Before the gas breaks out, the 
flow rate of the fluid is roughly constant at 3.33 kg/s . After break 
out the flow rate initially increases but reaches a maximum and 
then decreases. This maximum occurs at roughly 0.45% H2S. With 
the initial gas break out the bulk density is reduced as a result the 
flow increases. However as the volume of gas increases so does the 
velocity. This increase in velocity results in higher pressure drop 
due to fluid friction. 

A similar scenario occurs with C02, but for carbon dioxide the 
break out composition is 0.094%. The maximum flow rate occurs 
at approximately 0.25% C02. This is shown in Figs. 14.6 and 14. 7. 
The difference in the break-out is based on the solubility; H2S is 
significantly more soluble than C02. 

V ̂ B r sakoi Jt 
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Figure 14.5 Row rate from the blowout well with a small amount of H2S. 
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14.5 Brine vs· Water 
One of the major assumptions made in this analysis is that the for-
mation water is pure water whereas in reality it will be brine. And 
typical formation water is a complex mixture composed mostly of 
sodium chloride (NaCl) with significant amounts of other cations 
and anions including K+, Ca2+, Mg2+, Br-, HC03", and others. 

Brine is more dense than pure water. Fig. 14.8 shows the density 
of sodium chloride solutions as a function of the composition and 
the temperature [1]. 

Finally, acid gas and hydrocarbons are less soluble in brine than 
in pure water - the so-called "salting-out effect/' 

14.6 Discussion 

The blowout from an acid gas injection well is a complicated flow 
scenario. Even for the somewhat restrictive case studied here, the 
high water-cut, some interesting behavior is predicted. 

In the extreme case, if the head of fluid in the tubing is greater 
than the reservoir pressure, there will be no blowout. This is true 
for both pure water cases and for the case when a small amount of 
acid gas is dissolved in the water. 

However for other cases the dissolved acid gas will come out of 
solution due to the reduction in the pressure as the stream flows up 
the well. The dissolution of the gas has a significant effect on the 
flow rate for the blow out. 
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Abstract 
One of the problems with high sour gas reservoirs is the presence of dis-
solved elemental sulfur. During the exploitation process of such reservoirs, 
the reservoir pressure decreases, and the elemental sulfur separates out 
from the gas. As the gas becomes oversaturated, the sulfur deposits in the 
pores or throats, which leads to the plugging of the percolation channels 
and causes changes to the pore throat structure, resulting in a decrease in 
the porosity and permeability. A model is constructed that includes the 
precipitation of elemental sulfur in the reservoir. This model provides a 
theoretical foundation for studying the behavior of the reservoir and pre-
dicting the production. The simulation results show that, as the pressure 
declines, elemental sulfur would deposit, and the zone of sulfur deposi-
tion is the nearby wellbore. In the early stages of sulfur deposition, sulfur 
saturation changes slowly, but then increases rapidly after a critical time. 
As the gas production increases, it is easier for the percolation channels to 
be plugged, thus shortening the gas producing time. 

15.1 Introduction 

There are many problems associated with the exploitation of high 
sour reservoirs. These include high corrosivity of the wet gas, high 
toxicity of H2S, and in some cases the deposition of elemental sul-
fur in the reservoir, the wells, and the flow lines. The focus of this 
paper is the deposition of elemental sulfur in the reservoir and how 
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this effects the reservoir characteristics and ultimate the production 
of the gas from said reservoir. As the reservoir pressure and tem-
perature decreases change during production and this can result in 
elemental sulfur particles separating from the gas. Sulfur deposi-
tion tends to block the pore throats and thus decrease the gas flow. 
In addition, the hydrogen sulfide ionizes in water and can react 
with rocks and minerals, turning them into insoluble sulfides that 
can also deposit on the pore surfaces. 

The phase changes of gas with sulfur are complicated and many 
phases coexist such as: gas-solid, gas-liquid-solid and gas-liquid 
depending upon the temperature and pressure. In addition, the ele-
mental sulfur can exist as gas, liquid and solid. The phase changes 
may lead to sulfur deposition on the surface of the porous media will 
contribute to pore changes in the dimensions of the pore and ulti-
mately destroying the reservoir. Gas, liquid and solid distribution in 
the micro-space will affect the gas flow. Additionally, phase changes 
might result in alteration of the temperature field as well as the inter-
stitial fluid pressure changes, thus influence the characteristics and 
courses of gas penetration. Meanwhile, due to the high speed of the 
flow near wells, the fluid movement is in accordance with the gener-
alized Darc^s law. In order to study the gas-liquid-solid multiphase 
flow with sulfur deposition more accurately, a mathematical model of 
multiphase complex flow with phase change is presented in this paper. 

15.2 Mathematical Models of Flow Mechanisms 

15.2.1 Mathematical Model of Sulfur Deposit ion 

The sulfur deposition mechanisms include molecular diffusion, 
shear diffusion, Brownian diffusion, gravity subsidence, etc., among 
which molecular diffusion and shear diffusion are considered to be 
major types of sulfur deposition according to some research. So the 
sulfur deposition model is: 

df df df 

In this equation, W is the total deposition amount, Wd is the 
molecular diffusion deposition amount, and Ws is the shear diffu-
sion deposition amount. 
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1. Sulfur molecular diffusion deposition model. According 
to the Fick diffusion law, the molecular diffusion depo-
sition speed of sulfur can be expressed as: 

dW, Λ Λ dC 
df d 2 μ dT 

In the above formula, dWJdt is the mass of dissolved 
sulfur deposit from molecular diffusion in unit time, 
Cd is the deposit constant (generally 1500), C1 is the liq-
uid phase concentration, A is the surface area for sul-
fur deposition, μ is the liquid viscosity, C is the volume 
fraction of sulfur to the crude oil, dC/dt is the volume 
fraction gradient of sulfur in the liquid, and dT/dr is 
the radial thermal gradient. 

2. Sulfur shear diffusion deposition model. Sulfur par-
ticles behave two ways of horizontal migration, i.e. 
Brownian movement and shear diffusion, but the 
influence of Brownian movement is relatively small. 
Because of the porous flow speed-gradient field, the 
sulfur particles suspended in the oil flow will rotate 
in an angular velocity, contributing to their horizontal 
movement and shear diffusion. The sulfur shear depo-
sition gradient caused by speed gradient with laminar 
flows can be expressed as the following: 

^ - = Cdk*C*yA (15.3) 
elf 

In the equation, dWJdt is the mass of dissolved sulfur 
deposition from shear diffusion in unit time, k* is the shear 
deposition rate constant, C* is the volume fraction of sul-
fur particles on the surface and γ is the shear velocity 

15.2.2 Thermodynamics Model of Three-phase 
Equilibrium 

1. Fugacity equilibrium equations. 

fi=fi=f! (15.4) 

n=mv <15·5) 

dT 
dr 

(15.2) 
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f;=4fr=xwf? 
(15.6) 

(15.7) 

In these three equations, f. is the fugacity of com-
ponent i in the gas, liquid and solid phase (as indi-
cated by the superscript v, /, and s respectively), φ. is 
the fugacity coefficients for component i in the gas and 
liquid phases (as indicated by the superscript v and /), 
x. is the mole fraction of component i in the gas, liq-
uid and solid phase (as indicated by the superscript 
v, Ζ, and s respectively), a\ and r? are the activity and 
the activity coefficient of the component i in the solid 
phase, f™ is the fugacity of the component i in the solid 
phase and p is the pressure. 
Equilibrium constant equations. The gas-liquid equi-
librium is given by: 

and the solid-liquid equilibrium by: 

r,sfr 

(15.8) 

(15.9) 

3. Solid phase parameter. Fugacity of the solid standard 
state f™: 

fr=frexP\- AH! 
RT 1 - T 

Wi 
R 

^ - - l - l n - ^ -
T T J 

+ 
b2Mt 

2R 
Wf + T- IT! 

The solid activity coefficient is given by: 

Inn* = 
vifa-qf 

RT 

(15.10) 

(15.11) 
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In the equations above, H{ stands for the dissolution 
enthalpy of the component i, Tj is the solution temper-
ature of the component i, M. is the relative molecular 
weight of the component i, R represents the universal 
gas constant, bl and b2 are the equation coefficients, S*m 
is the solubility parameter of the solid phase mixture, 
Ss

m is the solid solubility parameter of the component 
i, V- is the solid substance volume of the component i, 
Kf and Kf are gas-liquid and liquid-solid equilibrium 
constants and rt

s is the solid activity coefficient. 
4. Material balance equations of gas-liquid-solid three 

phases 

V + L + S = l (15.12) 

y^+LxJ+Sx?=Zf. (15.13) 

Σχ- +Σχ\ +Σχ- =iz, = ι (15.14) 

5. Flash vaporization equations of gas-liquid-solid three 
phases. According to the material conservation princi-
ple for gas-liquid-solid phase equilibrium as well as the 
definition of the equilibrium constant, the three-phase 
flash vaporization equations are derived as follows: 

Σ — Ϊ — ^ — Ϊ = 1 <1 5 ·1 5) 
^V(K?-l) + S(K?-l) + l 

V ±ihL_ = i (15.16) 

V(K? ■ 

V(K? ■ 

-l) + S(Kf-l) + l 

ZtKf 
-l) + S(K?-l) + l 

Z{K? V ± ΐ±!_ = i (15.17) 
^V(K?-l) + S(K?-l) + l 

In the equations, V, L, and S represent the fractions to amount of 
substance of gaseous, liquid and solid phases in equilibrium, and Z 
is the total amounts of substance of all components. 

The Newton-Simpson method is used to solve the set of equa-
tions and to get the fractions of gaseous, liquid and solid phases in 
equilibrium as well as the compositions of the three phases. 
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15.2.3 Equation of State 
The Peng-Robinson state equation is selected to express the state 
equations of the system: 

P = 1L· ££<!> (15.18) 
y V-b V(V + b) + b(V-b) 

fl,.= 0.45724 x ^ - ^ (15.19) 
Pa 

6, = 0.07780 x ^ - k (15.20) 

where, R is the universal gas constant, T is the system temperature, 
p is the system pressure, T is the critical temperature, and pc is the 
critical pressure. 

15.2.4 Solubility Calculation Model 

The main factor influencing sulfur to deposition is the solubility of 
sulfur in natural gas, and with the increasing of the solubility of sul-
fur, it becomes difficult for simple substance sulfur to separate and 
deposition. Therefore, it is essential to set up the solubility predic-
tion model of simple substance sulfur in the natural gas. According 
to thermodynamics and experiment results, the relationship among 
solubility of sulfur, pressure and temperature in the acid natural 
gas is as the following: 

C = [Marg I (ZRT)] exp(-4666 / T - 4571)P4 (15.21) 

In the formula above: C is the solubility of the natural gas, g/m3; 
P is the pressure, MPa; T is the temperature, K; Ma is 2897, the 
relative molecular quality of dry air; R is the density of the natu-
ral gas; Z is the deviation factor of the natural gas; R is the gas 
constant. 
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15.2.5 Influence Mathematical Model of Sulfur 
Deposition Migration to Reservoir Characteristics 

Sulfur deposition migration and porous medium sorption to sulfur 
particles might influence on porous medium characteristics, such 
as porosity and permeability. The original porosity of the reservoir 
is φ0, then the porosity change caused by sulfur deposition is: 

= Φο-^//?
5 

(15.22) 

In the formula, ps is the solid particle (sulfur) density and es is the 
particle mass increment in pores of per unit rock volume. 

During the flow process of solid particles, some deposited solid 
particles may be released and entered the fluid again because of the 
surface deposition and the shearing force. Thus deposition speed 
minus release speed is the net deposition speed. According to the 
dynamics equations, the deposition speed can be expressed as: 

dt 
■■K-R. (15.23) 

The deposition rate Rr with the particle mass contained in the 
fluid per unit rock volume and the flow rate is in direct proportion. 

Rr=^[l + ar{urujcY'] (15.24) 

The re-entering speed Re of particles mainly depends on the 
hydrodynamic conditions. 

when dp 
v dxj 

> -
dp 
dx 

, it can be expressed as: 
Jcr 

Re=K^s \( dp) 
[{ to) 

( dp 
dx 

jcr 

(15.25) 

and when 
( Λ « \ dp 
v dx; 

dp 
dx~ 

R„=0 (15.26) 
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This means that in order to make the deposited particles re-enter 
the fluid, the hydrodynamic pressure gradient (-dp / dr) must be 
greater than the critical pressure gradient (-dp / dp)cr. 

The permeability reduction is in close relationship with the 
porosity changes. They are in direct proportion, and the higher 
the fluid velocity is, the more sulfur deposits and the more per-
meability drops. Release and migration of solid particles in porous 
medium flow course will obviously alter the primitive porosity 
and permeability, aggravate the heterogeneity of porous media and 
reduce the permeability. Therefore, permeability reducing formula 
can be expressed as: 

\ %-"c^ 

U^ 
(15.27) 

In the formula, K is the permeability after sulfur deposition, KQ is 
the initial penetration, φ is the porosity after sulfur deposition, φ0 is 
the original porosity, ul is the gas-liquid mixture flow rate, uc is the 
critical flow rate of gas-liquid mixture when sulfur released, and 
m is the equation exponent. 

15.3 The Mathematical Model of 
Multiphase Complex Flow 

15.3.1 Basic Supposition 

In a gas pool, fluids and rocks meet the following conditions: the 
water and gas in the reservoir both accord with the non-Darcy flow; 
the rocks can be compressed a little; there are N fixed hydrocar-
bon quasi-components in the oil-gas system, which can more pre-
cisely reflect the interphase mass transfer among oil-gas fluids and 
can meet the petrochemical engineering and gas pool exploitation 
requirements; the flow course is regarded as isothermal; solid sul-
fur is considered to be incompressible; sulfur is absorbed on porous 
media, but some moves with gas/liquid, and sulfur deposition is 
determined by phase equilibrium and deposition laws; chemical 
actions do not occur during the phase change and flow course, so 
matter characteristics (such as the density, heat capacity and the 
heat-conduction coefficient) remain constant. 
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15.3.2 The Mathematical Model of Gas-liquid-solid 
Complex Flow in Porous Media 

15.3.2.1 Flow Differential Equations 

1. Quality conservation equations 
Gaseous phase: 

d[pLgRSL+{\-yc-zc)PgSg] 
Φ ft 

= -V[/?LrRvL+(l-yc-z>8vs] (15.28) 

Liquid phase: 

, * [ ' A ^ Ä ] , _ v h v t + W t ] (I529) 

Mixture: 

d[pLSL+pLgRsSL+pgSg+pßs] 
Φ dt 

= ~ V [pLvL + PLgRs vL + Pgvg + Psvs ] (15.30) 

In the formula, φ stands for the porosity, p , po and pL 
are density of gas phase, density of gas dissolved in 
oil phases and density of liquid under normal condi-
tions respectively, Rs is the dissolved GOR, So is the oil 
saturation, S is the gaseous phase saturation, v is the 
gaseous phase velocity, vLstands for the liquid phase 
velocity, vs is the solid phase velocity, yc and Zc are the 
liquid and solid sulfur components in the gaseous 
phase respectively, while t stands for the time. 

2. Momentum equations. The speed of gas and liquid 
flow in porous media, especially near the well casing, 
is very high. So the fluid movement is in accordance 
with the generalized Darcy's law. The gas and liquid 
plane radial flows can be expressed as: 
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Gaseous phase: 

v„ = 
KKrSV7 KKrgdp 

Mt 

-Vp = 
A? 3r 

(15.31) 

Liquid phase: 

v L = 
KKrLyp=KKrL ^P (15.32) 

Solid phase: Sulfur flows with gas to the direction in 
which pressure decreases, whose speed relates to the 
shear velocity and gas speed when sulfur particles 
start to move, moreover the sulfur flow course is with 
the suspended motion and the bed load movement: 

vs=as(vg-vgc) (15.33) 

(15.34) 

Here, v is the particle commencement shear veloc-
ity, K is the absolute permeability, Kr and KrL are gas 
and liquid relative permeability respectively, Pc is the 
capillary pressure, p is the pressure, r is the radial dis-
tance, μ and μ are the viscosity of gaseous and liquid 
phases respectively and as is the equation coefficient. 

15322 Unstable Differential Equations of Gas-liquid-solid 
Complex Flow 

Substitute Equations (4), (5), (6) for Equation (3), then the following 
equation can be obtained: 

Mi*L A A 

• Α + Λ Λ ^ + ^ & A ) 
BL B„ 

(15.35) 

Here, B and BL are the volume coefficients of the gas and liquid 
phases. 
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From Equation (8) it is easy to know that all parameters relate to 
the pressure and the equation is non-linear. A virtual pressure coef-
ficient ψ{ρ) is introduced to make the equation easy to use: 

¥{V)=\r Κ Γ ( Λ + Α Λ ) + % ( Λ + Α ^ ) 
A A A A 

dp (15.36) 

Based on the average law, Equation (8) can be changed to: 

rdr] dr \ Du dt 
(15.37) 

Dh = 
K 
Φ ς Λ + Λ Λ , />ga-sL-ss) 

(15.38) 

Here, pb is the saturation pressure and Dh is the defined intermedi-
ate variable. 

153.2.3 Relationship between Saturation and Pressure 
of Liquid Phase 

\ p Rs+^p{l-yc-Zc) 
A A A A 

Rz = 
^ - A L s + — i ~ P g y c AA A A 

(15.39) 

Since Vp lr=r = 0, then the saturation equation is: 

dSn 

'ΡΛ og s 

Bn 
+ S„ 

pg{\-yc-zc) 
B„ 

-R, p*y< gjc 

B„ 
+ S„ 

dp 
K, Po PgVc 

B„ B„ 
A g ( i - y c - 2 c ) PogK 

B„ B„ 

(15.40) 
In the equation, Rz is the defined intermediate variable. 
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15.3.2.4 Auxiliary Equations 

Capillary force and relative permeability equations: 
K

n=KJSg,Nc/ffog) (15.41) 

Krg=Krg(Sg,Nc,*og) (15.42) 
Pg=Po+Pcog(SgfNc/(rog) (15.43) 

In the equations above, Nc is the capillary number, a is the interf a-
cial tension between gas and oil, po is the oil phase pressure, p is the 
gaseous phase pressure, and pco is the gas-oil capillary force. 

Constraint condition: 

S g + S 2 + S s = l (15.44) 

Here, S1 is the liquid phase saturation. 

15.32.5 Definite Conditions 

1. Gas pool original state 

> + Τ~~ΡοΩ + Τ' L \Ω+Τ"~1β + τ0/ 

2. Boundary state 
The closed outer boundary VOIr =0, the con-
stant pressure outer boundary p\r =p0, the con-
stant bottomhole flow pressure p\r -const and 

Γθρΐι 
the bottomhole constant /\zr~ \\r. = const. 

LdftJ1 mner 

Here, Ω is the study domain, T is the temperature, VO is the poten-
tial gradient function, router is the outer boundary, and Γίηηεγ is the 
inner boundary. 

15.4 Solution of the Mathematical 
Model Equations 

15.4.1 Definite Output Solutions 

IA{rM = J _ < ^ (15.45) 
r dr 1 dr J Dh dt 
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(15.46) 

(15.47) 

(15.48) 

As to the initial stage of the unstable flow, the gas-liquid flow 
pressure drop is: 

y(r,0)--
ia^l 
r dr 'r 

^Ψ 1 

= ψ. 

=rw 

r=rc~ 

mt 

2nKh 

0 

Pi - y/{r, t) = —f- In j - 5 - (15.49) 

The bottomhole pressure drop is: 

^i-^(ra,t) = m, 
2nKh 

In 2.25DJ + 2S (15.50) 

Here, rw is the shaft radius, mf is the total flow mass of the gas 
well, h is the effective thickness of the reservoir, ψ is the original 
reservoir quasi-pressure, r is the radial flow distance and t is the 
production time. 

For the quasi-steady stage, the quasi-drop of pressure is: 

ψί-ψ(Ύ,ϊ) = mt 
ΑπΚΙι 

r2Dht . re 3 r2 Λ 

~2 r 4 2η2 

v / 

(15.51) 

The bottomhole pressure drop is: 

^ . - ^ ( r w ; 0 = ^ ( ^ + l n ^ - ^ + SH) (15.52) 
2πΚΗ r r 4 

w 

Here, SH is the well skin coefficient, ψίτ^ t) is the bottomhole 
quasi-pressure at the production time f, ψ(χ, t) is the quasi-pressure 
at r away from the well at the production time t. 
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15.4.2 Productivity Equation 

According to the model equations and the solutions, the quasi-
steady capability equation can be obtained: 

τη=2πΚΗ-Ψ-Ψ^ (15.53) 
l n ^ - - - + S Ή r 4 

In the equation, ψ is the average pressure of the reservoir. 

15.5 Example 

The multiphase complex flow mathematical model above was uti-
lized for a well and the PR state equation was selected in the simula-
tion. The gas pool thickness is 23.8 m, the primitive stratum pressure 
is 44.5 MPa, the stratum temperature is 102.5°C, the porosity is 9.3% 
and the reservoir effective permeability is 21.26 x 10~3μπ\2 and these 
simulation compositions of gas-oil are shown in Table 15.1. 

The relationship between production time and sulfur satura-
tion is showed in Figure 15.1. This indicates that sulfur saturation 
increases with production time. In the early stages of sulfur deposi-
tion, sulfur saturation changes slowly, and increases rapidly after a 
critical time. Pore space was quickly occupied, and seepage chan-
nel was blocked in a very short period of time. 

The relationship between radial distance and sulfur saturation at 
different time is showed in Figure 15.2. This indicates that on the 
pressure decline, the sulfur would deposit, and the zone of sulfur 
deposition is the formation that is nearby from wellbore. 

The relationship between production time and sulfur saturation 
under different prouction is showed in Figure 15.3. This indicates 
that when gas production is less than critical production, that Is 
Solid sulfur deposited in the layer, the more gas production was, 
the easier the percolation channels to be plugged, the shorter gas 
producing time is. 

The relationship between production time and sulfur saturation 
under different prouction is showed in Figure 15.4. This indicates that 
when gas production is less than critical production, that Is Solid sul-
fur deposited in the layer, the more gas production was, the easier the 
percolation channels to be plugged, the shorter gas producing time is. 
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Table 15.1 

Relative 
density 

0.699 

Fluid compositions in gas pool. 
Volume fraction (%) 

CH4 

80.66 

C2H6 

0.08 
C3H8 

0.03 

co2 

6.54 

H2S 

12.83 

N2 

0.43 

H2 

0.016 

H2S mass 
concentration 

(g/m3) 
183.48 | 

200 400 600 

Production time (d) 

800 1,000 

Figure 15.1 The relationship between production time and sulfur saturation 
(q = 20*104m3/d). 
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Figure 15.2 The relationship between radial distance and sulfur saturation at 
different time (q = 20*104m3/d). 
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Figure 15.3 The relationship between production time and sulfur saturation 
under different prouction (Solid sulfur deposited in the layer). 
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Figure 15.4 The relationship between production time and sulfur saturation 
under different prouction (Solid sulfur suspension in radial distance 0.2cm to 
wellhead). 

15.6 Conclusions 

1. Based researched on the gas-liquid-solid flow physical 
simulation and phase changes, established the mathe-
matical model of multiphase flow with gas-liquid-solid 
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phase changes accompanied by sulfur deposition. The 
flow changes and the complex flow features caused 
by sulfur deposition were analyzed, and gas-liquid-
solid complex flow characteristics and courses could 
be described accurately. 

2. Studied on the multiphase flow theory of gas-liquid-
solid phase changes with sulfur deposition and 
established the mathematical model of multiphase 
fluid-solid coupling seepage. The model showed the 
characteristic of multiphase flow with gas-liquid-solid 
phase changes while the liquid and sulfur released. 
This model could serve as theoretical foundation for 
future research on dynamic exploitation predicting, 
numerical simulating and field engineering. 

3. On the pressure decline, the sulfur would deposit, 
and the zone of sulfur deposition is the formation that 
is nearby from wellbore. In the early stages of sul-
fur deposition, sulfur saturation changes slowly, and 
increases rapidly after a critical time. The more gas 
production was, the easier the percolation channels to 
be plugged, the shorter gas producing time is. 
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Abstract 
Oilfield fluids, that is, produced water, water-based mud, and gas cut 
mud, were processed in a continuous-flow, closed-loop test facility, with 
controlled addition of chemicals. Chemicals were added to treat the liquid 
and suspension streams before discharge into ambient, or before re-circu-
lation in drilling operations. The facility was designed and constructed 
to evaluate the effect of varying chemical dosages and mixing schemes. 
The system was also analyzed to identify important operating parame-
ters for effective treatment of the streams. Since chemical reactions occur 
from the point of injection of chemicals, both the kinetics of reaction and 
the flow rates determine optimal relations between the flow patterns in 
process units and the compositions of the oilfield fluids at discharge or 
re-circulation points. Prescriptions for the type of chemical additives, and 
the process conditions for their application, are suggested to optimize the 
system performance. Continuous processing removes reliance on periodic 
laboratory tests of samples of oilfield fluids to determine how to adjust the 
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operating conditions in treating the streams. The risk of secondary pollu-
tion is reduced by controlled application of chemicals of the proper type, 
and at optimal dosages. 

Keywords: Dynamic simulation, oilfield chemicals, evaluation method, 
oilfield fluids treatment, continuous flow operations 

16.1 Introduction 
More environmentally conscious production techniques are being 
promoted all over the world for the recovery of crude oils and natu-
ral gas. Pollution results, not only from the extensive commercial 
and industrial uses of the hydrocarbons, and deliberate or acciden-
tal discharge of fluids extracted from reservoir formations into the 
environment through spills and flaring - the primary pollution, but 
from the many chemicals in use that are associated with reservoir 
preparation, drilling and production. Chemicals, such as acids, are 
frequently injected to dissolve rocks to increase the porosity and 
permeability of formations for enhanced fluid flow through the 
porous media. The mud used for drilling is often contaminated 
with compounds associated with reservoir formations and these 
need to be removed before the mud can be re-circulated. Water 
produced with hydrocarbons also contains dissolved compounds 
that require removal through chemical treatment. It is desirable to 
reduce, or even avoid, the use of chemical additives that results in 
secondary pollution in the oilfields. 

Treatment of water produced with hydrocarbons has primar-
ily been by batch operations. Continuous processes that involve 
automated control are expected to be more economical. To predict 
performance characteristics and establish operating parameters for 
continuous flow systems, proposed schemes should be modeled. 
Physical models or pilot units can suggest the type of water treat-
ment agent to be applied and optimal dosages, and establish other 
operation parameters for the system. 

Mud, with cuttings from drilling operations, is re-conditioned 
before re-injection. The operation involves adding chemicals to 
the flow stream to coagulate particles or react with compounds. 
Relationships between extent of reactions and the flow patterns 
in equipment units are little understood and have not been much 
studied experimentally or theoretically. 



MODELING AND EVALUATION 249 

Monitoring and controlling the effect of chemicals added to 
produced-water and to drilling mud in field operations are becom-
ing increasingly important. Results of experimental studies and cal-
culations are reported in this paper. Test facilities used model both 
continuous and batch oilfield unit operation processes. Effects of 
chemicals added to produced-water, water-based mud and gas-cut 
mud were determined through concentration measurements. The 
additives were screened for type, appropriate dosages were deter-
mined, and process parameters were established under different 
hydrodynamics conditions. 

16.2 Treatment of Produced Water 

16.2.1 Experiments 

A schematic of the test equipment for treatment of produced water 
is shown in Figure 16.1. Water that has compositions similar to 
produced-water is passed through a flow meter. A coagulant, dis-
charged by a constant flow pump, is mixed into the water rapidly 
in a stirred tank. The effluent from the tank is passed into a lami-
nar current, clap-board flocculating tank. Particles in the precipi-
tate that is formed grow up by means of collision, coagulation and 

Figure 16.1 A flowchart of the equipment for treating produced water. 
1 water storage, 2 Glass flow meter, 3 Dosing cans, 4 Constant flow rate pump 
(Dosing pump), 5 Stirred tank, 6 Laminar current & clapboard flocculating tank, 
7 Settling tank, 8 Water receiver. 
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adsorption, and are recovered at the bottom of the settling tank. 
The supernatant in the settler flows over a weir into a collecting 
tank. The turbidity of the supernatant was measured. 

16.2.2 Test Methods 

Water for the foregoing test was prepared to be similar in compo-
sition to water typically produced at an oil field. The turbidity of 
the "produced water" was 136 FTU (Formazin Turbidity Units). 
Volumetric flow rates, into and out of the mixing tank, were steady 
and equal. Retention times for mixing in the tank, in the floccula-
tion and in the sedimentation units were determined as follows. 
A fixed amount of salt (NaCl), used as tracer, was poured into the 
mixing tank at once. From this instant, the pulse signal of tracer 
(salt concentration) was measured at the outlet of the mixing tank 
at fixed time intervals. Residence time distribution functions and 
the extent of back-mixing were estimated from the data illustrated 
with the example in Table 16.1. 

Tracer concentrations c(t) were determined by measuring by the 
electrical conductivities (K) of the flow stream out of the mixing 
tank and calibrating the results with the conductivities of standard 
solutions of NaCl prepared with distilled water. E(t) is the resi-
dence time distribution function (calculated from effluent volume 
rate (Q) multiplied by c(t) and divided by the total amount of salt 

Table 16.1 Estimation of retention time distribution functions in mixing 
tank. 

Sampling 
Time 
t/min 

0 

2 

5 

9 

14 

19 

Electrical 
Conductivity K 

pS/cm 

4950 

2600 

1020 

397 

233 

195 

Effluent salt 
concentration c{t) 

mol/L 

0.05395 

0.02483 

0.00810 

0.00180 

0.00044 

0.00015 

E(t) = Qc(t)/M 1 
min-1 

0.35969 

0.16554 

0.05403 

0.01200 

0.00296 

0.00103 
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added, M). Mean residence time (τ) and the variance (σ) are esti-
mated from: 

τ = ^ = Γ tE(t)dt; σ ] = Γ (ί -τ )2 E(t)dt 
\~E(t)dt 

Jo 

Mechanical parameters such as mixing, coagulation and sedi-
mentation times were chosen to be in the same range as for conven-
tional batch processes (mixing time of 1 - 3 min, flocculation time 
of 10 ~ 20 min, and settling time of 20-30 min). Four coagulants, 
aluminum sulphate (A12S03), poly-aluminum chloride (PAC), poly-
ferric sulphate (PFS) and hydrolyzed polyacrylamide (HPAM), 
were tested and the optimal dosage for each was determined. 
The results for both laboratory-scale batch experiments and the 
continuous-flow test facility were compared. 

16.2.3 Results 

For both the batch (bench-scale) laboratory tests and the continuous-
flow unit, the trends for activity of coagulants on produced water 
were similar. However, the level of reduction of the turbidity of the 
produced water was less for the continuous-flow facility than for 
batch experiments, for the same amount of coagulant used in similar 
volumes of water. The turbidity reduction rate for the continuous-
flow system was 80% of the batch tests. Optimal amounts of coagu-
lant for the continuous-flow system were also determined to be 1.5 
to 2 times larger than for batch tests. 

A particular difference between batch and continuous flow meth-
ods is that mixing is less effective for the flow system compared to 
the batch operation. The probability of particles collisions is higher 
in a stirred beaker than in a flow loop over a fixed time interval. 
Parts of the flow system, such as in the flocculation tank, have short-
circuit flows and dead ends and thus the probability of particles col-
liding with and sticking to each other is reduced. When flocculation 
does not occur sufficiently in the flow system, the water will not be 
cleaned. Data shows that dispersion is higher at lower flow veloci-
ties and this is consistent with the suggestion that smaller particles 
are involved more in back-mixing. With less flocculation, the par-
ticles in the continuous-flow system were smaller than observed 
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for the batch tests in the settling tanks. Thus settling required much 
longer times than for the batch experiments. The configuration of 
the mixing system and the hydrodynamic conditions are also dif-
ferent for the two kinds of tests. These factors explain the difference 
in performance, not that the operating procedures have not been 
standardized, as has been suggested by previous investigators. 

In summary, batch tests for coagulation give ideal process limits. 
Conditions for continuous-flow tests are very much like those for 
industrial water treatment processes. Data from batch tests are use-
ful for designing continuous flow systems and for choosing operat-
ing parameters. 

16.3 Treatment of Re-circulating Mud 

16.3.1 Test Facility 

A schematic diagram of the test loop for chemical treatment of drill-
ing mud is shown in Figure 16.2. 

Mud, with a coagulating agent added, is pumped through a flow 
meter into the wellbore. The suspension returns in the annular 
space between drill pipe and wall of the bore hole. After exiting 

D—i 

11 

Ϊ] 

10 

Figure 16.2 Row diagram for test loop with mud re-circulation. 
1 Mud storage tank, 2 Mixing vessels, 3 Coagulating agent dosing cans, 4 Mud 
pump, 5 Flow meter, 6 Drill pipe, 7 Filtrate receiver, 8 Wellbore hole, 9 The 
de-sander and de-silter, 10 Settlement pool, 11 Pipeline. 
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the annulus, gravel and precipitate are removed from the mud in 
the de-sander/de-silter and in the sedimentation tanks. The mud 
recovered from the sedimentation tank is re-circulated. 

16.3.2 Test Methods 

The fluids tested in the system were water, water + bentonite sus-
pension (polymer-free, low solids) and water + PAM suspensions 
(dispersed). Cuttings carrying capacities of the three fluids were 
determined in different wall to pipeline diameter ratios. Parameters 
recorded are as follows: weight of suspended solid m (g), volume 
of wellbore annular space Vx (ml), and volume of drill pipe V2 (ml), 
time t (s), flow rate of mud pump Q (m3/h), suspension height of 
solids h (cm). 

16.3.3 Analysis of Test Results 

Table 16.2 shows the test results for mud. For the three fluids, at 
low injection velocities (<0.69 cm/s), as the flow rate of mud (Q) 
is increased, the height to which solids can be lifted (h) increased. 
Water was less effective than bentonite suspension, and bentonite 
is less effective than polyacrylamide. When the flow velocity of 
mud is high (over 0.93 cm/s), the height to which solids can be sus-
pended in water decreased as the flow rate was increased, indicat-
ing that the cuttings carrying ability has been reduced greatly. This 
is reflected in an observation termed the "Flip sink", a phenom-
enon in which suspended solid particles flow downwards within 
the annular space, is observed through transparent wall with water 
as the carrying medium. For water + bentonite and water + PAM, 
the cutting carrying capacity continue to increase, but at a pro-
gressively reduced rate, indicating that the cuttings carrying abil-
ity were degraded. Cuttings carrying ability of water + bentonite 
was much weak than that of water + PAM. "Flip sink" was seldom 
observed for water + PAM. 

The facility test results are similar to actual oilfield results. 
Cuttings carrying ability of polymer mud is greater than any other 
mud in the test flow rate range. Flip sink phenomenon becomes 
weaker as the annular space between drill pipe and wall is 
decreased. This observation would seem to confirm good perfor-
mance of slim hole drilling. 
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16.4 Test on Gas-cut, Water-based Mud 

16.4.1 Test Facility 

A flow chart of test facility for when hydrogen sulfide gas invades 
the water-based mud circulated in drilling is shown in Figure 16.3. 
Hydrogen sulphide is injected into the mud within the wellbore. 
The gas is carried into a gas-liquid separator and recovered in a 
multi-stage absorber. The mud, with chemicals added, is passed 
through the wellbore, a separator and a sedimentation tank before 
being re-cycled. 

16.4.2 Test Method 

To 80 litres of mud, chemicals that react with hydrogen sulfide are 
added. The fluid was circulated through the test loop. Properties 
of a sample of the mud, such as its rheology, rates of liquid removal 

fMl» 

Figure 16.3 Row chart of test facility for hydrogen sulfide gas cut water-based mud. 
1 Pool of mud, 3 Coagulant dosing cans, 6, 7 mud pumps, 11 flow meter, 
12 Wellbore hole, 14 Filtrate receiver, 15 Gas-liquid separation device, 18 Tail gas 
treatment unit, 22 Solid-liquid separation unit, 26 Gas flow meter, 30 Buffer tank, 
31 Hydrogen sulphide gas cylinders, 32 Nitrogen cylinder, 2,4,5,8,9,10,13,16, 
17,19,20,21,23,24,25,27,28,29, 33 valves. 
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during filtration (fluid loss), conductivity and pH, were measured 
after the system had been operated for 30 mins. Hydrogen sulfide 
gas was then admitted into the system at an average rate of 500 
standard cm3/min. Samples (350 mL each) were taken from the 
borehole exit (sample point 1), liquid outlet of gas-liquid separa-
tor (sampling point 2) and mud settling tank (sampling point 3) 
every 5min. The rheology, fluid loss, conductance, pH, ion content 
of sulfur of the samples were tested. After the system had been 
operated for 50 to 60 minutes, saturated sodium hydroxide solu-
tion was injected into the loop from a dosing can and the circula-
tion was continued for another 1 0 - 1 5 mins. Then the system was 
cleaned out. 

The drilling fluid formulation used were: 

1#: Base mud (water +0.5%+4% anhydrous sodium 
bentonite); 

2#: Base mud +0.2% KJ-1; 
3#: Base mud +0.4% PCC; 
4#: Base mud +0.4% PCC +0.4% +0.1% NaOH basic zinc 

carbonate solution (keep the pH values of the mud 
greater than 11). 

16.4.3 Test Results 

The results for mud invaded with hydrogen sulfide are presented 
in Table 16.3. 

From Table 16.3, it is observed that as the pH values of mud 
decreased, the conductivity increased. The sulfur ion content also 
increased gradually as the time elapsed of hydrogen sulfide gas 
injection into the mud increased. The pH values and the electri-
cal conductivities of the samples withdrawn at different sampling 
ports, at the same time, were similar; but the sulfur ion content of 
mud decreased from sampling points 1 to 4. When the pH value 
of mud is less than 11, the hydrogen sulfide gas in mud exist 
mainly in the molecular form H2S and as HS" ions. The passage 
of the mud from the outlet of the separator into the settling tank 
caused the sulfur ion content to decrease because of the escape of 
hydrogen gas. 



T
ab

le
 1

6.
3 

Te
st

 re
su

lts
 fo

r 
ga

s 
cu

t m
ud

 (
te

st
 te

rm
 

1 
N

um
be

r 
of

 m
ud

 
Sa

m
pl

in
g 

ti
m

e/
m

in
 

5 10
 

15
 

20
 

25
 

Sa
m

pl
in

g 
po

in
t 

1 •2
 3 1 2 3 1 2 3 1 2 3 1 2 3 

1*
 

pH
 

11
.0

2 
11

.0
1 

11
.0

2 
10

.9
8 

10
.9

7 
10

.9
7 

10
.8

4 
10

.7
9 

10
.8

0 
9.

46
 

9.
40

 
9.

38
 

8.
43

 
8.

48
 

8.
40

 

Λ
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

42
 

0.
41

 
0.

42
 

0.
43

 
0.

43
 

0.
42

 
0.

44
 

0.
43

 
0.

43
 

0.
45

 
0.

43
 

0.
44

 
0.

47
 

0.
46

 
0.

46
 

(m
g/

L
) 

20
.4

3 
20

.3
8 

20
.3

6 
14

2.
58

 
14

0.
31

 
13

8.
03

 
24

1.
14

 
23

6.
34

 
22

2.
18

 
59

8.
62

 
58

4.
21

 
56

2.
03

 
94

8.
42

 
90

3.
80

 
77

6.
43

 

oe
ra

tu
r e

: 2
4 

~ 
26

°)
. 

2*
 

PH
 

10
.0

3 
9.

92
 

9.
95

 
9.

40
 

9.
41

 
9.

38
 

7.
48

 
7.

52
 

7.
42

 
7.

34
 

7.
32

 
7.

32
 

6.
88

 
6.

87
 

6.
85

 

A
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

38
 

0.
38

 
0.

37
 

0.
38

 
0.

39
 

0.
39

 
0.

40
 

0.
41

 
0.

41
 

0.
43

 
0.

42
 

0.
42

 
0.

44
 

0.
43

 
0.

43
 

Cs
a-

/ 
(m

g/
L

) 

32
6.

07
 

27
8.

18
 

23
4.

02
 

74
9.

36
 

66
5.

73
 

59
6.

28
 

12
34

.9
3 

11
97

.6
4 

91
3.

83
 

13
67

.9
0 

13
89

.2
4 

13
99

.0
3 

16
73

.2
3 

15
94

.3
4 

15
46

.6
2 

3# 

pH
 

10
.0

3 
9.

92
 

9.
95

 
9.

40
 

9.
41

 
9.

38
 

7.
48

 
7.

52
 

7.
42

 
7.

34
 

7.
32

 
7.

32
 

6.
88

 
6.

87
 

6.
85

 

A
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

38
 

0.
38

 
0.

37
 

0.
38

 
0.

39
 

0.
39

 
0.

40
 

0.
41

 
0.

41
 

0.
43

 
0.

42
 

0.
42

 
0.

44
 

0.
43

 
0.

43
 

Cs
J 

(m
g/L

) 

42
5.

07
 

38
8.

28
 

31
4.

71
 

81
9.

35
 

74
5.

78
 

67
2.

21
 

13
34

.3
3 

12
97

.5
4 

11
13

.6
3 

15
07

.9
0 

15
49

.2
4 

15
49

.2
4 

20
70

.0
3 

19
92

.0
4 

19
45

.6
2 

4#
 

pH
 

11
.9

8 
11

.9
6 

11
.9

8 
10

.9
6 

10
.9

0 
10

.9
2 

10
.1

3 
10

.1
0 

10
.0

6 
9.

04
 

9.
00

 
8.

99
 

8.
56

 
8.

57
 

8.
53

 

Λ
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

56
 

0.
56

 
0.

56
 

0.
54

 
0.

55
 

0.
54

 
0.

53
 

0.
53

 
0.

53
 

0.
50

 
0.

51
 

0.
51

 
0.

48
 

0.
49

 
0.

48
 

(m
g/

L
) 

52
5.

07
 

48
8.

28
 

41
4.

71
 

91
9.

35
 

84
5.

78
 

77
2.

21
 

15
34

.3
3 

14
97

.5
4 

13
13

.6
3 

17
07

.9
0 

17
49

.2
4 

17
49

.2
4 

23
70

.0
3 

22
92

.0
4 

22
45

.6
2 

(C
on

tin
ue

d)
 

o Ö
 w
 

r1 
l-H

 z o > z Ö
 

Lf
l 0 I—

I o 



T
ab

le
 1

6.
3 

(C
on

t.)
 T

es
t r

es
ul

ts
 fo

r 
ga

s 
cu

t m
ud

 (
te

st
 te

m
pe

ra
tu

re
: 2

4 
~ 

26
°)

. 

|  
N

um
be

r 
of

 m
ud

 
Sa

m
pl

in
g 

ti
m

e/
m

in
 

30
 

35
 

40
 

45
 

50
 

Sa
m

pl
in

g 
po

in
t 

1 2 3 1 2 3 1 2 3 1 2 3 1 2 3 

1*
 

pH
 

7.
96

 
7.

90
 

7.
91

 
7.

43
 

7.
40

 
7.

39
 

7.
18

 
7.

12
 

7.
10

 
6.

98
 

6.
94

 
6.

95
 

6.
73

 
6.

74
 

6.
70

 

Λ
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

49
 

0.
49

 
0.

48
 

0.
51

 
0.

51
 

0.
50

 
0.

52
 

0.
51

 
0.

51
 

0.
52

 
0.

52
 

0.
51

 
0.

53
 

0.
53

 
0.

52
 

(m
g/

L
) 

13
68

.2
4 

13
01

.0
0 

12
86

.6
2 

15
49

.9
2 

15
00

.8
3 

14
63

.4
8 

16
32

.2
1 

15
98

.4
3 

15
86

.3
2 

16
98

.4
1 

16
82

.0
4 

16
43

.5
8 

17
10

.4
3 

16
89

.7
6 

16
53

.4
3 

2*
 

pH
 

6.
64

 
6.

62
 

6.
58

 
6.

46
 

6.
43

 
6.

48
 

6.
39

 
6.

40
 

6.
42

 
6.

32
 

6.
28

 
6.

30
 

6.
27

 
6.

24
 

6.
26

 

A
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

44
 

0.
43

 
0.

43
 

0.
45

 
0.

45
 

0.
45

 
0.

45
 

0.
46

 
0.

46
 

0.
47

 
0.

46
 

0.
46

 
0.

47
 

0.
47

 
0.

47
 

(m
g/

L
) 

19
47

.1
0 

18
76

.4
8 

18
00

.0
3 

22
95

.0
2 

22
32

.7
8 

21
98

.4
0 

25
17

.9
8 

25
82

.8
2 

25
60

.0
2 

27
93

.4
2 

27
84

.5
3 

27
74

.1
0 

28
72

.3
2 

28
21

.3
1 

28
84

.3
5 

3*
 

pH
 

6.
64

 
6.

62
 

6.
58

 
6.

46
 

6.
43

 
6.

48
 

6.
39

 
6.

40
 

6.
42

 
6.

32
 

6.
28

 
6.

30
 

6.
27

 
6.

24
 

6.
26

 

A
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

44
 

0.
43

 
0.

43
 

0.
45

 
0.

45
 

0.
45

 
0.

45
 

0.
46

 
0.

46
 

0.
47

 
0.

46
 

0.
46

 
0.

47
 

0.
47

 
0.

47
 

c S2
-/ 

(m
g/

L
) 

22
17

.1
7 

21
46

.2
8 

20
70

.0
3 

27
85

.0
2 

27
42

.6
8 

26
98

.4
3 

28
16

.0
8 

27
92

.1
2 

27
67

.3
2 

31
63

.2
2 

31
04

.8
3 

30
74

.1
0 

31
72

.3
2 

31
21

.3
1 

30
84

.3
5 

4*
 

pH
 

8.
10

 
8.

06
 

8.
02

 
7.

64
 

7.
63

 
7.

63
 

7.
23

 
7.

26
 

7.
30

 
6.

84
 

6.
88

 
6.

70
 

6.
80

 
6.

80
 

6.
90

 

A
/ 

xl
O

4 

(p
s/

 
cm

) 
0.

49
 

0.
49

 
0.

50
 

0.
49

 
0.

48
 

0.
48

 
0.

46
 

0.
47

 
0.

46
 

0.
48

 
0.

49
 

0.
47

 
0.

48
 

0.
48

 
0.

47
 

(m
g/

L
) 

26
17

.1
7 

25
46

.2
8 

24
70

.0
3 

30
85

.0
2 

30
42

.6
8 

29
98

.4
3 

32
16

.0
8 

31
92

.1
2 

31
67

.3
2 

33
63

.2
2 

33
04

.8
3 

32
74

.1
0 

33
72

.3
2 

33
21

.3
1 

32
84

.3
5 

1 

CJ
l 

00
 

c/>
 

o c o > > Ö
 w Ö
 E? n B
 

Z o r1 O
 

O
 

l-H
 w on
 

N
ot

e:
 Λ

, C
on

du
ct

iv
it

y;
 C

S
2, 

Su
lf

ur
 i

on
 c

on
te

nt
. 



MODELING AND EVALUATION 259 

16.5 Conclusion 

1. Dosages of chemicals for treating produced water are 
higher for continuous flow systems than for batch 
operations. Mixing and flocculation occur readily in 
batch processes, and the settlement of particles is not 
affected by hydrodynamic conditions. The continuous 
operation involves a mixing unit in which fluid back-
mixing exists and it approximates a constant continu-
ous stirred reactor (CSTR). The mixing patterns in 
the flocculation and sedimentation tanks are between 
CSTR and plug flow reactors. 

2. The polymer solid-free mud has outstanding ability to 
carry cuttings, mainly because it can effectively over-
come solids Flip sink. 

3. The reduction of wellbore hole size, which helps to 
overcome solids Flip sink, will increase effective drill-
ing rate. 

4. The mud with formula water +4% bentonite +0.5% 
anhydrous sodium carbonate +0.2% KJ"1 and water +4% 
bentonite +0.5% anhydrous sodium carbonate +0.4% 
PCC are ideal absorbers for injected hydrogen sulfide 
gas. The absorption rate of the two formulations mud 
reached 80% and 90%, when the average hydrogen sul-
fide injection rate was 500s cm3/min and the cumula-
tive injected amount was between 40 ~ 280 g. 

5. Three test schemes were used to model continuous-
flow processing of oilfield engineering fluids - water-
based mud, gas cut water-based mud and oilfield 
produced-water. Prescriptions for the type of chemi-
cal additives and the process conditions for their 
application are suggested to optimize the system per-
formance. Continuous processing removes reliance on 
periodic laboratory tests of samples of oilfield fluids 
to determine how to adjust the operating conditions in 
treating the streams. The risk of secondary pollution is 
reduced by controlled application of chemicals of the 
proper type and at optimal dosages. 
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Abstract 
Currently, the main international trend of gas injection is the applications 
in low permeability reservoirs, especially through C02 miscible flood-
ing. In China, most low permeability reservoirs are subaerial deposition, 
which usually have large reserves and serious heterogeneity. It is not easy 
to reach C02 miscible because of the quality of the heavy oil and high 
viscosity. In some extra low permeability reservoirs, it is difficult to inject 
water, and thus, gas injection is a good way to realize additional produc-
tion. However, due to non-miscible flooding, coupled with the influence 
of heterogeneity, gas injection breaks through quickly, and the resultant 
recovery is very poor. Generally, miscible flooding will not break through 
until achieving 1PV. The key problems to developing C02 injection in 
China are enhancing oil displacement efficiency with lower costs, and 
reducing miscible pressure. 

This paper discusses a new kind of surfactant that is insoluble in water, 
but is soluble in both supercritical C02 and crude oil. As with all surfac-
tants, this one reduces the interfacial tension. The reduction in the interfa-
cial tension between C02 and crude oil achieves the purpose of enhanced 
oil recovery. Through the effort of development and preparation, as well 
as the evaluation experiments of solubility and viscosity reduction, we 
have found two kinds of surfactants, i.e., CAE and CAF, both of which 
have good results of viscosity reduction. When the concentration of 
surfactant added in crude oil amounts to 1.0%, the result of viscosity 
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(261-272) © 2012 Scrivener Publishing LLC 
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reduction reaches a maximum. The surfactant CAE' s viscosity reduction rate 
can reach 37.8%, and the CAF's is 27.3%. Under the same conditions, 
we have measured the solubility of CAE and CAF in supercritical C02. 
Experiment results show that both of them can be dissolved in C02 to some 
extent, but the surfactant CAE's solubility is better. CAE has a solubility of 
1.405 x 10"2 g/mL under 22.64 MPa, compared with the solubility of CAF 
of 1.16 x 10~3 g/mL. Using actual crude oil in a high temperature and pres-
sure formation, based on displacement efficiency through slim tube test, 
confirms that the displacement efficiency of CAE is higher than CAF by 
8% under the same conditions. We can determine the preferred surfactant 
as CAE. Slug displacement experiments, with different concentrations 
considering multiple factors, such as the increasing amount of displace-
ment efficiency and costs, have determined a more economical concentra-
tion of 0.2%. Under the same usage, we have made an oil displacement 
comparison between plug flooding and the flooding of dissolving solvent 
in C02. Experiments show that, compared with pure C02 flooding, both 
of the displacement methods can enhance displacement efficiency to some 
extent, and slug flooding makes a more pronounced increase. Under the 
formation conditions (85°C, 22.64 MPa), the slug flooding with concen-
trations of 0.3% can improve the displacement efficiency by about 10%. 
According to a series of studies, this article provides an efficient way to 
reduce miscible pressure and enhance oil displacement efficiency in low 
permeability reservoirs of China. 

17.1 Introduction 

For low permeability reservoir, the research on enhancing oil 
recovery through gas injection is a sustained and highly explor-
atory issue. Since the 1950s, gas injection studies have been 
launched in succession. The United States, Canada and other coun-
tries have continually conducted field test of gas injection flood-
ing and achieved good stimulate result. However, because the vast 
majority of China's oil reservoirs have high crude oil viscosity, it's 
quite hard to realize miscible and gas injection cannot enhance the 
oil recovery effectively. Whereas the oil-soluble surfactant flooding 
technology combines the surfactant's advantages of reducing inter-
facial tension and enhancing the ability of C0 2 miscible flooding, 
which ensures the reservoirs that cannot reach miscible achieving 
miscible flooding conditions, thus acquiring a better improvement 
of displacement efficiency. 
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17.2 Experiment Preparation 
and Experimental Conditions 

17.2.1 Experiment Preparation 

1. The synthesis of surf actant and its physical parameters 
Through literature review and preliminary screen-

ing experiments, we found that ordinary commercial 
thinning agent was almost insoluble in supercritical 
C02. Analyzing the structural features of surfactants 
that can dissolve in supercritical C0 2 as well as heavy 
oil viscosity reducer, we synthesized two kinds of 
liquid surfactant CAE and CAF, both of which were 
characterized with oil-soluble, C02-soluble and with 
viscosity reduction properties. The basic physical 
parameters are shown in Table 17.1. 

2. Fluid sample preparation of slime-tube displacement 
test 

In this experiment, degassing oil samples were 
obtained from crude oil of the F48 block in Daqing 
(25L, 2 barrel). Based on gas composition, gas samples 
were determined in accordance with industry stan-
dard SY/T 5542-2000 "Analytical method for reservoir 
crude oil physical properties''. The single degassing 
oil ratio, volume factor, viscosity and bubble-point 
pressure of prepared oil sample were required to be 
basically consistent with the determined representa-
tion fluid. 

Table 17.1 The basic physical parameters of CAE and CAF 

Surfactant 
Measurement items 

CAE 

CAF 

Density 
(25°C) 
(g/mL) 

0.8710 

0.8574 

Viscosity 
(25°C) 
(mPa#s) 

2.0 

3.0-4.0 

Remarks 

Viscosity was 
measured by 
NDJ-79 rotary 
viscometer (xl 
rotor) 
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Table 17.2 Basic parameters of experiment fluid. 
Formation Temperature: 85° Formation pressure: 22.64 MPa 

Bubble 
point 
(MPa) 

5.2 

Degassing 
oil density 

0.8881 

Crude oil 
viscosity 
(mPa-s) 

10.3 (85°C) 

volume 
factor 

1.088 

gas/oil 
ratio (m3/t) 

22 

17.2.2 Experimental Conditions 

1. The basic parameters of slim-tube used in experiment. 
2. The experimental temperature and conditions 

The experiment temperature was 85°C, i.e, the res-
ervoir temperature; the screening tests of different sur-
factants were conducted under the formation pressure 
22.64 MPa; but the optimization tests of surfactant 
concentration were conducted under a lower pressure 
18 MPa. 

173 Experiment Contents and Methods 

1. Screening of Oil-soluble surfactants. 
2. For optimized surfactants, investigating oil displace-

ment efficiency through different injection methods. 
3. Optimizing the injection concentration for optimized 

surfactants. 
4. The studies on oil-soluble surfactant displacement 

efficiency were conducted in accordance with indus-
try standard SY/T 6576-2003 "Slim-tube experimental 
determination of minimum miscibility pressure". 

Table 17.3 Slim-tube parameters. 

Length 
(cm) 

2000 

diameter 
(cm) 

0.44 

Pore 
volume (cm3) 

95.228 

Porosity 
(%) 

31.31 

Permeability 
(10-^m2) 

7058 
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17.4 Optimization of Surfactants 

17.4.1 Oil-soluble Determination of Surfactant CAE 

Mix 0.3g CAE with 5mL n-decane and water respectively. Shake 
fully and then rest for 5min. Experiment results indicate that, CAE 
can be dissolved in n-decane and can stratify with water with 
apparent interface (as shown in figure 17.1). 

Through figure 17.1, we can infer that surfactant CAE has well 
oil-soluble. 

17.4.2 The solubility Evaluation of CAE and CAF 
in Supercritical C 0 2 

Drawing on the experience of single degassing method, we can 
measure the solubility of CAE and CAF in supercritical C02. Pump 
full amount of surfactant and C0 2 into high pressure and high tem-
perature sample prepared container by precision pump, then stir 
for 4 hours. Open the valve of sample prepared container in the 
case of maintaining a constant pressure. Measure the amount of 
precipitated surfactant under a certain volume of C02. Thereby cal-
culate the surfactant's solubility in C0 2 under that pressure. 

Table 17.4 shows that CAE has a good solubility in C0 2 under the 
pressure of 22.64 MPa (formation pressure conditions). 
Solubility evaluation conclude that in the condition of 22.64 MPa 
and 85°C, CAF only has a solubility of 1.16 x 10"3 g /mL in C02, 
which is an order of magnitude lower when compared with the 
solubility of CAE under the same condition. 

Figure 17.1 Comparison chart before and after adding CAE to water and decane. 
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Table 17.4 The solubility of CAE in C02 under different pressure. 
Temperature: 85°C 

Measuring 
pressure 
(MPa) 

Solubility 
(g/mL) 

22.64 

1.405 xlO-2 

15 

1.225 x 10-2 

10 

4.285 x 10-4 

7 

1.35X10-4 

17.4.3 The Viscosity Reduction Evaluation of CAE and CAF 

According to the oil industry standard "SY/T 0520-2008", we eval-
uated the heavy oil viscosity reduction effect of CAE and CAF at 
50°C. The results are shown in table 17.5 and table 17.6 respectively. 

Through table 17.5 and table 17.6, we can find that when the 
concentration of surfactant added in crude oil amounts to 1.0%, 
the result of reducing viscosity reaches the highest. The viscosity 
reduction rate of CAE can reach 37.8%, and CAF is 27.3%. 

17.4.4 The Displacement Efficiency Contrast 
of CAE and CAF 

The formation crude is prepared with practical crude. Determine 
the oil displacement efficiency in accordance with industry stan-
dard SY/T 6576-2003 "Slim-tube experimental determination of 
minimum miscibility pressure." 

Table 17.5 The evaluation of heavy oil viscosity reduction of CAE. 

Amount of added 
surfactant (g) 

viscosity (mPa»s) 

0.00 

37 

0.05 

35 

0.10 

27 

0.15 

24 

0.2 

23 

0.25 

25 

Note: the amount of crude oil in the experiment is always 20 g. 

Table 17.6 The evaluation of heavy oil viscosity reduction of CAF. 

Amount of added 
surfactant (g) 

viscosity (mPa»s) 

0.00 

37 

0.05 

37 

0.10 

33 

0.15 

29 

0.20 

27 

0.25 

27 

Note: the amount of crude oil in the experiment is always 20 g. 
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95.00% 

Pure C02 
displacement 

0.3%slug of CAE 
displacement 

0.3%slug of CAF 
displacement 

70.00% 

Figure 17.2 The displacement efficiency contrast of volume vs. surfactant under 
the same concentration. 

In the condition of 85°C and 22.64 MPa, pure C02 flooding test, 
slug flooding test with 0.3% CAE and slug flooding test with 0.3% 
CAF were conducted respectively in order to acquire the displace-
ment efficiency of different flooding methods. The results are 
shown in figure 17.2 and figure 17.3. 

Pure C02 displacement 

~B~ 0.3%slug of CAF displacement 

~~ät- 0.3%slug of CAE displacement 

0.4 0.6 0.8 1.0 
Injection pore volume 

1.4 

Figure 17.3 The contrast curve of slug injection displacement efficiency under 
the same concentration. 
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As is shown in figure 17.2 and figure 17.3, under the same experi-
mental conditions, the slug flooding test with 0.3% CAE enhance 
the oil recovery from 76.90% to 90.03% when compared with pure 
C0 2 flooding. The total recovery increment is 13.13%. Whereas, the 
test with 0.3% CAF enhances the oil recovery from 76.90% to 81.90% 
when compared with pure C0 2 flooding. The recovery increment is 
5.30%. Thus, it's apparent to see oil-soluble surfactant CAE has bet-
ter displacement efficiency than CAF. 

17.5 The Displacement Efficiency Research 
on Oil-soluble Surfactant Optimization 

17.5.1 The Optimization of Surfactant Flooding Pattern 

Under the temperature of 85°C and the pressure of 22.64 MPa, the 
flooding tests with different injection pattern (0.1% dissolved con-
centration, 0.3% dissolved concentration and 0.3% slug) were con-
ducted for surfactant CAE. And then made a comparison with the 
displacement efficiency of pure C0 2 flooding. 

Figure 17.4 and figure 17.5 shows that compared with pure C 0 2 
flooding, the oil recovery of CAE surfactant flooding tests with 
0.1% dissolved concentration, 0.3% dissolved concentration and 
0.3% slug can be increased from 76.90% to 79.70%, 80.30% and 
90.03% respectively. The recovery increments are 2.80%, 3.40% 
and 13.13%. Therefore, the oil displacement experiment indicates 

95.00% 

90.00% 

S 85.00% 

80.00% 

75.00% 

70.00% 

76.S 

II 

90.03% 

79.70% 8 0 - 3 0 % ■ ■■ L 

Pure C02 
displacement 

■ 0.1%dissolved 
concentration of 
CAE displacement 

■ 0.3%dissolved 
concentration of 
CAE displacement 

■ 0.3%slug of CAE 
displacement 

Figure 17.4 The displacement efficiency contrast of CAE under different injection 
pattern. 
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- ♦ - Pure C02 displacement 
- * - 0.1%dissolved concentration of CAE displacement 

0.3%dissolved concentration of CAE displacement 
—at- 0.3%slug of CAE displacement 

100% 
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Φ 60% 
o 

£ 40% 

20% 

0% 
0.0 0.2 0.4 0.6 0.8 1.0 1.2 1.4 

Injection pore volume 

Figure 17.5 The CAE's contrast curve of injection volume vs. displacement 
efficiency under different injection pattern. 

that dissolving CAE in the C02 cannot improve oil recovery obvi-
ously, however slug flooding is better. 

17.5.2 The Slug Flooding Optimization of Different 
Surfactant Concentration 

Under the temperature of 85°C and the pressure of 22.64 MPa, the 
flooding tests with different concentration slug (0.1% slug, 0.2% 
slug and 0.3% slug) were conducted for surfactant CAE, and then 
made a comparison with the displacement efficiency of pure C02 
flooding. 

As is shown in figure 17.6 and figure 17.7, we have conducted 
pure C02 flooding as well as slug flooding with the concentration 
of 0.1%, 0.2% and 0.3% respectively under 18 MPa. It can be seen 
from the contrast of displacement efficiency that CAE surfactant 
flooding with 0.1% slug doesn't have obvious stimulation result 
when compared with the pure C02 flooding. But the slug displace-
ment with the concentration of 0.2% and 0.3% can improve the 
oil recovery by 3.82% and 5.05% respectively. Consider the costs 
and economic benefits, CAE slug with 0.2% concentration can be 
selected as the best slug concentration. 

■A A A * A 
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Figure 17.6 The displacement efficiency contrast of CAE with different 
concentration slug. 
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Figure 17.7 The CAE's contrast curve of injection volume vs. displacement 
efficiency with different concentration slug. 

17.6 Conclusions and Recommendations 

1. All of the synthetic oil-soluble surfactant can enhance 
oil recovery to a certain extent. 

2. Through the study of displacement efficiency, we can 
find that the slug flooding of optimized oil-soluble 
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sufactant CAE has better stimulation effect than the 
flooding of dissolving CAE in C02. 

3. Based on the study of displacement efficiency it's easy to 
see the optimized surfactant CAE has a more economical 
concentration of 0.2% for slug displacement. 

4. The research of oil-soluble surfactant can improve the 
efficiency of C0 2 flooding, which is a new exploration 
and attempt in the area of EOR study Therefore, fur-
ther exploration and research are needed to focus on 
this new method. 
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